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Abstract

Post-combustion carbon capture technology is seen as an indispensable option for global CO»
mitigation. Nevertheless, the benchmark post-combustion carbon capture technology, i.e. the
MEA-based chemical absorption technology, has been reported to be rather energy-intensive.
Meanwhile, the performance of the gas permeation membrane technology, one of the emerging
alternative carbon capture technologies, has also been found to be restricted by the membrane
properties, especially when it is designed to be applied in industrial-scale plants. As a result, the
applications of the post-combustion carbon capture technology in the power and industrial
sectors are faced with great resistance. On the other hand, the research of post-combustion
carbon capture for industry is found to lag behind the power sector. The objective of this work is
to advance the feasibility of post-combustion carbon capture technology as well as contribute to
the study of carbon capture in the steelmaking industry.

In order to do this, two types of hybrid membrane/MEA carbon capture systems (Hybrid D1 &
D2) were designed in Aspen Plus®. In the Hybrid D1 system, a single-stage membrane is
combined with an MEA system while a cascaded membrane system and an MEA system are
combined in the Hybrid D2 system. For comparison, two widely studied standalone capture
systems (cascaded membrane & MEA) were also modeled. The Polyactive® membrane was
selected to be the investigated membrane material. These carbon capture systems were
deployed in a reference coal-fired power plant and a reference iron & steel plant, respectively. A
model of the power plant was simulated using EBSILON® Professional to represent the detailed
operation. Pinch analysis was used to analyze the potential for waste heat integration of the
capture systems into the water-steam cycle. In addition, the performances of the capture
systems when the power plant is operated at part-load were investigated. As for the iron & steel
plant, the energy use network and point sources of CO. emissions inside the plant were
analyzed so as to specify the boundary condition for carbon capture. A cost model based on the
discounted cash flow approach was developed for economic analysis.

In the power plant, it is revealed that the Hybrid D1 system is neither an energy-efficient nor a
cost-effective design. The Hybrid D2 system, however, has shown to lead to both a lower
efficiency penalty (9.7 %-pts) and a lower CO: avoidance cost (48.8 €/tcoz2) than the standalone
cascaded membrane and MEA systems in the power plant. A basic principle for the design of a
hybrid system is concluded according to the result.

In the iron & steel plant, the Hybrid D2 system leads to the lowest CO, avoidance cost (53.9
€/tcoz) but the differences in the avoidance costs of different capture systems are insignificant
considering the uncertainty of the cost model. It is also found that the steam supply strategy has
pronounced impacts on the cost competitiveness of a carbon capture system. In addition, it is
disclosed that an overall lower CO2 avoidance cost can be achieved by deploying multiple types
of capture systems to deal with different point sources of CO, emissions as compared to
deploying only one single type of capture system.






Kurzfassung

Die Abscheidung von COz-Emissionen aus Verbrennungsprozessen wird im Kontext einer
globalen Klimagasminderung als unverzichtbare Option gesehen, um den erwarteten
treibhausgasbedingten  Temperaturanstieg zu vermeiden. Favorisiert fir derartige
Anwendungen werden derzeit MEA-basierte chemische Absorptionsverfahren, deren Einsatz
jedoch sehr energieintensiv ist. Eine weitere vielversprechende Abscheidetechnologie ist der
Einsatz von Gaspermeations-membranen. lhr Einsatz in groRtechnischen Anlagen ist allerdings
aufgrund der Membraneigenschaften begrenzt. Neben den technischen Restriktionen
entscheidet nicht zuletzt die Wirtschaftlichkeit der Verfahren tber einen zukiinftigen Einsatz. Im
Rahmen der Arbeit wird analysiert, inwieweit eine Kopplung bzw. Kombination von MEA-
Verfahren und Membrantechnologien (Hybridverfahren) eine Option darstellen kdnnten. Hierzu
werden verschiedene Kombinationsmdglichkeiten sowohl aus technischer als auch
6konomischer Perspektive fir die Anwendungsfelder Kohlekraftwerke und Stahlherstellung
untersucht.

Als mogliche Kombinationsméglichkeiten werden zwei Hybridverfahren vorgeschlagen, die sich
durch die Anordnung und Verschaltung der Einzelverfahren unterscheiden. Dies ist zum einen
eine Kombination eines einstufigen Membranprozesses, der dem MEA Verfahren vorgeschaltet
ist (Hybrid D1). Zum anderen handelt es sich um einen kaskadierten Membranprozess, der vor
einem MEA Prozess angeordnet wird (Hybrid D2). Die technische Analyse basiert auf
detaillierten Aspen Plus®-Modellierungen. Zum Vergleich wurde auch der ausschlieRliche
Einsatz von MEA Verfahren und ein kaskadiertes Membransystem analysiert. Als
Membranmaterial wird eine Polyactive® Membran angenommen. Die CO:-Abscheidung in
einem Steinkohlekraftwerk wurde mit EBSILON® Professional simuliert, um den
Kraftwerksbetrieb detailliert darstellen zu kénnen. Auf der Basis einer Pinch Point-Analyse
wurde das Potenzial fur die Integration von Abwdrme zwischen den Abscheidungssystemen
und dem Wasser-Dampf-Kreislauf analysiert. Daneben wurden auch Analysen zum
Teillastbetrieb eines Kraftwerks durchgefiihrt. Gegenuber einem Kohlekraftwerk fallen die CO-
Emissionen bei der Stahlerzeugung in einem Huttenwerk an unterschiedlichsten Stellen an. Das
Energienetz und die punktuellen Quellen der CO2-Emissionen innerhalb der Anlage wurden
analysiert, um die Randbedingung fir die Kohlenstoffabscheidung festzulegen. Fir die
Wirtschaftlichkeitsanalysen wurde ein eigenes Modell entwickelt, das auf einem Discounted
Cashflow-Ansatz basiert.

Die Ergebnisse zeigen, dass fir einen Kraftwerkseinsatz das Hybrid D1 System im Vergleich
mit den anderen untersuchten Verfahren weder energieeffizient noch wirtschaftlich darstellbar
ist. Demgegenuber ist festzustellen, dass die EffizienzeinbuRen des Hybrid D2 System mit
9,7 %-Punkte gegeniiber einem ausschlieRlich kaskadierten Membraneinsatz deutlich niedriger
sind und das Verfahren auch relativ niedrige CO»-Vermeidungskosten (48,8 €/tco2) aufweist.
Auch bei einem Einsatz in einem Stahlhittenwerk weist das Hybrid D2 System im Vergleich mit
allen anderen Verfahren die geringsten CO2-Vermeidungskosten (53,9 €/tcoz) auf. Aber die
Unterschiede in den Vermeidungskosten der verschiedenen Erfassungssysteme sind
angesichts der Unsicherheit des Kostenmodells unbedeutend. Es ist festzustellen, dass die
Wahl der Dampfversorgungsstrategie in einem Huittenwerk die Wirtschaftlichkeit von CO--
Abscheidungssystemen mafigeblich beeinflusst. Gegenliber einem Kraftwerksprozess besteht
bei einem Huttenwerk die Méglichkeit, unterschiedliche Abscheideverfahren je nach
Charakteristik der CO»-Quelle einzusetzen. Die Analysen zeigen, dass dies zu niedrigeren CO»-
Vermeidungskosten fihrt.
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1 Motivation

1.1 CO:2 emissions and reduction measures

As the largest contributor of all greenhouse gases (GHG) from human activities to global
warming [1, p. 53], anthropogenic CO: is released mostly by burning fossil fuels or the use of
raw materials. Particularly, the energy and industry sectors are the two major sources of CO:
emissions'. It is reported that, in the year 2017, 41 % of the total CO, emissions were generated
in electricity and heat production across the world [2]. On the other hand, industrial sectors emit
about 19 % of global GHG emissions [2]. In particular, the iron and steel industry is an energy-
and carbon-intensive process which makes up about 6 % of global CO. emissions [3].

In general, 5 technological measures have been considered for the global reduction of CO2
emissions, which are shown as follows [1, p. 53]:

e increasing the efficiency of energy conversion;

e switching to less carbon-intensive fuels;

e increasing the use of renewable or nuclear energy;

e enhancing biological absorption capacity in forests and soils;
e CO; capture and storage (CCS).

The first three measures have been widely taken or investigated for the power sector. Especially,
the rapidly rising installed capacity and declining costs of renewable energy (e.g. solar, wind,
etc.) have been witnessed in recent years [4]. However, the supply of renewable energy is still
constrained by cost, intermittent supply, land use and other factors [1, p. 58]. As a result, on a
global level, coal is still widely used to produce electricity as a result of its relatively low cost,
especially in countries with large energy consumption rates [5]. In these countries, the use of
coal is likely to remain to play a significant role in their energy structure for the foreseeable
future [6]. It is reported that the global coal consumption has rebounded in 2017 after a decline
in two consecutive years [6, p. 4]. Moreover, even in countries where renewable energy is
replacing fossil fuels rapidly, many coal-fired power plants are still running and will not be
decommissioned right away.

In the iron and steel industry, the reduction of energy consumption and CO» emissions have
been mostly relied on increasing the efficiency of the production process for decades. The
energy intensity of steelmaking has dropped by 60 % from 1960 to 2017 [7]. Nevertheless, the
decreasing rate has been apparently slowing down in recent years [7]

As the modern steel production process is already working close to their thermodynamic limits,
further CO2 reduction in the iron and steel industry is unlikely to be realized by simply increasing
the efficiency of energy use. Introducing renewable energy into steel production process has

" The term ‘emission’ only refers to anthropogenic emission in this thesis.



1.2 Carbon capture — an indispensable solution to CO2 mitigation

also been studied and shown great potential for CO, reduction [8]. However, this requires a
substantial change in the current production process and entails much higher energy
demand [8].

1.2 Carbon capture — an indispensable solution to CO. mitigation

According to several studies [9, p. 323, 10, 11], there is currently no single CO; reduction
solution that is able to accomplish a global transition to 1.5 °C-consistent pathways. Besides,
studies have shown that CO2 mitigation costs would significantly increase without CCS in global
CO- removal scenarios [12, 13]. Therefore, the deployment of CCS will play an essential role in
many countries to achieve a CO, emission trajectory consistent with limiting the temperature
rise to 1.5 °C. Additionally, the concept CCU (carbon capture and utilization) is drawing more
attention than the CCS concept in recent years as the public perception of CO, storage is
generally negative [14]. Studies for the utilization of CO, [15, 16, 17, 18] and the fact that
commercial application of CO- [15] already exist are likely to increase the public acceptance of
carbon capture tehnologies.

1.2.1 Post-combustion carbon capture

CCS technology consists of two major processes: capture and storage. State-of-the-art CCS
technologies differ from each other mostly in the CO. capture process. Essentially, CO, capture
technologies for stationary plants can be divided into three types [19, 20]: 1) Post-combustion, 2)
Oxy-fuel combustion, and 3) Pre-combustion. Of the three types of CO, capture systems, post-
combustion capture (PCC) is considered the most straightforward scheme as fewer retrofits to
target plants are required in comparison to the other two. Post-combustion capture systems
separate CO; from flue gases produced from the combustion of fossil fuels so that it will not
intervene in production processes. As a result, post-combustion capture technologies are most
favored by existing plants for its end-of-pipe feature.’

1.2.2 Challenges and research gap

In spite of the existence of a variety of post-combustion capture technologies, the most studied
one is known as the amine-based chemical absorption process, or amine scrubbing technology.
The monoethanolamine (MEA) is very often selected as the amine solvent for this technology
[21]. Nevertheless, this reference post-combustion technology is reported to be rather costly
and energy-intensive [11, 22, 23]. Against this backdrop, efforts have been made by many CCS
researchers to develop less energy-intensive post-combustion capture systems in recent years
[24, 25, 26, 27, 28, 29, 30]. One technology that has drawn a great deal of attention of some
researchers for post-combustion CO, capture is the membrane-based gas permeation
technology [31, 32, 33]. However, this technology is found to be highly limited by the inherent
properties of the membrane materials (permeability, selectivity, and resistance to acidic gases)
[32, 34, 35, 36]. Therefore, further improvements to membrane materials would be of great
importance so as to implement this technology.



1 Motivation

As mentioned in the last section, a great deal of CO; is emitted from both the power sector and
the steel industry. Many papers on post-combustion CO; capture technologies applied in the
power sector have been published in the past few years [5, 31, 37, 38, 39]. Nonetheless,
research work on post-combustion carbon capture from industry comparatively lags behind.

As the renewable energy market is expanding rapidly and becoming increasingly economically
feasible, CCS may not be the primary option for CO mitigation in the power sector. By contrast,
the role CCS can play in industry to abate process CO; emissions is increasingly prominent.
Some researchers have even argued that ‘carbon capture is more important in the industry than
in the power sector due to a lack of alternatives for low-carbon plants’ [40].

Although some publications concerning the deployment of CCS in the iron and steel industry
exist [41, 42, 43], they are mostly focused on the MEA-based technology. Although a few
studies have been reported on the investigation of carbon capture from steelmaking processes
using gas permeation technology [44, 45], a systematic techno-economic study for it has not
been seen.

1.3 Objective and structure
In light of the motivation, the objectives of this thesis include:

e Advancing the feasibility of post-combustion carbon capture technology by developing
hybrid MEA/membrane CO- capture systems;

e Comparing the techno-economic performances of the developed hybrid systems with the
standalone carbon capture technologies (membrane-based separation & MEA-based
capture systems) in power and steelmaking plants;

e Filling the research gap for a comprehensive techno-economic analysis for the
membrane-based carbon capture technology in the iron & steel industry.

Consequently, the following questions shall be answered:

1. Do hybrid membrane/MEA systems have potential for pushing forward the feasibility of
post-combustion carbon capture in power sector and steelmaking industry?

2. What would the impacts on an iron & steel plant be when the post-combustion carbon
capture systems are deployed?

What should be noted here is that the present study only focuses on the CO2 capture and
compression processes. The transport, storage, and utilization of CO; are not in the scope of
this study.

Figure 1.1 encompasses the basic structure and workflow of this thesis. As illustrated,
Chapter 2 discusses some published work related to the present study, covering research on
MEA technology, membrane, carbon capture in power plants and steel industry, etc. In
Chapter 3, the detailed information for the studied CO. capture models as well as the cost
model is presented.



1.3 Objective and structure

Given the simulated CO- capture models, the deployments of them in a reference coal-fired
power plant and a reference iron & steel plant are investigated in Chapter 4 and Chapter 5,
respectively. Both technical and economic results for the deployments are discussed.

Finally, Chapter 6 gives a summary of the whole thesis.

Chapter 2 - Literature review
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Figure 1.1 Structure and workflow of the present thesis




2 Literature review and related work

This chapter reviews the related literature work. Section 2.1 presents the current state of the
decarbonization approaches in the power sector and iron & steel industry. Section 2.2
introduces the background knowledge with regard to the MEA-based chemical absorption
technology as well as its development. Section 2.3 summarizes the reported technical and
economic performances of the MEA-based system applied in coal-fired power plants and the
iron & steel industry.

The basic knowledge and status quo of the application of the gas permeation membrane
technology are presented in Section 2.4 and 2.5, respectively. In Section 2.6, several studied
hybrid CO. capture systems are introduced. Section 2.7 briefly reviews the general costing
method for carbon capture. Finally, a discussion of the related work from literature is made in
Section 2.8. The whole chapter ends with a summary section (Section 2.9).

2.1 An overview of decarbonization approaches

2.1.1 Carbon capture routes and technologies

As discussed in the last chapter, carbon capture is one of the most straight forward approaches
to decarbonizing the power sector. Particularly, three pathways for CO, capture are being widely
investigated [1, 46]:

e Post-combustion: CO; is captured from flue gases after combustion.

e Oxy-fuel: high purity Oz is used for combustion, which results in higher CO:
concentration in the flue gas

e Pre-combustion: CO; is captured from syngas produced in a gasification unit for fossil
fuels

Of the three routes, the post-combustion route is considered the most suitable option for the
existing coal-fired power plants mainly because of its end-of-pipe feature. Therefore, a capture
system can be added more easily as a retrofit.

A wide range of post-combustion capture technologies exist although not all of them have been
commercialized and ready for full-scale operation [11, 38, 46]. These technologies include
absorption (chemical & physical), adsorption, membrane, cryogenic, etc. [1, 38, 46, 47]. Many
studies have been reported concerning the application and development of these technologies
[19, 48, 49].

Of the studied technologies, the amine-based chemical absorption technology is by far the most
mature post-combustion carbon capture technology [11]. Bui et al. [11] have concluded the
readiness level of relevant technologies in the field of capture, transport, storage, and utilization
(see Figure 2.1).
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Figure 2.1 Technology readiness level (TRL) of CCS technologies [11]
2.1.2 Decarbonization in coal-fired power plants

For power plants, all the three capture routes mentioned above have been tested. However, as
shown in Figure 2.1, the application of the post-combustion amine-based capture technology in
power plants is in the leading position and has entered the commercialization phase (TRL9).
The pre-combustion and oxy-fuel technologies have also been deployed in power plants for
carbon capture but are still in the demonstration phase (TRL7) (see Figure 2.1). According to
Bui et al. [11], there are 17 commercial-scale CCS projects in operation around the world.
SaskPower’s demonstration power plant with CCS, known as the Boundary Dam [50], is
currently the largest commercial CCS project. In this project, the MEA-based chemical
absorption technology is used and 1 Mtco2 can be captured per year. Another big CCS project in
operation, which started in 2017 in United States, is Petra Nova [51]. Equipped with the
chemical absorption technology as well, this project is able to capture 1.4 million metric tons of
CO; per year [11, 51]. In Germany, a pilot CO,-scrubbing plant at Niederaussem was
commissioned as the first of its kind in 2009 [52]. Fluor and E.ON Kraftwerke (E.ON) cooperate
in running a pilot-scale carbon capture plant in Wilhelmshaven, Germany [53, 54]. This plant
started operation in 2012 and has captured 8000 tons of CO, by June 2014 [55].

In the meantime, membrane-based CO; separation technologies are drawing greater attention
in recent years. We can see in Figure 2.1 that polymeric membranes have been used in power
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2 Literature review and related work

plants for carbon capture on the pilot-scale. In the natural gas industry, the membrane-based
technology has even been implemented in demo-scale plants. For the post-combustion route,
there are two main pathways for recovering CO, from flue gases using membranes. One
concept is using non-dispersive porous membranes in gas-liquid contactors. In this system, flue
gases pass on one side of membranes while, on the other side, amine solutions exist. The CO-
in the flue gas will go through the membrane and be absorbed by amines [19]. It is the amine
solvent that determines the selectivity instead of the membrane. This pathway can be seen as
an improvement to the traditional amine-based scrubbing process. The second concept is using
gas permeation membranes. In this scheme, CO: is separated from other components in flue
gases by selective membranes and no amine solutions are involved [49, 56]. The CO-
permeability and selectivity are decided by the membrane properties.

Compared to other post-combustion technologies, the gas permeation membrane technology
has less impact on the environment and simpler system design. Therefore, it is worth further
exploring the potential of this technology.

2.1.3 Decarbonization in the iron & steel industry

In the iron and steel industry, efforts have long been made to increase the efficiency of the
production process so as to decrease both costs and CO; emissions. In addition, some
modifications to the conventional production process have also been proposed and investigated
in order to further decrease emissions.

One widely studied technology is called the top gas recycling blast furnace (TGRBF) first
identified by the ULCOS program [57]. This technology injects nearly pure oxygen into the blast
furnace so that the concentration of CO, and CO will be increased in the blast furnace gas
(BFG). A capture plant is implemented to separate CO2 and the remainder of the BFG will be
sent back to the blast furnace. The CO can play as a reducing agent and thus significantly
reduce the demand for coke [58]. Various capture processes have been proposed to separate
CO. from the BFG, such as amine scrubbing [57, 59], membrane [59], and pressure swing
adsorption with cryogenic distillation [60, 61].

Another commercial production process that is able to largely reduce CO, emissions is the
direct reduced iron (DRI) process [58]. In this route, the iron ore reacts with H, and CO and is
reduced to iron. The reduced iron is delivered to the electric arc furnace (EAF) to produce steel.
In the advanced DRI process, which is known as the Circored process [62], pure H is used as
the reducing agent so that the CO;, emissions can be further mitigated. Other technological
routes including the smelting reduction process and EAF in a mini mill are also capable of
mitigating CO2 emissions [8, 43].

2.2 The MEA-based chemical absorption technology

As noted previously, the MEA-based chemical absorption, or amine scrubbing technology, is by
far the most mature post-combustion CO; capture technology. The amine scrubbing technology



2.2 The MEA-based chemical absorption technology

was invented by Bottoms [63] and first used in industry to separate CO; from natural gas and
hydrogen [21]. Then, it was first installed in 1991 for CO, capture [64]. Currently, the scrubbing
technology is widely used in the oil and gas industry as well as in providing CO; for beverage
production [65]. In 2009, Rochelle et al. [21] appealed to advance amine scrubbing technology
in coal-fired power plants for CO, capture.

2.2.1 Process, reaction, and modeling
Basic process description

Figure 2.2 displays a very flow diagram of the conventional amine scrubbing process. The flue
gas is first cooled down by a scrubber and then enters the absorber at the bottom. The aqueous
solution of the MEA goes into the absorber at the top and flows counter-currently to the flue gas
stream. The CO; in the flue gas then reacts exothermically with the MEA via direct contact of
the two streams. As a result, some of the CO: is transferred from the flue gas to the MEA
solution to form chemical compounds such as carbamate. After this transfer, the amine solution
is commonly called a ‘COz-rich or ‘rich loading’ solution [66]. It then leaves the absorber at the
bottom and is pumped up to the top of the stripper.
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Figure 2.2 Schematic of amine scrubbing [1, p. 115]

In the stripper column, the CO»-rich solution moves downwards while a flow of steam ascends
from the bottom of the stripper. This flow of steam generated in the reboiler is usually called the
stripping steam [66]. With the thermal energy provided by the stripping steam, the weakly-bound
CO: is stripped off the amine solution, whereby a concentrated CO- stream is formed and the
MEA solution gradually regenerated. Driven by the ascending steam, the concentrated CO:
stream enters an overhead condenser where part of the water is condensed. The uncondensed
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part of the concentrated CO, stream is then sent to the CO2> compression unit. The reflux of the
overhead condenser is directed back to the stripper. The MEA solution, from which the CO: is
stripped, then goes to the reboiler together with the condensed stripping steam. Part of the
liquid in the reboiler is boiled to create the stripping steam while the regenerated MEA solution
(CO2-lean solution [66]) is led back to the absorber, finishing the recycling. Some heat can be
recovered from the CO.-lean solution before it enters the absorber by exchanging heat between
the CO2-rich and -lean solutions in the rich-lean heat exchanger. The source of the thermal heat
used to regenerate the MEA solution and produce the stripping steam usually comes from a
flow of steam. To maintain the solution quality, additional equipment is needed such as filters,
carbon beds, and thermally operated reclaimers, all of which are used to subdue the
degradation and corrosion [1].

Essentially, both the absorber and stripper are gas-liquid contactors. To ensure sufficient
contact surface, trays or packings (random or structured) are chosen to be installed inside the
columns. For the CO, chemical absorption, MacDowell et al. [67] argue that the structured
packing is a better choice for it is commercially available, has a large surface area, and has a
low-pressure drop along the height of the column.

Reaction

Generally, there are three reaction mechanisms proposed for the reaction between CO- and
MEA, or any primary amines[68]. The most commonly accepted one is the zwitterion
mechanism [69, 70] and is widely used to explain the CO; absorption into solvents. According to
this mechanism, the primary amines first react with CO, to form zwitterions which are then
neutralized to form carbamate or bicarbonate. The overall reactions are presented below [68,
71]:

2 RNH, + CO, < RNHF + RNHCOO~ (carbamate) (2.1)
RNH, + CO, + H,0 < RNHF + HCO3 (bicarbonate) (2.2)

The ‘R’ stands for the organic functional group. For both reactions, the forward reaction is
exothermic while the reverse reaction is endothermic. It can be seen that, in equilibrium,
reaction 2.1 yields a CO- loading of 0.5 mole CO per mole of amine, while reaction 2.2 has a
loading of 1 mole CO; per mole amine solvent. Hence, the formation of bicarbonate is beneficial
to higher CO: loading.

Modeling approaches to reactive distillation columns

With regard to the modeling of reactive distillation columns, two types of modeling approaches
are normally used in Aspen Plus®: the equilibrium model and the rate-based model [72, 73]. The
equilibrium model assumes that the gas-liquid reaction reaches equilibrium at each theoretical
stage while the rate-based model assumes that the gas-liquid equilibrium occurs only at the
interface of the two phases. Normally, the absorption/desorption process does not operate at
equilibrium. Therefore, for the equilibrium model, the tray efficiency (tray column) or the height
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equivalent of a theoretical plate (HETP, pack column) is used for corrections. By contrast, the
rate-based model is a rigorous model and thus, in theory, reflects reactions inside columns
more precisely.

Some papers have been published on the comparison of the two models. Peng et al [74]
compared the two models for packed reactive distillation columns for the production of
tertamylmethylether (TAME). They found that the results of both models agree well with
experimental data. However, the rate-based model is much more difficult to converge for
simulation [74]. Abu Zahra et al. [73] also carried out a comparison study for the two modeling
approaches for CO- capture simulation. Their work indicates that no major differences are found
in predicting the energy consumption of the overall process but the rate-based model is more
accurate in predicting the columns’ temperature profiles and mass transfer [73]. Zhang et al. [75]
used the second generation rate-based model of distillation to simulate the CO, capture process
and found that the model is superior to the traditional equilibrium model.

To sum up, the rate-based reactive distillation column better represents the real distillation
process and thus is a more accurate model in predicting the operation of a system. Therefore, it
is selected as the modeling approach for the present study.

Two film theory

Unlike the equilibrium modeling approach, which assumes that the gas and liquid are well mixed,
the mass and heat transfer must be considered in the rate-based modeling. Since the detailed
velocity profile near the interface of the two phases is yet known, there exist several theories to
describe the mass transfer [76]. The two-film theory, proposed by Lewis and Whitman [77], is a
common conceptualization method to explain the mass transfer between the two phases. The
two-film model is often used for the rate-based modeling of reactive distillation [78]. This model
postulates that a stagnant film of each phase exists near the interface. The molecular diffusion
dominates the mass transfer inside the film. Therefore, the transport through the film can be
described by Fick’s first law [79]. According to this theory, the mass transfer through the film is
in equilibrium while beyond the film the concentration is homogeneous.

Calculation of the reboiler duty

The reboiler duty refers to the thermal energy required to regenerate the amine solvent in the
reboiler. This is a major indicator for the evaluation of a chemical absorption system. The overall
mass-specific reboiler duty gr» can be perceived as a combination of three parts [66, 80] as
follows:

Qreb = Qsens * Quap,H20 + Qabs,co2 (23)

, Where gsens stands for the sensible heat to increase the temperature of the solution at the
stripper inlet, quap,H20 is the heat to generate stripping steam, and qass, coz is the heat to strip CO;
from the amine solution in the stripper.
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gsens Can be estimated by the equation:

~ Cp,L (Tren™ Tfeed, strip ) M, 1 (2.4)
. Aa MCOZ Xamine ’

where Aa is the CO; loading difference between the outlet and inlet of the absorber.

Quap, H20 Can be estimated by:

qvap,HZO ~ Ahvap,HZO |: HEO j|
strip,top

co2 M, co2

where pr2o/ pcoz is the partial pressure ratio of water vapor to CO; at the top of the stripper.

Gabs, co2 Can be estimated by:
q ~ Ahabs,COZ
abs,CO2 MCOZ

(2.6)

As stressed by Oexmann et al [66, 81], these three parts are actually not independent of each
but instead mutually connected. In fact, the entire reboiler heat duty comes from the stripping
steam. This division simply offers a mathematical method to estimate the reboiler heat duty and
analyze the influences of those parameters in Equations 2.4 to 2.6.

2.2.2 Directions for improving the amine scrubbing technology

As mentioned above, the CO, chemical absorption is an energy-intensive technology. It is
reported that the regeneration of MEA consumes 3.6 — 4.0 GJ/tcoz for CO; capture from coal-
fired power plants [11, 23, 82, 83]. This is one of the main reasons why this technology has not
been widely equipped to deal with CO, emissions. Naturally, efforts have been made to reduce
the energy consumption of this technology. These efforts have been made in three major
directions: 1) development of novel solvents, 2) optimizing operating parameters, and 3)
process modification.

Solvents

For CO; capture, the solvent plays an undoubtedly important role. Its features, including the
absorption capacity of CO,, absorption rate, heat absorption, and degradation, significantly
impact the CO; capture process. It is known that amines are compounds and functional groups
that contain a basic nitrogen atom. Essentially, amines can be divided into three types: 1)
primary amine, 2) secondary amine, and 3) tertiary amine.

The MEA, which is the most extended solvent for CO; capture [84], belongs to the category of
primary amine. Meanwhile, other types of amines are also being paid much attention to in order
to reduce the energy consumption of this technology. For instance, Oexmann [66] did a
thorough study in his doctoral thesis the characteristics and performances of various candidate

11
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solvents for CO, capture. In his thesis, the inherent properties of each type of amine are
summarized as displayed in Table 2.1.

Oexmann [66] has concluded that MEA shows a high reaction rate with CO; but a high energy
demand for regeneration. Secondary and tertiary amines generally have higher CO; capacities
and lower degradation tendency compared with primary amines but their reaction rates with CO2
are significantly lower.

Table 2.1 Evaluation of solvent properties [66, p. 14]

. . . Degradation
Heat of absorption Absorption rate COz capacity tendency
Primary amine high high medium high
Secondary amine high medium medium medium
Tertiary amine medium low high low

In recent years, Piperazine (PZ) has been appearing to be a promising solvent. Dugas [85] has
noted that 8 m PZ exhibits a 70 % higher CO capacity than 7 m MEA. In addition, due to the
fact that each type of amine has some undesired characteristics, blends of multiple amines are
drawing a lot of attention so as to overcome these characteristics. For instance, Rochelle and
his colleagues [86] have tested the performances of some advanced amines by mixing MEA
with MDEA and MDEA with PZ, respectively, for CO, capture from a 500 MWe coal-fired power
plant. It is found that both mixtures lead to lower cost of electricity and the cost of CO. avoided
than MEA. Nwaoha et al [87] used a triple-solvents blend (Aminomethylpropanol (AMP)-PZ-
MEA) in chemical absorption for CO, capture and found that the heat duty is significantly lower
than MEA.

Despite the promising novel solvents mentioned above, MEA is still chosen as the simulated
solvent in this thesis. This is because, on the one hand, there is sufficient published data
concerning this solvent. On the other hand, this study is focused on process design and costing
of process instead of developing novel scrubbing solvent.

Optimizing the operating parameters

For the MEA-based capture system, some operating parameters, including the CO-
concentration in flue gas, CO; lean loading (CO; loading in COjlean solution), MEA
concentration, and pressure in the reboiler, etc., have been recognized to be able to affect the
regeneration energy [80, 82, 88]. It has been found out that the CO; lean loading has an optimal
value for CO. capture for a specific operation. As introduced above, the reboiler heat duty
consists of three parts (Qsens, Qap,H20, Qabs,coz2). At low CO- lean loadings, the generation of the
stripping steam (quap,H20) is central to the thermal energy requirement while, at high loadings, the
heat duty for heating up the solvent at the inlet of the stripper (gsens) predominates [80].
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Therefore, given a certain boundary condition, a CO: loading leading to the minimum reboiler
duty is expected. Different optimal values were obtained in different studies though.

It is shown that a higher solvent concentration can also result in less energy consumption [88].
However, problems such as erosion and solvent degradation will come along with increased
solvent concentration. Additionally, increasing the pressure in the reboiler will result in a
decrease in the regeneration energy. Nevertheless, maintaining a higher pressure inevitably
requires more auxiliary power. Abu-Zahra et al. [82] believe that a reduction of about 20 % of
the thermal energy consumption is achievable by optimizing the operating parameters.

Process modification

Modifying the process based on the conventional design of amine scrubbing is also a way of
reducing energy consumption. For instance, Jung et al. [28] have developed an advanced MEA-
based CO; capture process by splitting flows and utilizing a phase separation heat exchanger.
Sanpasertparnich et al. [27] improved the CO2 absorption process by implementing intercoolers
along the height of the absorber.

Moullec et al. [89] conducted a comprehensive review of 20 elementary modifications published
in literature and patents. The authors concluded that these modifications can be classified into
three categories based on their effects on the process, namely: 1) absorption enhancement; 2)
heat integration; 3) heat pumps. The basic concept of ‘absorption enhancement’ is to increase
CO: loading in the rich-loading solution at the bottom of the absorber. A higher CO. rich-loading
means the solvent is able to have a higher CO- capacity and thus results in a reduced solvent
flowrate and the sensible heat. The general idea of ‘heat integration’ is to establish heat
transfers between streams so that waste heat can be partially recovered and thereby reboiler
duty can be reduced. Finally, the ‘heat pump’ modification is intended to increase heat quality by
sacrificing more mechanical work. Under each category of modifications, several sub-classes of
modification are clearly illustrated and discussed. Moreover, some of these process
modifications can be combined to enable further optimization.

In all 20 cases of modification, MEA is regarded as the reference solvent, but how these
modifications affect energetic performances of the chemical absorption process are influenced
by what kind of solvents are used. One example given in this paper is that intercooled absorber
(ICA) has little effect on MEA whereas it can reduce reboiler duty by 7% for a mixture of AMP
and PZ [89]. It has also been asserted by authors that these modifications will inevitably
increase the capital cost and overall complexity. Given the possible consequences of the
modifications, which of these modifications should be adopted in practice is subject to specific
conditions. What should also be noted here is that most of these modifications have been
assessed via modeling work, but only a few have been validated by experimental results at the
appropriate scale.

13



2.2 The MEA-based chemical absorption technology

2.2.3 Integration of the MEA system into steam turbines

As described in Section 2.2.1, the amine scrubbing system requires a steam supply for solvent
regeneration. In coal-fired power plants, the optimum source of steam is the onsite steam/water
cycle. According to a report of IEAGHG [90, p. 23], this solution leads to the best
thermodynamic performance. Besides, that building an additional CHP to provide steam is also
an option. In doing so, an excess of electricity is also available. This solution is very often seen
in the MEA-based capture system applied in the iron & steel industry [43, 58]. In addition, Singh
et al. [91] have proposed to build a new natural gas boiler to generate steam. Nevertheless,
additional investments and space constraints must be taken into account for the addition of a
boiler.

In simulating the amine scrubbing system in Aspen Plus®, the thermal energy consumption (i.e.
the reboiler heat duty) of the system can be calculated. However, in some situations (e.g. in
power plants), it is more straightforward to evaluate the performances of systems with electricity
consumption. Thus, the conversion of the thermal energy consumption of the capture system to
the electric energy consumption is demanded. Some researchers did this conversion by using
empirical equations [92, 93]. These equations, however, lead to a certain degree of uncertainty
and inaccuracy. Hence, more rigorous approaches (e.g. modeling of the water-steam cycle)
have been more often used in recent years to reflect the integration process more accurately
[66, 81, 94].

Steam extraction

In the past decade, many studies have reported on the integration of the MEA system into both
existing and green-field coal-fired power plants [37, 90, 95, 96]. The integration into green-field
is generally considered to be more technically and economically efficient for that the steam
turbines can be designed to be able to provide steam precisely fit for the solvent regeneration.
This kind of turbine is often referred to as carbon capture ready (CCR) turbines [90]. On the
contrary, the integration into steam turbines that are not CCR will inevitably intervene in the
default operating conditions and thus modifications are needed. As stated in the IEA report [95],
the integration of PCC into green-field power plants has been extensively investigated. However,
the lessons learned in these studies are likely to be impractical for the existing coal-fired power
plant fleet. Therefore, retrofitting the CO2 capture system into existing power plants is recently
drawing more attention.

Alie [97] analyzed the potential steam extraction locations in detail for existing coal-fired power
plants and concludes that the IP/LP crossover pipe is the most suitable site in spite of the fact
that the temperature and pressure are not 100 % matching the required steam for the solvent
regeneration. This conclusion is in line with the analyses of Gibbins et al. [98] and Oexmann
[66]. Although the integration approaches are in essence plant-specific, it has been a
‘consensus’ that IP/LP crossover pipe is the optimum option for steam extraction in most power
plants by many other researchers [37, 39, 94, 96, 99, 100, 101].
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Modifications to steam turbines for steam extraction

As mentioned above, the properties of the steam extracted in Alie’s study [97] are not perfectly
fit for solvent regeneration in the reboiler. Actually, this situation occurs in most other relevant
studies. Hence, different kinds of modifications to the steam turbines have been proposed.

Throttles and desuperheaters are normally used to control the pressure and temperature of the
extracted steam. A let-down turbine is also suggested to be added when the pressure of the
extracted steam is higher than in the reboiler [37]. In this way, both the temperature and
pressure can be reduced to the desired conditions while producing extra electricity.
Nevertheless, Romeo et al. [102] argue that the addition of a gas let-down turbine is effective to
reduce the efficiency penalty but would increase the CO; capture cost and reduce the amount of
CO; avoided.

Particularly, Lucquiaud and Gibbins [65] have made a summary of possible modifications to
steam turbines to make them ready for carbon capture. They have provided 3 options and the
detailed description for each design is as follows [65]:

e Clutched LP turbine: The flow rate of the feed steam to the reboiler equals the flow rate
of one of the LP turbines. Therefore, this LP turbine would be shut down when the CO,
capture system is in operation and leaves other parts of the steam turbines uninfluenced.
Nevertheless, this design is not flexible once the required amount of steam has changed.

e Throttled LP turbine: This design is more flexible compared with the clutched LP
turbine. One control valve is placed at the inlet of the LP turbine to maintain the pressure
at the crossover pipe at the desired value. The drawback of this design is that energy
loss is unavoidable over the throttle.

¢ Floating IP/LP crossover pressure: In this configuration, the pressure at the crossover
pipe is set to drop to the exact required value when steam is extracted. Additional
throttles are also needed to adjust the pressure of the extracted steam when it deviates
from the set value on the crossover pipe. Furthermore, the IP turbine must be modified
to be capable of standing varied backpressure.

Waste heat integration

The integration of the CO, capture system into steam turbines not only involves the integration
of the steam but also the integration of the waste heat. In the overall CCS process, considerable
waste heat will be generated in both the CO, capture and compression sections at many
locations. Hence, the utilization of the waste heat is essential to minimizing the negative impacts
of CCS technologies.

Pfaff et al. [94] suggest that the waste heat rejected in the intercoolers of the CO2 compression
train and overhead condenser of the stripper can be used to preheat the feed water in the
water-steam cycle. Consequently, the efficiency of the overall process can increase. They also
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investigated the possibility of preheating combustion air by using waste heat. In this case, the
efficiency can increase by as much as 0.52 %-pts. Cifre et al.[100] also performed the
simulation for recovering discharged heat from the intercoolers in the compression train. Their
modifications lead to an increase of plant efficiency by 0.1 %-pts and elimination of two low-
pressure preheaters.

Hanak et al. [103] and Harkin et al. [104] used pinch analysis to study heat integration in power
plants equipped with CCS. They simulated both the MEA-based systems and coal-fired power
plants, as well as the integration, in Aspen Plus®. Hanak et al. [103] used Aspen Energy
Analyzer (AEA) to perform pinch analysis for the integrated system. They found that the waste
heat from the flue gas and capture process can be utilized for preheating the feedwater [103].
Harkin et al. [104] also integrated CCS with a coal pre-drying system. Leng et al. [105] also
used pinch analysis to optimize the heat exchanger network (HEN) for a 600MW, power plant
with a solvent-based capture unit. As a result, the energy penalty entailed by the capture unit is
reduced by 5.3 %-pts and the demand for cooling water is reduced by 55 % [109].

2.3 Literature review of the application of the MEA-based chemical
absorption technology

2.3.1 MEA system in coal-fired power plants

Concerning the application of the MEA chemical absorption technology, a great deal of research
nowadays concentrate on the impacts of the integration of the technology into existing coal-fired
power plants [66, 88, 101]. Also, energetic and economic evaluations can be found in various
sources of literature [106, 107].

Roeder and Kather [108] used EBSILON® Professional to produce a model for a 600 MW, coal-
fired power plant and Aspen Plus® to simulate an MEA-based chemical absorption process,
respectively. They then investigated the influences of the CO; capture system on this reference
power plant under different loads. It was found that the efficiency penalty of the power plant with
90 % of CO- captured increases from 10.7 % to 11.4 %-pts as the load decreases from 100 %
to 40%. In addition, decreasing the CO- capture rate from 90 % to 75 % recovers 5 % of total
power use.

Oexmann [66] manages to simulate interactions between power plants and chemical absorption
processes by developing his own semi-empirical model for chemical absorption in EBSILON®
Professional. His model was validated against experimental results from a pilot plant and proven
to be able to very well represent the actual function of chemical absorption. This semi-empirical
model was integrated into a power plant with a gross output of 1137 MW to investigate the
impacts of the overall CO; capture process. According to his simulation, the reboiler duty of the
MEA system is 3.58 GJ/tco2 and the net efficiency penalty 10.36 %-pts.

Also, Ramezan et al. [37] present a wide-ranging study performed to evaluate the technical and
economic feasibility of integrating amine-based CO» capture technology into an existing coal-
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fired power plant (450 MW output). Different cases with varying CO2 capture rates (96 %, 90 %,
70 %, 50 % and 30 %) were tested. Their results show that the net efficiency penalty is 10.5 %-
pts when 90 % of CO:2 is mitigated. This report also suggests that a positive correlation exists
between the CO; capture rate and total investment cost.

Cifre et al [100] simulated coal-fired power plants in EBSILON® Professional and the chemical
absorption process using MEA in CHEMASIM. C++ codes were developed by the authors to
couple these two models in different simulation tools. Two reference coal-fired power plants, a
600MW hard coal, and a 1000 MW lignite power plant, were studied in this paper for CO;
capture. As a result, the efficiency losses caused by CO; capture and compression are 14 and
16 %-pts for the two power plants, respectively.

Many researchers have also conducted cost evaluations for the MEA system in power plants.
Similarly, the cost estimates are more or less based on some assumptions or predictions, such
as fuel price, discount rate, operating time, etc. Some economic results for the MEA system in
power plants are shown below in Table 2.2

Table 2.2 Published technical and economic results of the MEA system in power plants

Source Ab‘;ﬁhra NZEC | Daveet | Raoet | IEA | Lietal. | Daveetal
82, 100 | (1101 |l (1111 | al.(38] | (112] [113] 111]
Year of cost data 2004 2009 2010 2000 2010 2013 2010
Region EU China China us OECD us Australia
Currency € RMB RMB uss$ us$ uss$ AU$
Capture rate [%] 90 90 90 90 90 85 90
Gross output [MWe] 600 600 600 500 Average 650 600
. o
Efficiency penalty [% 14 12.4 12.1 - - 10.6 10.7
pts]
LCOE w/o CCS
[carrency/MWh] 314 271 - 49 66 71.9 -
LCOE w/ CCS 57.4 512 - 97 107 130.8 -
[currency/MWh]
" .
Cost of CO- avoided 39.3 3262 | 203 50.1 58 86.4 913
[currency/tco2]

It can be seen from Table 2.2 that, with the capture rate fixed at around 90 %, the efficiency
losses caused by the MEA system are all estimated to be more than 10 %-pts by different
studies. Additionally, the cost data are reported for different regions and thus presented in
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different currencies on the basis of varied years. Therefore, the published cost data must be
updated in order to be compared with the results obtained in the present study.

2.3.2 MEA system in the iron & steel industry

Reducing CO. emissions in the iron and steel industry by using the MEA system has also been
investigated by some researchers. Arasto et al. [42] performed case studies for applying MEA-
based chemical absorption system (90% capture rate) at an integrated steel mill (Ruukki Metals
Ltd.'s Raahe steel mill). The plant, situated on the coast of the Gulf of Bothnia, produces 2.6
million tons’ hot metal and emits approximately 4 million tons of CO; every year. In this study,
Aspen Plus® was used to model the carbon capture processes. CO; is captured from two
sources: power plant and hot stove, CO, from which accounts for about 70 % of total emissions.
According to their results, approximately 50-75% of the emission from the site can be captured
using post-combustion capture. However, achieving higher percentages of CO; avoidance is
technically less feasible [42]. The total energy consumption of CCS is estimated to be 0.41
MJ/kg CO: captured. Besides, the electricity generation decreases from 1200 to 730 GWh/yr
due to the implementation of the MEA system.

As a sequel to the work of Arasto et al. [42], Tsupari et al. [114] studied the economic feasibility
of post-combustion capture of CO; for the same integrated steel mill described above with the
same system boundary. In this study, the economic appraisals for five different cases with the
MEA system are compared with the reference case without CO2 capture under the assumption
that the CO, allowance and electricity prices are 50 $/tco. and 80 $/MWh, respectively.
According to their results, capturing 2.89 million tons CO: per year would increase the annual
cost of the whole steel plant by 77 million dollars [114].

Ho et al. [43] have compared the MEA capture costs for CO- capture from industrial sources in
Australia. In their schemes, gas pre-treatment units, CO, capture unit, and CO2 compression
unit are all considered. It is shown by their results that 2.75 million tons of CO, when an MEA
system is equipped to capture CO: from the blast furnace gas in an iron & steel plant. In terms
of economics, the cost of CO, avoided is 68 US$/tco. [43]. It is also reported in one of their
following studies that the cost of CO, avoided entailed by the MEA system applied at iron and
steel mills ranges from 80 to over 200 AU$/tco> for various sources of emissions [58, 115].

IEA Greenhouse Gas (IEAGHG) R&D Program published a report on the techno-economics of
deploying CO- capture technologies in a typical integrated steel mill in Western Europe. This
conceptual steel mill has a production of 4 million tons of hot rolled coil (HRC) every year [116].
The techno-economic analysis was carried out in three cases:

e Case 1 (base case): An integrated steel mill without CCS;
e Case 2: Deployment of the MEA system in two sub-cases.
e EOP-L1: CO; capture from the hot stove and steam generation plant;
e EOP-L2: CO; capture from the steam generation plant, hot stove, coke oven, and
lime production units;
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e Case 3: Oxygen blast furnace (OBF) with top gas recycle combined with MDEA-based
chemical absorption (TGRBF).

In the base case (case 1), the specific energy consumption for production is 21.27 GJ/t HRC.
With the MEA system deployed, the energy consumption rises from 21.27 to 24.64 GJ/tirc in
the case of EOP-L1 and to 25.94 GJ/tirc in EOP-L2. Concerning the economic analysis, the
CO; avoidance costs are 73.6 US$/tco, and 81.2 US$/t CO- for the EOP-L1 and EOP-L2 cases,
respectively [116, p. 7].

2.4 Gas permeation membrane technology

2.4.1 Membrane material

A variety of gas permeation membranes exist in terms of materials. In general, three types of
CO; selective membranes are being widely investigated [32, 35, 36]: ceramic (inorganic),
polymeric (organic), and hybrid (mixed matrix) membranes. Figure 2.3 illustrates a general
classification of the current existing membranes.

Membrane
Material
Ceramic Mixed Matrix Polymeric
membrane

membrane

r | [ Rubbery] [ Glassy ] Facilitated
l transport
[ Silica ] [Zeoute] Carbon-based membrane
molecular
sieve [ Block Copolymer ]

Figure 2.3 Classification of membrane materials for CO2 separation [36, 117, 118]

Ceramic membranes refer to porous inorganic membranes. This type of membrane is produced
by putting a porous thin top layer on a ceramic support [36, p. 9]. The top layer material can be
silicon carbide, carbon, zeolite, and so on. In fact, there exists a second type of inorganic
membranes: dense inorganic membranes. The main difference is dense inorganic membranes
consist of thin layers of metal [36, p. 10]. This type of inorganic membrane has so far been less
studied for CO- separation compared with ceramic membranes.

As shown in Figure 2.3, the polymeric membrane can be further divided into two basic types:
rubbery and glassy [119]. Shekhawat et al. [36, p. 10] reported that all industrial membrane-
based gas separation processes use glassy membranes due to their high selectivity and good
mechanical strength. In comparison, rubbery membranes have ‘low chain intersegmental
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mobility and long relaxation times’ [36, p. 10]. In recent years, block copolymers containing both
glassy and rubbery components have been produced in the attempt to take advantage of both
components. There are already some commercially available copolymer membranes such as
Polaris™ [19], Pebax®[120] and Polyactive® [121]. In addition, a special kind of polymeric
membrane called facilitated transport membrane [122] is often discussed independently of other
polymeric membranes as its transport mechanism is distinct.

The mixed matrix membrane is a relatively new type of membrane material, which is
fundamentally a combination of inorganic and organic materials so that the advantages of both
materials can be taken. One example is incorporating zeolites in Pebax® on which both
increased selectivity and permeability have been observed. The fabrication of this kind of
membrane requires excellent organic-inorganic interfacial adhesion [118, p. 83].

Ramasubramanian and Ho [123] have reviewed membranes that can be used for CO;
separation and analyzed their pros and cons. Polymeric membranes are usually operated at low
temperatures and possess better thermal stability and mechanical strength compared to
ceramic membranes. In addition, polymeric membranes are easier to manufacture with a large
surface area. Although facilitated transport membranes demonstrate comparatively high
selectivity and permeability, their permeances which are dependent on membrane thickness
and reliability still need to be further improved [123]. Ramasubramanian and Ho [123] also
suggest that ceramic membranes, including silica and zeolite, give a better permeability-
selectivity trade-off. However, fabricating defect-free layers on ceramic membranes with large
surface areas is much more difficult than on polymeric membranes.

In industrial-scale carbon capture projects, large flow rates of flue gases are usually to be dealt
with. Given the upper bound of the current membrane properties [34, 124], a large-area
membrane is required for carbon capture in industrial-scale plants [31, 125]. On account of
this situation, the polymeric membranes are considered by many researchers as the
proper material to be used for carbon capture [31, 35, 126, 127].

2.4.2 Transport mechanisms of gas permeation membranes
Solution-diffusion

The solution-diffusion mechanism is most used to describe the gas transport mechanism on
polymeric membranes. The permeability of the polymeric membrane is dependent on the
membrane properties, permeant properties, and the interaction between membranes and
permeants [36, p. 6]. As reported, the first two of the abovementioned factors (membrane and
permeant properties) determine the diffusivity of a gas through a certain membrane while the
last factor decides the solubility of the gas [36].

In principle, the permeability P of a permeant through a membrane is the product of the
solubility S and diffusivity D:

P=S+D 2.7)
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In gas mixtures, the selectivity (8) of component i relative to component j is calculated by:
Biy =P | P,=(SiIS) = (D/Dy) (2.8)
Knudsen diffusion and molecular sieving

The Knudsen diffusion is observed on inorganic membranes or dense polymeric membranes
[118, p. 71]. The Knudsen diffusion happens when the pore diameters of the membrane layer
are smaller than the mean free path dimensions of the gas species. As to the molecular sieving
mechanism, it happens when the pore size on the membrane is comparable to the diameters of
gas molecules [118, p. 72]. Gas species are filtered based on the sizes of molecules (size
exclusion), i.e. molecules larger than the pore channel of membranes cannot pass through.

Facilitated transport

The facilitated transport membranes involve a reversible complex reaction in addition to the
solution-diffusion mechanism [36, 123]. Carrier agents, such as amines, exist in the facilitated
transport membranes. These agents react with gas species to form complexes on one side of
membranes. The formed complexes then diffuse through membranes and release the gas
species on the other side while the carrier agents are recovered [36, p. 69].

2.4.3 Membrane module for polymeric membranes

Apart from the membrane material, the configuration of the membrane module is another
important influencing factor for CO, separation. The membrane module refers to a unit
comprised of membranes, a housing, feed inlet and permeate outlet. Several variables must be
taken into account for the configuration of a membrane module: pressure drop, heat transfer,
concentration polarization, etc. [118].

In general, three kinds of module configurations are currently used as membrane containers: 1)
spiral wound [118, 128, 129] 2) hollow fiber [118, 130], and 3) envelope [118, 131]. Naturally,
the modules decide the forms into which membraned are produced. An important indicator to
evaluate membrane modules is the packing density, which equates to the surface area of
membrane per volume inside the module. A typical spiral wound type module is produced by
Synder Filtration [128]. The packing density for this type of module is in the range of 100-400
m?m?3 [131]. The hollow fiber module generally has the highest packing density (up to 30000
m?/m3 [132]). Usually, a cylindrical vessel is used to be filled with bundled strands of hollow
fibers. In the envelope type module, the envelopes or discs are stacked layer on layer with a
permeate pipe through the centers. In this configuration, several layers of the membrane are
wrapped around an axial collection pipe, with the packing density usually within the range of
300-1000 m?/m3[132]. For both the spiral wound and envelope modules, spacers are placed
between every two membrane layers to create space for feed gas.

Luhr [117] summarizes not only packing densities, but also other important traits for different
membrane modules in his doctoral thesis. Part of his summary is listed in Table 2.3. In terms of
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the cost and the packing density, hollow fiber has advantages over the other two types.
However, fibers can easily be blocked by particulate matters and thus must be completely
replaced. This leads to inconvenient implementation in power or industrial plants, where the flue
gases usually contain ashes.

Table 2.3 Comparison of membrane modules, adapted from Luhr's work [117, p. 19]

Module type Spiral-wound Envelope Hollow fiber
Packing density (m?/m3) <1000 200-500 <10,000
Pressure drop peHririZ;:elopnih Moderate High in the fibers
Cleaning possibility Hard Medium Chemical washing or replaced
Manufacturing Easy and cheap Easy Cheap
Cost (€/m?) 8-37 40-150 2-8

2.4.4 System design for the gas permeation membrane
The single-stage membrane separation process

Figure 2.4 illustrates a basic CO, capture process using the gas permeation membrane. Prior to
the membrane module, a wet scrubber is often used to cool down the flue gas to the optimal
operating temperature of the membrane. Inside the membrane module, a fraction of CO-
permeates through the membrane and a stream (permeate gas) with a higher CO:
concentration is gained on the permeate side. Then, the CO; stripped stream, which is referred
to as retentate gas, is exhausted to the atmosphere. The partial pressure of CO: in the flue gas
is usually very small, so compressors, or vacuum pumps, or both are often used to increase the
driving force for CO..
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Figure 2.4 Schematic of a single-stage membrane CO:2 separation process [133].
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Compared to the chemical absorption process, the membrane separation process is apparently
simpler and contains fewer components. The main consumers of energy are the compressors
and vacuum pumps. However, A single-stage membrane system, with the current membrane
properties, has been found unable to yield the desired CO. stream [5]. As is reported [5, 34, 124,
133], a trade-off between the permeability and selectivity of CO- is observed on the state-of-the-
art membranes. As a result of the trade-off, it is very hard to get a CO. stream with a high
degree of COz separation and high purity CO2 simultaneously. Moreover, in order to get a high
degree of CO, separation from flue gases from industrial-scale facilities, very large membrane
areas are required. Hence, advanced process designs are needed to improve performance.

The cascaded membrane separation process

Cascaded membrane system refers to a design in which multiple stages of membranes are
connected in series to enhance CO; separation. Figure 2.5 illustrates a two-stage membrane
system for CO; separation designed by Zhao et al. [31]. The permeate gas from the first stage is
compressed and then directed to the second stage to be further separated. In this scheme, the
retentate stream from the second stage is recirculated to the feed side of the first stage
membrane in order to increase the CO2 concentration in the feed gas. An expander is also often
placed downstream of the second stage membrane on the retentate side to recover some
energy from the compressed gas.
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Figure 2.5 Schematic of a two-stage membrane system [31]

A multi-stage system cannot change the fact that the CO. partial pressure difference in flue
gases is usually very small, so compressors or vacuum pumps are still needed to increase the
driving force. Ho et al. [134] have compared the effects of these two strategies for increasing
driving forces. They found that the vacuum pump strategy results in a larger membrane area but
saves 35 % of total capture costs. In addition, a two-step vacuum design is utilized so that lower
energy requirements can be met while enough driving forces are still guaranteed [134]. Similarly,
Lin et al. [135] and Merkel et al. [5] reported that a two-stage vacuum pump system consumes
less energy than a compressor but a larger membrane area is unavoidable. Compared with the
single-stage membrane, a multi-stage membrane system is capable of simultaneously achieving
a high degree of CO> separation and CO; purity. It has been reported that two-stage systems
can capture 90 % of CO; and a CO; purity of 95 % in the permeate stream is achievable [5, 31].
Casale [136] has also investigated three-stage membrane systems for CO. capture and found
that the three-stage systems show no improvements in terms of saving energy and decreasing
membrane areas as compared to two-stage membrane systems.
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The cascaded membrane with sweep gases

The use of sweep gas on the permeate side is another approach to increasing the driving force
for CO, permeation. [137]. An advanced two-stage membrane separation system with sweep
gas is displayed in Figure 2.6. The sweep gas (air) enters the second-stage membrane module
on the permeate side, forming a counter flow with the stream on the feed side. The CO, that
accumulates on the permeate side is then carried away by the sweep gas, which leads to the
increase of CO; partial pressure difference.

Mixing air with the permeate gas would inevitably dilute the CO» concentration. Therefore, it is
unfeasible to further separate CO; from the mixed gas. In this scheme, the mixed stream is
recycled to the boiler and the flue gas with a higher CO2 concentration can be obtained. Merkel
et al. [5] have compared two-stage membrane systems with and without sweep gas for CO;
capture for a 600 MW coal-fired power plant. The results show that the use of sweep gas
reduces not only the membrane area but also the total power use.
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Figure 2.6 Flow diagram of a two-stage membrane system with sweep gas [5]

24



2 Literature review and related work

2.5 Literature review of the application of the gas permeation
membrane technology

2.5.1 Post-combustion membrane-based separation processes in power
plants

The tests of CO; separation using gas permeation membranes have mostly been conducted on
lab-scale. As of now, no pilot-scale or industrial-scale implementation of gas permeation
membrane for post-combustion CO» capture has been reported. Simulation thus far is the
primary method for predicting the performance of the membrane-based separation processes.
Moreover, research of CO; separation using membrane-based technology focuses the
application mainly on power plants.

Zhao et al. [31, 138] used PRO/Il to simulate multi-stage membrane separation systems for a
600MW reference power plant. Both energetic and economic analyses were performed and the
results are compared with the MEA-based chemical absorption process. Their cascaded
membrane system was tested under three different CO2 capture rates: 50%, 70%, and 90%.
The unit price of the membrane used for the cost estimation is 50 €/m?2. It is concluded in their
paper that only under a separation degree of 50% and 70 % will this system be attractive in
terms of energy consumption and costs [31]. It is also important to note that the exhaust gas in
their approach only consists of CO; and N,. The influences of other gases, such as O, and H.0,
are not investigated. Low et al. [32] found that the existence of water vapor has a small positive
sweep effect which can enhance CO./N; separation.

Instead of studying the CO, capture process in isolation, Zhai and Rubin [139] simulated a
complete system that contains a power plant equipped with CCS via the Integrated
environmental control model (IECM). They tested the performances of both single- and multi-
stage membrane systems. Types of coals (bituminous, sub-bituminous and lignite) and power
plants (subcritical, supercritical and ultra-supercritical) are also considered important influencing
factors. It is concluded from the paper that efforts to produce highly permeable membranes are
more economical than increasing CO2/Nz2 selectivity.

Maas et al. [140] also estimated the energetic and economic results for a membrane-based
separation process for CO2 capture. Being operational under 25 °C, the cascaded membrane
system designed by the authors reaches the lowest energy consumption. One important
conclusion drawn from their research is that the CO. allowance must exceed
37 €/tco2 to make membrane-based separation technology economically feasible.

Roussanly et al [141] used a numerical model to assess the technical and cost performances of
1600 sets of membrane properties for carbon capture from a coal power plant. Furthermore,
they compared the performances of the membranes to the reference MEA-based capture
process. It is found by them that the minimum permeance and selectivity of the membrane are
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3 Nm®m2h-'bar' and 65, respectively, to render the membrane technology as competitive as the

MEA technology [141].

Some technical and economic estimates from the aforementioned studies are summarized in
Table 2.4. Comparing the results with that of the MEA system (see Table 2.2), we can find that
the membrane-based CO. separation processes do not show advantages over the MEA
technology at the capture rate of 90 % in terms of energy consumption and costs. The fact that
large membrane areas and mechanical work are needed makes gas permeation membrane
technology less competitive than initially expected. In general, the membrane properties are still
the key factors that constrain the application of the gas permeation membrane. What should be
noted is that Zhao et al. [31] argued that, at CO. capture rate of 70 %, their multi-stage
membrane system causes less efficiency penalty on power plants than the MEA system.
Nevertheless, they did not compare the costs.

Table 2.4 Published technical and economic evaluation of the membrane-based CO2 separation process

Source NETL Maas et al. Zhai et al. Zhao et al. | Roussanaly et al.
u
[142] [140] [139] [31] [33]
Capture system ascaded membrane
Year of cost data 2010 2013 2010 2009 2008
Region us EU us EU
Currency Uss$ € us$ € €
Permeance of
membrane * * 3
1000gpu 3 1000gpu 3
[Nm*m2h-bar-] 9 9P
Capture rate [%] 90 90 90 90 90
Net output w/o CCS
MWe] 550 555.5 550 754
- o
Efficiency penalty [% 127 96 125 9.8 )
pts]
LCOE w/o CCS -
[currency/MWh] 59.4 57.7 61.5 59
LCOE w/ CCS -
[currency/MWh] 117 85.9 118 94
Cost of CO2 captured 31
- - 46.8 -
[€/tco2]
Cost of CO2 avoided 83 447 80 - 53

[€/tcoz]
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“1gpu = 2.74x103 Nm3m2h-bar [143]

2.5.2 Post-combustion membrane-based processes in the iron & steel
industry

Chung et al. [59] investigated the scenario in which the membrane separation is used to capture
CO; from the blast furnace gas in the TGRBR technology. They simulated a three-stage
membrane separation system using the MTR Polaris membrane in MATLAB. As a result, they
found that the CO. avoidance cost by using membrane separation is 34.4 US$/tco, compared to
40.6 USS$/tco. with a PZ-based amine scrubbing system. In particular, a hybrid amine
scrubbing/membrane system with heat recovery developed by the authors shows the best cost
performance, resulting in a CO, avoidance cost of 30.4 US$/tcoo [59]. Their cost results are
based on the year of 2015.

Lie et al. [144] evaluated three types of membrane experimentally for CO» capture from blast
furnace gases. According to their estimation, the costs for the CO. recovery ranged from 15 to
17.5 €/tcoo.

2.6 Hybrid carbon capture system

In the past few years, as enumerated above, a variety of post-combustion carbon capture
technologies have been developed (absorption, adsorption, membrane, etc.). However, they are
also more or less faced with challenges regarding energy consumption or costs. No single
capture technology has by far exhibited obvious advantages over other options. For example,
the MEA-based chemical absorption and gas permeation membrane technologies result in
comparable efficiency penalties when they are deployed in coal-fired power plants. More than
10 %-pts of efficiency losses are normally witnessed in those studies when the capture rate is
set at 90 %. Therefore, some scientists have brought forward the concept of hybrid capture
systems that combine multiple CO, separation technologies.

Membrane Technology & Research (MTR), Inc. and the University of Texas at Austin (UT
Austin) are among the pioneers in the development of hybrid capture technology. They
collaborated on hybrid membrane-absorption capture systems that combine MTR’s air-swept
Polaris™ membrane contactor with UT Austin’s PZ advanced flash stripper capture technology
[145]. Two variations of their models are displayed in Figure 2.7. In the series arrangement
(Figure 2.7 (a)), the flue gas is first treated in the chemical absorption unit and approximately
50 % of the CO- is removed. Then, the stream exiting the stripper with a fraction of 10 % CO-
permeates through the membrane unit so that the remaining CO; in the stream is further
separated. As a whole, 90 % removal of CO: in the flue is achieved. In the parallel arrangement
(Figure 2.7 (b)), the flue gas is first split and then two split streams are directed to the absorber
and membrane, respectively. The major advantage of the parallel arrangement is that the
volume of the flue gas to be treated in the chemical absorption system largely decreases.
Consequently, the absorber can be only roughly half its normal size. In both schemes, the
permeate gas in the membrane is driven by the sweep gas back to the boiler as combustion air
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so that the CO- concentration in the flue gas is higher (around 20 %) than in normal cases. It is
concluded by authors that in the series case the solvent regeneration energy is less required,
while in the parallel case the capital costs will decrease compared to the conventional chemical
absorption process [145]. It is reported that a project of bench-scale tests for this system was
initiated in 2014 and a 0.1MW pilot plant located at UT Austin was to be modified for testing
[146]. Nonetheless, no technical and economic performances of the pilot-scale test have yet
been published.

a) A series arrangement of separation steps b) A parallel arrangement of separation steps
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Figure 2.7 Hybrid membrane-absorption systems: a) series arrangement, b) parallel arrangement [145]

The University of Kentucky has also been working on a hybrid system combining membrane
and chemical absorption [147]. In their design, a membrane device is installed between the
absorber the stripper. The membrane media could concentrate carbon loading in the solution
coming from the absorber by permeating a majority of the water and rejecting a major fraction of
carbonate/bicarbonate species. Moreover, the ammonia solution on the permeate side can be
recycled to the absorber for additional CO; capture.

The cryogenic technology is also investigated as a candidate for hybrid system design. Actually,
in the system presented in Figure 2.6, cryogenic technology is already involved. The CO.-
enriched permeate gas from the first-stage membrane is dehydrated and subsequently sent to a
compression-condensation-membrane loop. As a result, high-purity CO; liquid can be attained
and readied for sequestration. However, Scholes et al [148] argue that this scheme would result
in the dilution of oxygen in the burner and eventually reduces the overall efficiency of the power
plant. Hence, they consider the addition of an air separation membrane to pre-treat the sweep
air. This additional configuration ensures that the CO; recovered in the second-stage membrane
will not dilute the Oz concentration (see Figure 2.8). In addition, a simplified process is also
studied, wherein the membrane unit in the compression-condensation-membrane loop is
removed. The optimized process successfully reduces the CO; avoidance cost to less than US
$32/tcoz.
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Figure 2.8 A modified two-step membrane CO2 separation process with cryogenic technology [148]

Zhao et al. [149] and Belaissaoui et al [150], respectively, have investigated a hybrid process
comprised of the membrane and cryogenic separation technologies via simulation. Their
designs are similar and both of them contain a membrane unit installed upstream of the
cryogenic separation unit to pre-concentrate CO.. The hybrid process simulated by Belarssaoui
et al. [150] is estimated to consume 3 GJ/t CO: captured, with a CO; capture rate set above 85 %
and the CO; purity higher than 89 %. The hybrid system of Zhao et al. [149] boasts a smaller
loss of efficiency than the MEA-based absorption and cascaded membrane systems given a
CO; capture rate of 90 %.

Chung et al. [59] developed a hybrid system consisting of amine scrubbing (PZ-based) and
membrane separation. This hybrid system was used in the steelmaking industry to capture CO»
from the blast furnace gas. The CO; in the gas was distributed as 47 % to 53 % between the
amine scrubbing and membrane. Their results show that the hybrid system, when equipped with
heat recovery, is more cost-competitive than the standalone amine scrubbing and membrane
systems [59].

2.7 Review of the costing method for carbon capture

In the past few years, a number of organizations and researchers across the world have studied
cost performances for CCS technologies [31, 38, 107, 109, 112, 140, 151]. Some of the results
have been demonstrated in Section 2.3 and 2.5 (see Table 2.2 and Table 2.3). Most of them are
MEA (amine)-based capture systems and fossil fuel power plants-centric. As summarized by
Rubin et al. [107, 152], two main purposes are existent for CCS cost information: 1) technology
assessment and 2) policy assessment. The two purposes are able to serve a variety of
audiences (government, industry, etc.). The ‘technology assessment is normally used to
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‘compare the costs of alternative CO2 capture options’ while the ‘policy assessment’ to ‘support
a variety of regulatory, legislative, and advocacy activities’ [107].

According to Rubin et al. [152], discrepancies and inconsistencies exist in the costing methods
and guidelines used by different organizations. As a result, comparing the economic results
from different sources becomes difficult or even impossible. Therefore, Rubin and his
colleagues, who have been working on CCS costing method for over a decade [38, 106, 107,
139, 151, 153, 154, 155, 156, 157], called for the CCS research community to pay more
attention to the uniformity, consistency, and transparency of the costing methods for CCS as
well as the terminology [152]. In order to address the inconsistency and ambiguity in the
published CCS costing methods, a few publications suggesting costing methodology were
selected and closely checked in the present study. These publications include a NETL report
[158], two reports for the EU funded project ‘CAESAR’ [159] and ‘CEMCAP’ [160], and a paper
of Abu-Zahra et al. [109]. It is noticed by the author of this thesis that, in spite of the differences
in the costing methods used in the four publications, their costing guidelines can essentially be
fitted into one ‘common costing method’ proposed by IEAGHG, which can be divided into 5
steps [161]:

1. Defining the project scope: does the cost model target CO- capture, transport, storage,
or the whole CCS value chain?

2. Defining the elements of CAPEX and OPEX: which cost elements should be included?

3. Quantifying the elements of cost: how to estimate the cost of each element defined in
the second step?

4. Defining economic assumptions: cost year, currency, constant vs current cost value,
discount rate, escalation...

5. Calculating key cost metrics: cost of CO; captured, cost of CO; avoided, LCOE...

It is particularly in the 2" and 3" steps that the differences are most revealed. It is found that the
4 surveyed publications used different guidelines for CAPEX estimation whereas they are
consistent with breaking the OPEX into variable and fixed costs. The distinct guidelines for
CAPEX are largely attributed to the different grouping norms. For instance, in both the NETL
report [158] and the ‘CEMCAP’ project [160], the CAPEX is defined at 5 levels even though the
5 levels and the elements under each level are not exactly the same. By contrast, the ‘CAESAR’
project [159] and Abu-Zahra et al. [109] simply divided the CAPEX elements into two major
categories: direct and indirect costs. Furthermore, the approaches to quantifying the considered
elements also vary from one publication to the others.

Apparently, the distinct grouping and quantifying methods for the CAPEX elements are
confusing and sometimes even misleading for the readers who try to compare the results or use
the cost models. Therefore, as advocated by Rubin et al. [152], the cost elements, as well as
the assumptions, must be clearly specified and stated regardless of what kind of cost estimation
guideline is used.
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2.8 Discussion

2.8.1 Bottlenecks of the MEA- and membrane-based carbon capture
technologies

Despite the fact that a variety of post-combustion capture technologies have been studied for
many years, the MEA-based chemical absorption technology is still the leading candidate for
industrial-scale application in all senses. The fact that this technology has been operated in
multiple pilot- and demo-scale power plants has well prepared it for full-scale implementation in
the near future (see Figure 2.1). The major barrier is the fact that the system has a rather high
energy demand and thus damages the economic benefits of plants. According to the studies
demonstrated in Section 2.3, this technology can lead to around 10 %-pts efficiency penalty for
power generation given a capture rate of 90 %.

Developing less energy-consuming solvents to replace MEA has become one of the major
directions for improving the performance of the chemical absorption system. Progress has been
made on the quest of novel solvents as introduced in Section 2.2.2. However, the solvents that
have been investigated so far either bring new technical problems or have not been fully tested
in actual operating conditions. Moreover, even though some solvents are able to reduce the
heat duty for regeneration, they require steam with higher quality, which adversely results in
even higher electric energy consumption [66, p. 141].

Unlike the amine-based chemical absorption technology, the gas permeation technology in
principle involves no chemical reactions. Its demand for thermal energy is much lower as
compared to the reference MEA technology. However, when taking the electricity consumption
into account, this technology has been found to show no obvious advantages over the
conventional MEA based technology in energy consumption [140, 142]. Moreover, large-area
membrane is required to deal with the flue gases from industrial-scale plants and hence the
capital cost is very high. The root cause is that the CO. separation ability of current membrane
is highly restricted by the permeability and selectivity of the membrane material. The upper
bound for the membrane properties discovered by Robeson et al in 1991 still have not been
crossed [34, 124].

2.8.2 Potential of hybrid CO. capture systems

In recent years, many scientists have been trying to figure out a solution to improving carbon
capture by combining multiple capture technologies instead of looking for breakthroughs for
single technology systems. As introduced in Section 2.6, some hybrid systems studied appear
to be more energy-saving or economical than single capture technologies. Although there is not
enough data, especially experimental data, to prove that hybrid systems are feasible in actual
operation yet, this concept represents at least a possible direction for research.

One thing that most of the studied hybrid capture systems have in common is that the MEA-
based capture system is often included. This is not surprising considering the maturity of this
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technology and thus it would lay a solid foundation for the feasibility of any newly developed
hybrid systems. The key point of designing a hybrid system is how to make the best of each
technology while avoiding their innate weaknesses. One good example is the design proposed
by MTR and UT Austin [145], which combines chemical absorption and membrane technologies.
The hybrid systems have shown great potential for making CO; capture less energy-intensive
(see Figure 2.7). In their schemes, the boiler is also included in the whole hybrid capture
process. The ensuing impacts on the combustion of fuels have not been discussed. Moreover,
no economic analyses for their designs have yet been published.

Given the potential of the concept of the hybrid capture system, it is of great interest to further
investigate the hybridization of the MEA and membrane technology with regard to process
design. Moreover, in order to make comprehensive comparison of the hybrid system and single
technology system, both technical and economic evaluations are indispensable.

2.8.3 Integration of the post-combustion capture systems into target plants

Current studies on the integration of the post-combustion systems into target plants mainly pay
attention to two aspects: 1) system integration and 2) waste heat integration. The system
integration focuses on how to connect the capture systems to the target plants and where the
energy supply comes from. For waste heat integration, the principal task is to save energy by
utilizing the exhaust waste heat.

Comparing the two single capture technologies discussed in the present study (MEA and
membrane), the gas permeation membrane technology is found to be easier to integrate
because this technology demands mostly electricity, a form of energy that is convenient for
utilization and calculation.

By contrast, the MEA-based system is normally designed to be coupled with steam turbines and
thus the integration is more complicated than the gas permeation membrane technology. The
extraction location and pressure control measures must be specifically sorted out. With respect
to the pressure control for the steam extraction, it is interesting to note that, as discussed in
Section 2.2.3, the control measures are not always clearly stated in some published papers. For
instance, some scientists analyzed the integration of the MEA system under the condition that
the pressure at the extraction point is kept constant at the nominal value but without explaining
what measures are taken [100, 102].

However, there are also some scientists who have highlighted the approaches to pressure
control for heat integration. The three modification options provided by Lucquiaud and
Gibbins [65] have been introduced in Section 2.2. In addition, Oexmann and his colleagues
have also conducted detailed research with regard to the pressure control measures. Their
design is pretty much the same as the second type of modification (‘Throttled LP turbine’) of
Lucquiaud and Gibbins [65], which situates a pressure control valve upstream of the LP turbine
so as to maintain the pressure at the steam extraction point. It is revealed that this design has
been most investigated for the integration of the MEA system into existing power plants for its
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flexibility of dealing with varied steam demand and hence is also a feasible approach for this
study. Nonetheless, there are still divided opinions on how to operate this design. One option is
to maintain the pressure at the nominal value of the power plant. Another possibility is to keep
the pressure precisely at the required pressure for the steam use, i.e. the pressure of the steam
entering the reboiler. Both options are to be tested in this thesis.

The core of integration analysis is to figure out how the integration would affect the operation of
the plants and calculate the impacts quantitatively. Finally, a big challenge concerning the
integration is how to realize those aforementioned approaches via simulation tools in the
present study. The impacts of post-combustion capture technologies on full-scale power plants
have by far mostly been evaluated by simulation work, especially for the MEA-based system.
There is no simulation tool specifically designed to represent complex interactions between a
CO:; capture unit and an industrial-scale plant at present. A solution must be found to address
this challenge.

2.8.4 Lack of research for post-combustion CO2 capture in the iron & steel
industry

It is also found that the CCS study for the steel-making industry lags behind the study for the
power sector. Only a few publications that report the application of the MEA-based system in
the iron & steel industry [44, 58, 59, 116]. Due to the fact that the operations of steel plants differ
from each other, the published results are principally plant-specific. Different capture strategies
are seen in various studies. This is because a steel plant, unlike a coal-fired power plant, has
multiple sources of CO2 emissions. In addition, the characteristics of the flue gas mixtures (CO2
fractions, dust, acid gases) are normally different than that of power plants [58, 116]. As a result,
different studies have distinct opinions about which point sources should be targeted for carbon
capture. Additionally, the steam supply approach, which is normally extracted from steam
turbines in power plants, should be again examined for the iron and steel industry.

Comparatively, only a few studies have been published concerning the use of the gas
permeation membrane technology in the iron and steel industry. Moreover, no studies with
respect to a holistic techno-economic evaluation of post-combustion CO, capture from the iron
& steel industry with gas permeation membrane technology have been found. Therefore, a
comprehensive techno-economic assessment is necessary to fill this research gap.

2.9 Summary

This chapter has introduced related work found in the literature. Some studies relevant to the
MEA-based chemical absorption and gas permeation membrane technologies are covered.

First of all, Section 2.1 reviews the current state of the CO, mitigation approaches in coal-fired
power plants and the iron and steel industry. It is found that the conventional MEA-based
system is so far the most mature capture technology and has entered the commercialization
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phase. Meanwhile, the gas permeation membrane technology has also been applied in coal-
fired power plants or other industrial sectors for carbon capture on pilot- or demo-scale.

Section 2.2 demonstrates the basic process of the MEA-based chemical absorption system and
relevant background knowledge. The state of the art of this technology including novel solvents
and designs are also introduced. Section 2.3 summarizes some simulation results from the
literature regarding the application of the MEA-based system applied in coal-fired power plants
and steel plants. In coal-fired power plants, according to various sources, this technology leads
to around 10 %-pts efficiency penalty when 90 % of CO: in the flue gas is captured. The costs
vary in different studies due to distinct assumptions and calculation bases. So do the results of
the MEA-based system applied in steel plants.

Section 2.4 introduces some basic knowledge about the gas permeation membrane technology.
According to reports, the polymeric membrane is so far the only option to be used on large-
scale CO; separation. Some widely studied separation systems existing using the gas
permeation membrane are also noted in this section. In particular, the process of the cascaded
membrane (two-stage) separation system is explained. The results of this system applied in
power plants from the literature are summarized in Section 2.5. It is revealed that the cascaded
membrane system does not have obvious advantages over the MEA-based system in terms of
energy consumption and costs, especially at high CO2 capture rates.

Section 2.6 lists some concepts of hybrid MEA/membrane CO; capture systems that have been
studied. Some of the hybrid designs turn out indeed to be either more energy-efficient or cost-
effective than the standalone MEA or membrane technology. In Section 2.7, a general costing
guideline for CCS is summarized by reviewing some relevant studies. The guideline will be used
to build up a cost model for this work.

A discussion regarding the related work noted in this chapter is made in Section 2.8. Firstly, the
challenges and problems faced by the current MEA-based and gas permeation membrane
technologies are discussed. Given these challenges for the two standalone capture
technologies, it is conceived that developing hybrid systems that are able to take advantage of
both technologies’ features is likely to further push the feasibility of post-combustion carbon
capture technology. In order to examine the conception, complete techno-economic evaluations
should be conducted for the developed hybrid capture systems. Lastly, filling the research gap
with respect to the application of the gas permeation membrane for CO2 capture in the iron and
steel industry should also be one of the focuses of the present study.
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This chapter introduces the CO- capture models developed in Aspen Plus®. Section 3.1 and 3.2
describe the modeling of a cascaded membrane separation system and an MEA-based
chemical absorption system, respectively. Section 3.3 illustrates how two types of hybrid
capture systems are configured. In Section 3.4, a 4-stage CO, compression train modeled in the
present work is demonstrated. Finally, the general approach to cost analysis used in the present
study is illuminated in Section 3.5.

3.1 Modeling of MEA-based chemical absorption system

A conventional MEA-based chemical absorption system is modeled in Aspen Plus®. The model
is developed based on a simple example rate-based MEA model provided by Aspentech [72].
As discussed in Section 2.2, rate-based model can more accurately predict the behaviors of
reactive columns. The thermophysical property and reaction kinetic models used in this example
model are built based on the work of U.T. Austin [162] and Hikita et al [163]. The transport
property models and their coefficients have been validated against experimental data from the
literature.

3.1.1 Process description

The flowsheet schematic of the MEA-based chemical absorption system is displayed in Figure
3.1. The flowsheet of the MEA model in Aspen Plus is demonstrated in Appendix B (see Figure
B. 1)
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Figure 3.1 Schematic of the MEA-based chemical absorption system
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The design is in principle the same as the conventional MEA-based scrubbing system
discussed in Section 2.2 except that the reflux of the overhead condenser of the stripper is
mixed with the makeup stream instead of going back to the stripper. This modification is made
on the basis of Oexmann’s finding that the reflux would decrease the temperature in the stripper
and thus lead to an increase in the heat demand [66, p. 61]. No other improved designs noted in
Section 2.2 are considered.

As the degradation of MEA is subject to the existence of acid species, the flue gas should be
further purified in addition to existing purification systems (SCR, FGD). The wet scrubber
functions as a direct cooler and a flue gas purifier at the same time. An alkaline substance such
as NaOH is injected into the column to neutralize the acid components in the flue gas. Therefore,
no acid components in the flue gas are considered in the simulation.

3.1.2 Specifications and reaction kinetics

The “ELECNRTL” [72] method is chosen to calculate the properties of liquid and vapor. This
method uses the parameters from the Aspen Physical Property databank for binary molecular
interaction. Gas components such as CO2, Nz, Oz, and AR are selected as Henry components to
which Henry’s law is applied.

Specifications of reactive columns

The absorber and stripper are the core components of the MEA-based system. Packed columns
are used for rate-based simulation so the estimation of the height equivalent to the theoretical
plate (HETP) is not needed. The detailed specifications of the absorber and stripper are
displayed in Table 3.1 and Table 3.2, respectively.

Table 3.1 Initial specifications of the absorber

Number of stages 20

Packing type IMTP, metal, 50 mm

Vendor Norton

Packing height 20 m (default)

Section diameter Design mode to calculate diameter (minimum)
Mass transfer coefficient method Onda et al [164]

Interfacial area method Onda et al [164]

Interfacial area factor 1.5[73]

Heat transfer coefficient method Chilton and Colburn
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Table 3.1 continued

Hold up correlation

Film resistance

Film discretization ratio

Flow mode

Stichlmair et al. [165]

Liquid: diffusion resistance with reactions in film.
Film is discretized

Vapor: diffusion resistance but no reactions
5

Mixed

Table 3.2 Initial specifications of the stripper

Number of stages

Reboiler type

Packing type

Vendor

Packing height

Section diameter

Mass transfer coefficient method
Interfacial area method
Interfacial area factor

Heat transfer coefficient method

Hold up correlation

Film resistance

Film discretization ratio

Flow mode

21 (last stage for reboiler)
Kettle

FIEXIPAC, metal, 1Y
KOCH

15 m (Default)

Design mode to calculate diameter (minimum)
Bravo et al. [166]

Bravo et al. [166]

04

Chilton and Colburn
Stichlmair et al. [165]

Liquid: diffusion resistance with reactions in film.
Film is discretized

Vapor: diffusion resistance but no reactions
5

Mixed

The ‘Design mode’ is a function of the rate-based reactive distillation block in Aspen Plus® to
automatically calculate the minimum diameter according to the input flow rate of the flue gas.
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The outlet pressures of the rich-loading and lean-loading pumps are initially estimated using the
following function [66, p. 62]:

Pouttet = pISJZO(TRLHX,hot) + 0.0981 Hyp/serip (3.1)

The outlet pressure is estimated as a function of the pressure of saturated water (p7,,) at the
temperature of the hot side of the RLHX for the solution and the geodetic height of
corresponding column. The initial value of pressure is likely to be adjusted after the first run of
simulation to make the simulation converge successfully. The initial specifications of other
important components are shown in Appendix B (see Table B. 1).

What should be noted is that the internal overhead condenser of the stripper is not configured.
Instead, a cooler and flash blocks are used to function as a condenser. This is simply for ease
of the simulation. Similarly, the same approach is used to represent the overhead washing
column on top of the absorber. The ‘number of stage’ for the column in the model specification
does not refer to the actual number of stage since there are no actual stages in a packed
column. Therefore, the number of stage in a packed column model merely represents the
precision of simulation and conceptual discretization. Generally, a higher number of stages
leads to more accurate results but increases calculation time.

Reaction kinetics

The basic reactions have been introduced in Section 2.2. Specifically, five equilibrium and four
kinetic reactions are considered in the MEA model.

Equilibrium reactions:

2 H,0 & H;0% + OH" (3.a)

CO, 4 2H,0 < Hy0* + HCOZ (3.b)
HCO3 + H,0 & H;0" + C03~ (3.c)
MEAH* + H,0 & MEA + H;0* (3.d)
MEACOO0~ + H,0 < MEA + HCO3 (3.e)

In the default setting, the equilibrium constants K for each reaction are computed from the
standard Gibbs energy change in the Aspen model. In this work, the constants are estimated
using the function proposed by Austgen et al. [162]:

InK'=C1 + C2/T + C3InT + C4T (3.2)

Coefficients C1-C4 for each equilibrium reaction are summarized in Table 3.3.
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Table 3.3 Summary of coefficients for equilibrium reaction

Reaction C1 Cc2 C3 C4 T range (°C) Sources
3.a 132.899 -13445.9 -22.4773 0 0-225 [167]
3.b 231.465 -12092.1 -36.7816 0 0-225 [168]
3.c 216.049 -12431.7 -35.4819 0 0-225 [168]
3d 2.1211 -8189.38 0 -0.007484 0-50 [169]
3.e 2.8898 -3635.09 0 0 25-120 [162]

Kinetic reactions:

€O, + OH™ > HCO3 (3.f)
HCO3 - CO, + OH™ (3.9)
MEA + CO, + H,0 » MEACOO™ + H;0* (3.h)
MEACOO™ + H;0% » MEA + H,0 + CO, (3.0)

For the kinetic reactions, the reaction rates r are calculated from power law expressions [72, p.
16]:

r = kT" exp( E) N, BY (3.3)

T RT

The exponent n in Equation 3.3 is zero by default in Aspen Plus as the concentration is molarity-
based. The values of k and E are obtained from the literature and given in Table 3.4.

Additionally, a pump is used to drive all the cooling water and thereby the electric demand can
be estimated. The types of components simulated in the MEA model, as well as the economic
considerations for these components, are summarized in Appendix B (see Table B. 2).

Table 3.4 Values of parameters k and E [72, 163, 170]

Reaction k E (cal/mol)
3.f 4.32e+13 13249
39 2.38e+17 29451
3.h 9.77e+10 9855.8
3. 2.18e+18 14138.4
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3.1 Modeling of MEA-based chemical absorption system

3.1.3 Closing the loop

To predict the behavior of the MEA system more accurately, it is necessary to run the model in
a recycled manner as it is in reality. This action is termed ‘closing the loop’ in the present work
and can only be achieved after the model has been successfully converged in the ‘open loop’
wherein the amine solution is not recycled.

Convergence 1
(cv1)
Convergence 2

Sequence (CVv2)
ends > Convergence 3

< > o (cv3)
( o ———Convergence 4

— A (CVa)

A

A

Sequence

starts )

¢

A

Figure 3.2 Breakdown of the convergence for the MEA model

To close the loop, the properties (components, fractions, flow rate, etc.) of the amine solution
after the component ‘cooler’ in Figure 3.1 should be identical to that of the amine solution
entering the absorber. Many factors, such as amine leakage, calculation tolerance, and
convergence methods, have influences on the convergence of the ‘closed loop’. In addition to
these elements, it is found that the calculation sequence needs to be redefined to make the
closed MEA model run successfully in the present work due to the fact that the Aspen Plus®
normally computes the process in an illogical way. Therefore, the calculation of the process
should be configured in a sequence in which the streams pass through the components as in
reality. As a result, the calculation of the operation of the MEA model is divided into four
convergences as demonstrated in Figure 3.2.

In Figure 3.2, the red lines denote the main convergence flow, under which three sub-
convergences exist. For each convergence loop, one ‘tear stream’ (where initial inputs are given)
is chosen. The initial input values for the tear streams are obtained from the results of the open
loop model. The detailed configuration and definition for the convergence settings can be found
in Appendix B (see Table B. 3).
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3.1.4 Validation

The thermal energy consumption of the closed MEA model was validated against the
experimental results from the CASTOR pilot plant [73]. Since the present work focuses on the
assessment of the performance of the overall process (macro-scale evaluation), the analysis of
the detailed profiles inside the distillation columns (micro-scale evaluation) is not in the scope of
this thesis

The input data and experimental results are tabulated in Table 3.5. For validation, the same
input data as used in the CASTOR pilot plant [73] were input into the MEA model in this thesis.
Five tests were made by varying the solvent flow rate. In addition to the input data, the
geometric configurations of the MEA model were also adjusted to be the same as the pilot-scale
plant configurations. The simulation results of the specific regeneration energy and CO; capture
rate are then, respectively, compared with the experimental results (see Figure 3.3 and Figure
3.4).

Table 3.5 Input experimental data for validation [73]

Parameter Test 1 Test 2 Test 3 Test4 Test5
Solvent flow rate 23.00 19,00 16.07 14.80 12.50
[m?3/h]
Flue gas [Nm?3/h] 4915 5011 4939 4926 4990
COz atinlet
1. 11.94 1.7 1212 1.77
Input [mol %wet] 86 9 6
Flue gas inlet 473 48.0 46.8 46.9 47.2
temp (°C)
Stripper pressure 181 181 181 181 181
(kPa)
COz2 capture rate
90 90 90 91 90
Experimental (%)
Results Regeneration 3897 3722 3725 3626 3745
energy (MJ/tco2)

It can be seen in Figure 3.3 that the simulation results of the specific regeneration energy are
higher than the experimental results over the entire range of varied solvent flow rate. The trends
of the two curves, however, are similar to each other. The relative deviations of all tests are less
than 5.4 %. Figure 3.4 compares the capture rates of the simulation and experiment. In tests 1-3,
the calculated capture rates are higher than the experimental results. In test 4, the simulation
and experimental results are very close. The largest deviation of the calculated capture rate
from the experimental result happens in test 5, in which the calculated capture rate is around 5 %
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lower than in the experimental case. In spite of the deviations, the simulation results are

generally in very good agreement with the experimental results.

Figure 3.
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Figure 3.4 CO2 capture rate as a function of the solvent flow rate
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3.2 Modeling of membrane-based separation systems

3.2.1 Calculation of gas permeation

A gas permeation module model developed in the Aspen Custom Modeler (ACM) by Aspentech
is used in the present work to simulate the gas permeation membrane. This module can be
imported into Aspen Plus® and functions as a block component. The block component is
capable of representing a cross-flow membrane module as shown in Figure 3.5, which
corresponds to the ‘envelope’ type of membrane module mentioned in Section 2.4.

Feed Retentate
Fin Fret

pm _ Y1 i i yi_dy = pret

> SEANNG: : >
Tin : : Tret

dA
by —Pr
Fpoo T

Permeate pe per

Figure 3.5 Schematic of a cross-flow membrane module

For the cross-flow membrane module, the assumptions including ideal gas behavior, isothermal
conditions, negligible pressure drop, and constant gas permeability are made. In ACM, the gas
permeation membrane module is discretized into 100 cells by default. Given these assumptions,
the mass balance of gas component i for the ki cell can be expressed as follows:

Fretk-1™ Yik = Fretk ™ (Yik— dy) + Fperk * yik' , (3.4)
Frerk ™ Vik = dA* Pmo * (Pin * (Yik-dY) — Pper * Vik') (3.5)
where, according to the assumptions mentioned above, pin = Pret, Tin = Tret = Tper-
According to the ideal gas law:
Prmol = P * Pamb/(R*T) . (3.6)

Particularly, the result of pin * (Yik-dy) — pper * Vix’ represents the driving force across the
membrane for the gas component i.

3.2.2 Process description

Two membrane-based processes were modeled in Aspen Plus®: 1) single-stage membrane
separation system and 2) cascaded membrane separation system (two-stage). The schematic
flowsheets of the two systems are shown in Figure 3.6 and Figure 3.7, respectively. The two
systems were modeled on the basis of the reported design of Zhao et al [31, 133] and Maas et
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al. [140]. In the two flowsheet charts, C denotes compression units, P denotes vacuum pumps
and E stands for turbo-expanders.

Wet
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_’IE|_>|:::::::::::

Flue gas permeate|  yacyum Vacuum
Pump 1 Pump 2
Cooling ®) K4, (® 4,

Water Intercooling Aftercooling

A

Figure 3.6 Schematic flowsheet of a single-stage membrane separation system, adapted from the design
of Zhao et al [133].
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Figure 3.7 Schematic flowsheet of the cascaded membrane separation system, adapted from the design
of Zhao et al. [31] and Maas et al. [140]

The basic processes of the systems are the same as introduced in Section 2.4. In both the
single-stage and cascaded membrane systems, a wet scrubber is placed upstream of the
membrane module. A dehydration unit containing silica gel is used to dry the flue gas before the
separation process. It is assumed that 2/3 of the total moisture in the flue gas can be removed
via the dehydration unit. Compared to the single-stage membrane, a compression unit is added
upstream of the first-stage membrane module in the cascaded system in order to reduce the
required membrane area, especially when a high CO; capture rate is targeted. Moreover, in the
cascaded membrane system, the retentate gas from the second membrane module is directed
to mix with the feed gas at the inlet of the first stage membrane module. The screenshot of the
flowsheet of the cascaded membrane system in Aspen Plus® are shown in Appendix C (see
Figure C. 1)
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3.2.3 Simulated membrane and specification

The method of Peng-Robinson Equation of state with Boston-Mathias modifications (PR-BM) is
used to calculate the property for the membrane-based models. In the present study, the
Polyactive® membrane (polymeric membrane) is chosen to be simulated for its attainable data
from partners and the fact there have been some studies on carbon capture using this
membrane [31, 140]. Hence, a comparison can be made later on. The permeances of the
Polyactive® membrane at different temperature points are summarized in Table 3.6.

Table 3.6 Gas permeance (Nm3m-2h-"bar-') of Polyactive® [121, 171, 172]

emperature (°C)

50 30 25
Gas component
CO2 5 4.3 3
H20 15 43.3 53
CO2/N2 25 36 50
02/N2 2.8 2.8 2.8
Ar/N2 28 2.8 2.8

The outlet pressure of the compressors is all set tat 4 bar A vacuum condition of 0.1 bar is
created on the permeate side of the membrane by a two-stage vacuum pump system. Similarly,
the compression units and turbo-expanders depicted in Figure 3.6 and Figure 3.7 are also
operated in two stages in the simulated models in Aspen Plus®. In addition, these multi-stage
units are equipped with intercoolers or inter-heaters placed in between stages to control the
temperature of the gas stream. The initial specifications of the components in the membrane-
based separation systems are summarized in Table 3.8. Detailed configurations of the systems
and economic considerations can be found in Appendix C (see Table C. 1).

Table 3.7 Initial specifications of the single-stage membrane separation system

Parameter Unit Value
Water removal ratio % 66
Inlet temperature of the membrane °C 25
Inlet pressure of the membrane bar 1.05
Pressure of the permeate side bar 0.1
Pressure ratio of the vacuum pump / 3.36
Outlet temperature of the intercooler °C 25
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Table 3.8 Initial specifications of the cascaded membrane separation system

Parameter Unit Value
Water removal ratio % 66
Inlet temperature of the membrane °C 25
Inlet pressure of the membrane bar 4
Pressure ;fatg: n;:((aarr:fraat:eside of 1st bar 01
Pressure ratio Of::ﬁ 1st compression / 1.97
Pressure ratio of::iet 2nd compression / 202
Pressure ratio of the vacuum pump unit / 3.36
Pressure ratio of the expander unit / 0.51
Outlet temperature of the inter-cooler °C 25
Outlet temperature of the inter-heater °C 80

3.3 Modeling of hybrid capture systems

In the last two chapters, two types of widely studied capture systems (MEA & membrane-based
systems) are modeled. The modeling of them, on the one hand, can lay a good foundation for
the development of the new hybrid capture systems introduced in this section. On the other
hand, they will be used as reference models to be compared with the hybrid models in the later
chapters. In this section, two newly developed hybrid MEA/membrane capture systems are
presented. Essentially, both hybrid capture systems are comprised of the membrane and MEA-
based technologies.

3.3.1 Hybrid capture system design 1 (Hybrid D1)

The basic concept of the first design is to place a single-stage membrane separation system
prior to the MEA system. In this design, the driving force for gases through the membrane is
increased by vacuum pumps. The COz-enriched permeate gas then enters the absorber and the
CO, is captured in the MEA chemical absorption process. The schematic flowsheet of this
design is displayed in Figure 3.8.

As noted in Section 2.4, the single-stage membrane separation system is unable to produce
desirable CO,-containing streams unless there are big breakthroughs on membrane properties.
Nevertheless, when it is coupled with an MEA system in the Hybrid D1 system, the major task of
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the membrane is to elevate the CO2 concentration in the inlet gas stream (the permeate gas) for
the chemical absorption process. There is no need for the CO; fraction in the permeate gas to
reach a very high value because the MEA system can guarantee that the final CO; product
stream has the required CO; purity. In addition, the degree of CO- separation of the single-
stage membrane is restricted by the overall capture rate of the hybrid system. Consequently, to
what extent the inlet CO. concentration for the MEA system can be lifted is indirectly subject to
the CO: capture target of the hybrid system.
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Figure 3.8 Schematic flowsheet of the hybrid capture system design 1
3.3.2 Hybrid capture system design 2 (Hybrid D2)

The flowsheet of the second hybrid model design Hybrid D2 is presented in Figure 3.9. This
design is basically comprised of a cascaded membrane system (without the recycled gas) and
an MEA system. Since the cascaded membrane system itself can produce a desirable CO;
product stream, the retentate gas streams from both membrane modules are mixed and then
sent to the MEA system for further CO2 mitigation. Therefore, the basic concept of this design is
to use the chemical absorption process to complement the CO; capture of the membrane
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system. Since the membrane has a trade-off feature between the CO- capture rate and CO;
purity, a lower CO; capture rate is set for the two-stage membrane in this design so as to
guarantee a desirable CO; purity in the final permeate gas stream (permeate 2). Finally, the
CO: product stream exiting the MEA system will be mixed with the permeate gas from the
membrane system and thereby the mixed CO: stream is ready for compression. Before the mix,
the permeate gas coming from the second stage membrane must be compressed so that its
pressure becomes the same as that of the product stream from the MEA part.

Wet Retentate 1

scrubber

Flue gas

50°C,
1.05bar

solvent tank

compressiol

Makeup water

Washing and solvent

Section

Condenser

To makeup
system

30wt% MEA
Solution

Absorber

Rich-lean
Heat
Exchanger

Steam/condensate
from/to steam
turbine

Reboiler

Rich-loading Lean-loading
pump pump

Figure 3.9 Schematic flowsheet of the hybrid capture model design 2
3.3.3 Specifications for hybrid models

As noted in Section 3.1 and 3.2, the methods ‘ELECNRTL’ and ‘PR-BM’ are used to calculate
the properties of substances in the MEA and membrane-based capture systems, respectively.
The two methods are also used for the MEA and membrane sections, respectively, in the two
hybrid systems. To achieve this, both hybrid models must be divided into two sections, to each
of which the corresponding method is configured as a sectional method and applied. What
should be emphasized here is that a global property calculation method will cause calculation
conflictions for the hybrid models due to fact that the MEA and membrane sections are run in
distinct mechanisms and contain different chemical species. In principle, the basic specifications
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of the block components are the same as their counterparts in the MEA or membrane systems
since the two hybrid systems are essentially combinations of the introduced membrane and
MEA systems.

3.4 Modeling of CO2 compression train
3.4.1 Process description

In this thesis, the CO.-enriched stream is designed to be compressed in a compression train
and thereby ready for transport (see Figure 3.10). Through the compression process, the coz-
enriched gas stream will be compressed to 110 bar at 30 °C, which makes the CO- exist in a
supercritical/dense phase and therefore energy-efficient for transport [173, p. 59].

Stage 1 Stage 2 Stage 3 Stage 4

110 bar, 30°C

Knockout Knockout Knockout Knockout
Drum1 Drum 2 Drum 3 Drum 4

Figure 3.10 Four-stage CO2 compression train

The compression of CO- to such a high pressure will yield a large amount of exhaust heat along
the process. As a result, the temperature of the stream will rise significantly. Therefore, a multi-
stage (4-stage) compression train with intercooling is chosen to undertake the task (see Figure
3.10). Each stage consists of a compressor, a heat exchanger (cooler), and a water knockout
drum. A fraction of impurities in the CO, stream can be removed in this process. In addition, the
pumps are used for driving the cooling water.

3.4.2 Specifications

The pressure ratios for the 4 stages in the compression train are assumed to be equal.
Additionally, a pressure drop of 0.03 bar across each cooler is considered. Consequently, the
pressure ratio is determined dependent on the inlet and outlet pressures considering the
pressure drop. The function for calculating the pressure ratios (PR) is:

1

(&)number of stage (3.7)
TXpin—pd

r=rX

, where pi» and pout stand for the inlet and outlet pressures of the compression train, respectively.
pd represents the pressure drop. The tolerance is set at 1e-8 for iterative calculations. The
intermediate outlet temperature of the heat exchanger at each stage is set at 30 °C.
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3.5 General costing method

3.5.1 General approach

This section introduces the cost model used in the present study. The general approach is
presented in Figure 3.11, which is constructed based on the costing guideline summarized in
Section 2.7. A discounted cash flow approach is used in this thesis for financial valuation. The
cost estimation was conducted for the CO, capture and compression processes. Three major
variables are obtained to measure the economic performances: 1) CO, capture cost, 2) CO-
avoidance cost and 3) costs of products. In general, the determination of elements for CAPEX
and OPEX follows the guideline proposed by Peters and Timmerhaus [174] for chemical plants.
Similar breakdown and grouping methods are also seen in the ‘CAESAR’ project [159] and work
of Abu-Zahra et al. [109]. The approaches for quantifying the considered elements are also
referenced from the two sources due to their Europe-centric research.

-

Z'P - ) ]
g Purchased equipment cost }: Equipment size ASPEN Model
v SteanI,Demand
CAPEX P External steam
- supply Y/N?
Annuity v
factor Extra fuels
OPEX <
v \lr Consumables
Incremental annual cost
I r° CO, capture cost
> + CO, avoidance cost
L- LCOE/cost of HRC

Figure 3.11 General approach for cost estimation

As can be seen in Figure 3.11, the geometric parameters and energy-related results in the
Aspen models are required for cost estimation. All cost values are present in 2016 €.
Concerning the cost escalation, the Chemical Engineering Plant Cost Index (CEPCI) [175] is
used to escalate historic cost data as follows:

CEPCl in year A

Cost in year A = Cost in year B * m

(3.8)
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3 Modeling of carbon capture systems and costing method

3.5.2 CAPEX and purchased equipment costs

CAPEX is comprised of direct and indirect costs. The considered elements of capital costs are
depicted in Table 3.9. The cost of a specific item is quantified as a function of the purchased
equipment costs (PEC). The percentage values used for quantifying the elements are
referenced from various sources [38, 83, 109, 151, 159]

Table 3.9 Breakdown for CAPEX [109, 159, 174]

Elements Percentage of PEC [%)]
Direct cost w/o Membrane Membrane
Purchased Equipment Cost (PEC) 100 100
Purchased Equipment Installation 53 25
Instrumentation and Control 20 8
Piping 40 /
Electrical 11 /
Building and Building Services 10 /
Yard Improvements 10 /
Service Facilities 20 /
Land 5 /

Indirect cost

Engineering 10 10
Construction Expenses 10 /

Contractor’'s Fee 0.5 0.5
Contingency 17 17

Fixed Capital Investment (FCI) = Indirect cost + Direct cost

Percentage of FCI [%)]

Fixed Capital Investment (FCI) 100 100
Working Investment (WI) 15 15
Start-up Cost and Initial MEA Cost (SUC) 10 /

CAPEX = FCI + WI + SUC
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Since not all equipment configurations simulated in the present study match the parameters
provided by available vendors, the costs of equipment are estimated by scaling based on
historical cost data, capacity (size), temperature, pressure, and reference exponent. For
different types of equipment, corresponding formulas are selected.

Compressor, blower, pump, scrubber, and heat exchanger

Purchased equipment costs of compressors, blowers, pumps, and heat exchangers can be

estimated from the following equation [176, p. 20]:

Ci = Co G fufofr (39)
where C; = equipment costs for equipment i with the capacity Q; Q is obtained from the
simulation.
Cg = base costs of equipment i with the capacity Qg
M = exponent depending on the type of equipment.

fum, fp, f = correction factors for the material of construction (M), operating pressure (P)
and operating temperature (T).

Essentially, the costs of equipment are calculated based on the reference costs and then
calibrated with correction factors. The term ‘capacity’ in Equation 3.9 refers to the capacity
measure for a specific type of equipment. The detailed economic information for each piece of
equipment can be found in Table 3.10. The correction factors for considered equipment have
been summarized in Appendix | (see Table I. 9 and Table I. 10)

Table 3.10 Equipment delivered capital cost correlations [176, p. 18]

Equipment Capacity Measure Base Size Base Costs Cs Size Exponent
[Unit] QB [US$2010] Range M
Shall-and-Tube Heat Area [m?] 80 3.28 x 104 80-4000 0.68
Exchanger
Compressor, incl. 250-
motor Power [kW] 250 9.84 x 104 10000 0.46
(Large) Centrifugal Power [KW] 4 9.84 x 103 4-700 0.55
Pump, incl. motor
Scrubber (incl Volume (m3) 0.1 4.92 x 103 0.1-20 0.53

random packing)
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3 Modeling of carbon capture systems and costing method

Absorber, stripper, scrubber, and knockout drum

The capacity measure of the gas-liquid separation equipment is volume. However, the volumes
of the scrubbers and knockout drums cannot be directly obtained from the models in Aspen
Plus®. Therefore, a method suggested by Towler and Sinnott [177] is used to size the
separation vessels. The detailed description of this sizing method is presented in Appendix H.
With the vessel's diameter and height obtained by this method, the volume can be calculated.
With the volume data, the costs of scrubbers can be estimated using Equation 3.9. As for other
separation vessels (absorber, stripper, knockout drum), the costs are estimated using the
capital cost estimation method proposed by Turton [178] as there is no available reference cost
data. Turton’s estimation equation is [178]:

10g10C; = Zy + Z510910(Q) + Z3[log10Q]? (3.10)

, where Z, are the equipment specific constants, C; is the purchased equipment costs in 2001
US$ at standard condition, and Q refers to the capacity measure. In order to determine the
purchased equipment costs (C;) for the actual operating condition, C; is calibrated with
correction factors as described in the last section:

Ci = Cifufefr (3.11)

The diameters and heights of the absorber and stripper can be read from the models in Aspen
Plus®. Hence, the purchased equipment costs for the absorber and stripper can be directly
determined using Equation 3.10. The values of Kj, K and Ks for tower and packing are
illustrated in Table 3.11.

Table 3.11 Equipment cost data for Turton’s equation [178]

Capacity measure

Equipment [Uni] Z; Z> Z3 Size Range
Tower Volume [m3] 3.4974 0.4485 0.1074 0.3-520
Packing Volume [m3] 2.4493 0.9744 0.0055 0.03-628

Membrane and membrane frame

Concerning the purchased cost of the membrane and its container (membrane frame), the costs
are basically calculated as a function of the required area calculated in the simulation models in
Aspen. Particularly, the cost of the membrane frame (container)is estimated by the equation
proposed by Van Der Sluijs et al [179] :

A
Crrame = (5559)*” * Cframe (3.12)

, where A stands for the required membrane are and Cr,.qm is the cost of membrane frame and
Cframe is the base cost.
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3.5.3 OPEX

As noted in Section 2.7, OPEX is comprised of the variable and fixed costs. The considered
elements under each category and their quantifying method are demonstrated in Table 3.12.
The percentage values for some items are also selected according to published data [38, 83,
109, 151, 159]

Table 3.12 Breakdown for OPEX [109, 159, 174]

Elements Quantifying method

Variable cost

Cooling water make up [m3/GJ] x

Cooling Water Cooling Duty [GJ] x Cooling water
costs
Natural gas Fuel Costs [EUR/t] x Consumption
o Electricity costs [EUR/MWh] x
Electricity
Consumption
MEA make-up MEA cost x MEA degradation

Fixed costs

Local taxes 2 % of FCI

Insurance 1% of FCI

Maintenance (M) 4 % of FCI

Operating Labor (OL) No. of Shifts x 45 €/h=shift
Supervision and Support Labor 30% of OL

Operating Supplies 15% of M

Laboratory Charges 10 % of OL

Plant Overhead Cost 60 % of (M + OL + S)

General Expenses

Administrative Cost 15 % of OL
Distribution and Marketing 0.5 % of OPEX
R&D Cost 5 % of OPEX

OPEX = Variable costs + Fixed costs
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3.5.4 CO: capture and avoidance costs

The costs of CO, captured and avoided are the two commonly used metrics to evaluate the
economic performances of a CO; capture system. The latter is considered a better measure of
the effectiveness of a CCS technology [180, p. 16]. In addition, the costs of products are also
important metrics to reflect the impacts of CCS on plants. To calculate the metrics, the total
annual costs of the capture systems should be estimated first. The total annual cost is
calculated by summing up the OPEX and annualized CAPEX. The annualized CAPEX, on the
other hand, is the product of the CAPEX and annuity factor. With the total annual costs for the
capture and compression processes, the CO, capture and avoidance costs can be calculated.
The relevant formulas are displayed in Table 3.13. Additionally, the difference between the CO-
capture and avoidance costs is presented in Appendix H (Figure H. 1) in case it is confusing for
some readers.

Table 3.13 Formulas for economic calculation

Symbol Equation
Total Annual Cost of CCS Cantot = OPEX + CAPEX xa
Mco,
CO: intensit: | = —_—
2 y Wautput
Can,tot
Cost of CO2 captured Cco,,cap = —
Mco,,cap
, LCOE s — LCOEyof
Cost of CO2 avoided Ccoyav = ———— (Power plant)
Iref - Iccs
Can,tot

= —————— (Steel plant)
Mco,,cap — Mcoy,ccs

C,
Cost of HRC Cure — Cuncrer + an,tot

HRC,an
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3.5.5 Basic assumptions

Some basic assumptions for the cost estimation of the CO2 capture systems are summarized in
Table 3.14. It should be noted there is currently no commercial unit price for the Polyactive®
membrane. Thus, only ballpark figures for the membrane price were used in previous studies
when it comes to estimating the costs of membrane-based technologies [31, 140]. Similarly, an
estimated membrane price of 50 €/m? is assumed in the present study as the baseline value.

Table 3.14 Assumptions and cost parameters for the CO2 capture systems

Parameter Unit Value
Cooling water make-up m3/GJ 1[109]
Discount rate % 8
Cooling water cost €/m3 0.15[181]
Project lifetime year 25
Exchange rate (2016) €/US$ 1.11[182]
Membrane price €/m? 50 [31]
Lifetime of membrane year 5
Price of natural gas €/GJ 4.18 [183]
Imported electricity price euro cent/kWh 8.8[184]
Degradation rate of MEA kg/tcoz 1
MEA make-up cost €/kg 2.3

3.6 Discussion

3.6.1 Lessons learned for the modeling of CO; capture systems in Aspen
Plus®

All the capture systems modeled in Aspen Plus® are primarily used to estimate the energy
consumption of the overall processes (macro-scale analysis). Hence, the detailed behaviors of
the operation of each piece of equipment were thus not particularly examined. In light of this
purpose, the MEA model was only validated against the energy-related experimental data.
Nevertheless, when the operation of a certain piece of equipment (e.g. absorber, stripper, etc.)
needs to be screened, the operating profiles (e.g. temperature, CO partial pressure, etc.)
should also be validated.
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3 Modeling of carbon capture systems and costing method

To specify the CO, capture rates for the capture systems, several functions in Aspen Plus®,
such as ‘Design Specs’, ‘Optimization’, and ‘Constraint’, were defined. Unless specifically stated
in the following chapters, the CO, capture rate is set at 90 % and the CO; purity in the outlet
stream set at 95 mol% for all the capture models. Some specifications were left undetermined
until the models are applied with certain boundary conditions for the varied boundary conditions
would lead to different configurations.

As discussed in Section 3.3, the hybrid models comprise many components and must be
divided into two sections (Membrane and MEA parts) for the property calculation, for which two
calculation methods (‘PR-BM’ and ‘ELECNRTL’) need to be applied. As a result, both the
calculation time and convergence difficulty increase dramatically as compared to the single-
technology capture models (MEA or membrane). Therefore, it has been found that it is more
time-efficient to first conduct the simulation of the two sections of the hybrid models in two
separate files. In doing so, the causes for errors in each section are easier to sort out, especially
for sensitivity analyses. The interfacial data between the two sections can be manually
transferred and recorded in spreadsheets. Furthermore, the interfacial data are also significant
for analyzing the interactions between the sections. After the errors have been corrected, the
hybrid models can be simulated in one single file (complete model), with the specifications that
have already been examined in the separate Aspen files. Naturally, a successfully running
complete model can save time for manually transferring the interfacial data. Moreover, the
complete model is as important as the separate files in this study when the heat integration and
heat exchanger network design is conducted.

As discussed in Chapter 2, one challenge for integrating the capture systems into target plants
via simulation is that there are no available tools specifically programmed to realize this process.
Therefore, the method for evaluating this dynamic interaction in the present study is to simulate
the CO; capture processes and target plants separately in different professional simulation tools
and then couple them by transferring operating parameters. This chapter only introduces the
capture models and the two following chapters will present two target plants respectively.

3.6.2 Derivation of the CO: capture rates for the hybrid capture models

Another point that needs to be drawn attention to is the calculation of the CO; capture rate
(CCR) for the hybrid capture systems. Generally, the capture rate is defined as:

CCR [%] = —£%lreed_ o 10004 (3.13)
[CO2]product
, where [CO2Jeq represents the CO- flow rate in the feed gas entering capture system while
[CO2)product refers to the CO; flow rate in the CO, product stream. To be more specific, the CO»
product stream in the Hybrid 1 system refers to the stream exiting the overhead condenser of
the stripper while, in the Hybrid 2 system, to the mixed stream that is sent for compression.

Normally, the capture rate of a capture system can be specified using the ‘Design Specs’
function in Aspen Plus®. Nevertheless, as noted above, the hybrid models were first run in
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separate files. Therefore, given an overall capture rate though, the respective capture rates of
the two sections in the hybrid systems should also be specified. Therefore, it is necessary to
figure out how the capture rate is mathematically distributed between the two sections in the
hybrid systems so that the capture rate of each section can be defined individually.

CO; capture rate for the Hybrid D1 system

For the model Hybrid D1 system (see Figure 3.8), the overall CO; capture rate is defined as:

CCReot (%] = "B x 100%

_ [COz]permeate x [Coz]product x 100%

[Coz]feed [COZ]permeate

= CCRyem X CCRyga (3.14)
[CO2]teed: CO: flow rate in the feed gas
[CO2)proquct:  CO2 flow rate in the product gas stream leaving the stripper
[CO2)permeate: CO2 flow rate in the permeate gas

It can be seen that the overall CO, capture rate of the Hybrid D1 system is equivalent to the
product of the two sections’ respective capture rates. Mathematically, this denotes that the
overall capture is definitely lower than the individual capture rate of either section.

CO: capture rate for the Hybrid D2 system

Concerning the model Hybrid D2 (see Figure 3.9), the CO, capture rate of the membrane
section is:

CCRmom [%] = % x 100%

— [Coz]permeatez [Coz]permeate 1 x 100%
[Coz]permeate 1 [Coz]feed

= CCRy4¢ stage X CCR3na stage (3.15)

, the CO; capture rate of the MEA section is:

[Coz]product
041 — 0
CCRupa [/0] [CO2]feea=1CO2]permeat 2 x 100%

= CCRy4¢ stage X CCR3na stage

— [COZ]product o
= 1003 peeax (1—CCRmem) < 100% (3.16)
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, the overall CO- capture rate is calculated via:

CCRtot [%] — [Coz]permfgge ?;'[(;Oz]product % 100% (317)
2lfee

, Equation 3.15, 3.16, and 3.17 combined:
CCR;p: [%] = CCRypa + CCRypom — CCRypa X CCRpom (3.18)
[CO2]feed: CO: flow rate in the feed gas
[CO2)product:  CO2 flow rate in the product gas stream leaving the stripper
[CO2)permeate 1: CO2 flow rate in the permeate gas of the 15! stage membrane
[CO2]permeate 2: CO2 flow rate in the permeate gas of the 2" stage membrane

Apparently, the mathematical relation between the total and sectional capture rates in the
Hybrid D, system is more complicated than that in the Hybrid D1 system. One thing the two
designs have in common is that, given the overall capture rate, the sectional capture rates are
actually interdependent from each other.

3.6.3 Costing method

Overnight construction and constant discount rate

The ‘overnight-costs’ approach is used in this thesis for estimating CAPEX. This approach
assumes that a plant can be constructed in a single day [112, p. 17], i.e. the construction period
is neglected. Additionally, the discount rate used in the present study is considered constant
over the lifetime of a project. This approach apparently helps simplify an early-stage research-
oriented assessment but is inappropriate for the costing of real projects.

Cost estimation for equipment

Since the geometric results of some components (e.g. heat exchangers, distillation towers, etc.)
in the capture models are to be directly used for the economic analysis, the sizing and rating of
the components must be carried out to determine the actual geometric results. It is worth noting
that each of the block components that appear in the capture models is embodied and analyzed
as one single unit. In other words, the sizes of the equipment in this thesis were estimated
without considering the limitations of the currently available commercial products. As a matter of
fact, the operation of some components in real industrial-scale CO, capture projects have to be
materialized by using multiple parallel units so that commercial equipment is available. For
example, in Fluor’s design [173, 185], two absorbers and one stripper are coupled to deal with a
large flow rate of flue gas.

Costing for membrane
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In the study of Chowdhury [83], the cost of the membrane is comprised of an initial investment
cost of membrane (CAPEX) and a replacement cost (OPEX) equivalent to 25 % of the initial
investment cost. Clearly, this is a different approach to estimating the cost of membrane from
the one used in the present study (see Table 3.9 and Table 3.12). In the approach used in this
thesis, the annualized CAPEX of the membrane is calculated independently of the other
equipment due to the fact that the lifetime of the membrane is shorter than the project lifetime
(see Table 3.14). Therefore, an annuity factor different to the global one should be used to
estimate the annualized CAPEX for the membrane and other components, respectively.

Calculation of the economic metrics for the power and steel plants

It can be seen from Table 3.13 that two different formulas are used for calculating the CO2
avoidance costs for power plants and steel plants, respectively. In spite of being in different
forms, the two formulas are essentially the same and both of them represent the ratio of the
incremental investments to the amount of CO- avoided.

They are presented in different forms because the different products and scenarios are
considered in the two sectors. In a power plant, it is assumed in this study that the carbon
capture unit consumes internally generated power without importing any energy. Therefore, the
net output of the power plant is reduced, and the amounts of CO, avoided equals the amount of
CO- captured. Hence, the CO; avoidance cost should be measured based on the CO; intensity
in order to distinguish it from the capture cost.

In contrast, in a steel plant, external energy is assumed to be available for supporting the
operation of carbon capture units. Consequently, the production rate will not be influenced and
thus the amounts of CO, avoided and captured are different. Hence, both the capture and
avoidance costs of CO; can be calculated using the net total annual cost rather than the product
cost.

Uncertainty of cost estimation

According to AACE international [186] and Towler and Sinnot [177, p. 311], cost estimates can
be classified into 5 levels. The details of the classification are shown in Appendix H (Table H. 1).
The cost estimation for each class corresponds to a level of maturity of the studied process,
increasing from the conceptual design (Class 5) to the final detailed design (Class 1). The
economic evaluation approach in this thesis is in line with the description of Class 4 (preliminary
estimate). Therefore, a rough uncertainty of + 30 % for the cost model used in the present work
is expected. That said, the estimates for certain elements in CAPEX are expected to have
higher accuracy as detailed designs are available.

3.7 Summary

In this chapter, the development of several CO, capture models in Aspen Plus® has been
introduced. In Section 3.1, a ‘closed loop’ MEA model was developed. The specific reboiler
duty of this model has been validated against the experimental results from a pilot-scale plant.
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Section 3.2 demonstrates two membrane-based CO- separation systems, i.e. the single-stage
and the cascaded membrane systems. The mathematics behind the gas permeation module in
ACM is also explained in this section. Section 3.3 displays two types of hybrid MEA/hybrid
capture models. The initial specifications for all the capture models have been provided except
for those that should be decided when the specific boundary condition is specified.

Section 3.4 presents a 4-stage compression train model that is used to simulate the CO;
compression process in the present study. Equal pressure ratios are assumed for all stages and
the method for calculating the pressure ratio is presented.

In Section 3.5, a discounted cash flow approach is developed for the costing of the CO- capture
systems. In essence, the cost analysis for the CO- capture is performed in three steps:

1. Purchased equipment cost
2. CAPEX & OPEX
3. Product cost, CO, capture cost, and CO; avoidance cost

In Section 3.6, the discussions over the newly developed hybrid capture models as well as the
costing method are made. It is found that certain mathematical correlations exist between the
overall CO; capture rates and sectional CO, capture rates in both hybrid systems. Concerning
the costing method, some elements that might cause disagreement with other studies are
mentioned. Moreover, it is predicted that the uncertainty of the cost analysis in the present study
is around * 30 % according to the classification of AACE.
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4 Retrofitting of carbon capture systems into a coal-fired
power plant

The CO; capture models introduced in the last chapter are applied in a reference coal-fired
power plant in this chapter. Section 4.1 presents the modeling process of the reference power
plant as well as the boundary conditions set by the plant for the studied capture systems. Given
the boundary conditions, parametric studies were conducted for the standalone MEA and
membrane-based capture systems, respectively (see Section 4.2, 4.3 and 4.4). The optimized
specifications obtained from the parametric studies for the standalone technologies are also
used for their corresponding parts in the hybrid systems. In Section 4.5, technical evaluations
for the studied capture systems are performed and the results are compared for both full and
part load operations. Section 4.6 discusses the potential for reducing the efficiency penalties
caused by the CO- capture systems by optimizing the heat exchanger network (HEN). The cost
estimates are illustrated in Section 4.7. Finally, discussions regarding the results attained in this
chapter are made in Section 4.8. A brief structure of the workflow for this chapter is displayed in
Figure 4.1.

Model of the reference power plant
(Section 4.1)

Boundary V condition

Parametric study for standalone capture technology

Membrane-based System integration
systems gsﬁ:‘;ftjr; ) of MEA system
(Section 4.2) . (Section 4.4)

Optimized speciﬁcarfons-\l I/- for capture systems

Technical evaluation

Comparison of studied Pinch analysis &
capture systems at full waste heat
& part loads integration
(Section 4.5) (Section 4.6)

N/

Economic evaluation
(Section 4.7)

Figure 4.1 Overview of the workflow for Chapter 4
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4.1 Model of the reference power plant

4.1 Model of the reference power plant

4.1.1 Design basis

A conceptual coal-fired power plant is used as the target for the application of CCS. This
reference power plant represents a generic 600 MW hard coal power plant in North Rhine-
Westphalia, Germany [187]. It was modeled in EBSILON® Professional 13 according to the
provided design parameters. The power plant model can be divided into two parts based on the
types of streams flowing inside: 1) Water-steam cycle, 2) Fuel-flue gas route.

Major technical features of the reference power plant:

e Gross output: 600 MW

e Net output: 555 MW

o Boiler type: tower boiler with vertical piping

e Live steam parameters: 285 bar/600 °C/620 °C
e Condensing pressure: 45 mbar

o Feedwater final temperature: 303.4 °C

Water steam cycle

The layout of the cycle, which is based on a design of SIEMENS AG, is presented in Figure 4.2.
The live steam works sequentially in the high-pressure (HP), intermediate-pressure (MP), and
low-pressure (LP) turbines with reheating after the HP turbine. The feedwater is heated using
extracted steam through a series of preheaters. 8 steam extraction ports exist, which are
connected to feed water preheaters.

Major components:

e Steam generator

e Steam turbines: HP, IP, LP

e Condenser

o Water pump

o Feedwater preheater: 4 LP preheaters, 3 HP preheaters
o Deaerator

e Desuperheater and aftercooler

e Power generator
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Figure 4.2 Plan of the water-steam cycle
The inlet parameters of the steam for each stage of the turbine are summarized in Table 4.1.

Table 4.1 Inlet parameters of turbines and condenser

Component p [bar] T [°C] h [kJ/kg] m [kg/s]
HP turbine 285 600 3461.0 436.03
MP turbine 60 620 3705.8 359.58
LP turbine 5.49 269 2999.8 313.39
Condenser 0.045 Dryness: 0.8952 2303.0 257.52

Fuel/flue gas route

The plan of the fuel-flue gas route is displayed in Figure 4.3. The coal is ground to powders in
the coal mill. The primary air can dry the coal powders and meanwhile deliver them into the
furnace. In addition to the commonly used air preheater, heat from the water-steam cycle is also
utilized to preheat the air. The flue gas leaving the furnace will go through several purification
units before it is emitted from the stack.

Major components:
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e Furnace/combustion chamber
e Coal mill

¢ SCR

e Air preheater

e Electrostatic precipitator

e Fan
e WFGD
Furnace
Air
‘ | preheater
3 Electrostatic Fan
.............. —+ SCR : : precipitator WFGD
Ash j ™ =N
Primary air i ‘
preheater =/
Secondary air Fan

preheater
Figure 4.3 Plan of the fuel-flue gas route

Post-combustion CO; capture models are placed after the WFGD unit and before the stack. It is
postulated that all the purification units plus the scrubbers employed in the capture systems are
able to get rid of all of the acidic gases, such as NOx and SOx. The information of the flue gas
at full load is shown in Table 4.2. The hard coal of “Klein Kopje” is used as the fuel in the
simulation. The elemental analysis of the hard coal can be found in Appendix F.

Table 4.2 Characteristics of the flue gas

Flue gas condition Unit Value
Pressure bar 1.05

Temperature °C 50
Flow rate kmol/h 70670

Gas composition Mole fraction

CO2 mol% 13.5

N2 mol% 70.1

02 mol% 3.7

H20 mol% 11.9

Ar mol% 0.8
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4.1.2 Modeling and validation
Modeling

Given the information summarized in the last section, the power plant model was developed in
EBSILON® Professional 13. The water-steam and fuel-flue gas sections were built up
respectively and then connected. The screenshot of the complete power plant model is
presented in Figure 4.4.

.

& . .|_ . . . " -~

oalaed ol 7

- j‘ Water steam
T cycle

Figure 4.4 Topology of the reference coal-fired power plant model

Two modes exist in the EBSILON® simulation tool: Design mode and Off-Design mode. The
differences between the two modes are as follows:

Design mode: How to build a power plant

e Specifying parameters for components
e Performing calculation in rated condition
e Taking over the nominal values

e Preparing for off-design calculation
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4.1 Model of the reference power plant

Off-Design mode: how to operate a power plant

e Part load operation
e Stodola’s law [188] applies in turbines
e Model run in sub-profiles

Therefore, the power plant model working at full load was first built in the Design mode and
examined under the rated condition. The boiler is embodied in two components in the model:
steam generator and combustion chamber. One logical line connects the two blocks and a
controller is used to transfer the caloric value from the combustion chamber to the water-steam
cycle. Despite this logical connection, a stream of LP steam and a fraction of feed water at the
outlet of the deaerator are designed to preheat the air two air preheaters in addition to the other
two air preheaters using the heat of the flue gas.

As can be seen in Figure 4.4, the three turbines are represented by several turbine blocks. The
division was made according to the actual steam extraction ports as the parameters at those
ports are clear. What should be noted here is that the isentropic efficiencies of the turbines are
not given. Hence, the efficiency of each turbine at full load must be calculated by the target-
oriented method. In other words, once the inlet and outlet parameters of turbines are specified,
the efficiency of each turbine block would be computed automatically to meet the fixed condition.
This method also applies to other components. Then, these calculated results can be used to
validate against the literature.

Validation

To validate the calculated results of the power plant model against the data obtained from the
literature, a comparison is made regarding the electric output and flue gas data (see Table 4.3).
In general, the simulation results agree well with the literature data, especially with respect to
the electric output and coal demand. Comparatively, the simulation results of the flue gas have
larger deviations. Therefore, the literature data is used as the input values for the simulation of
the CO; capture systems.

Table 4.3 Validation of the power plant model

Literature [187] Present study
Gross output [MWe] 600 598
Coal mass flow [kg/s] 48.5 47.97
Heat input by fuel (Qinput) [MWin] 1210 1210
Flue gas
Flue gas flow rate [m3/s] 444 4 461.5
P [bar] 1.05 1.005
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Table 4.3 continued

T[°C] 50 46.5
CO2 [mol %] 135 14.8
02 [mol %] 3.7 25
N2 [mol %] 70.1 71.2
H20 [mol %] 11.9 10.3
Ar [mol %] 0.8 0.85

4.1.3 Power loss and efficiency penalty

Once the CO; capture unit is coupled with the power plant, the efficiency of the power plant will
inevitably be reduced due to the fact that part of the power output is used to support the
operation of the CO, capture unit. What should be emphasized is that the fuel input rate is
assumed to be constant at full load with or without carbon capture in the present thesis. That is
to say, the net output of the reference power plant with carbon capture is lower than without.
Generally, the power loss caused by the CO2 capture system can be classified into 3 parts:

1) Wsteam: power loss due to the extracted steam,
2) We: power consumed by the auxiliary equipment in CO; capture systems,
3) Woeomp: power consumed by the CO, compression train.

The total power loss is the sum of the three parts:
Wtot= Wsteam + We + Wcomp . (41)

As introduced in Section 2.2, Wstean is related to the regeneration energy calculated in the MEA
system and its calculation involves a conversion of thermal energy to electric energy. This
conversion can only be achieved by integrating the MEA system into the water-steam cycle.

The efficiency penalty of the power plant is defined as the efficiency difference between the
efficiency of the power plant with and without CO; capture systems:

AN = Nrer = Noos = Wiot/Qinput - (4.2)

4.2 Parametric study for the MEA system

With the boundary condition set by the reference power plant, parametric studies were first
made to examine the impacts of some important operating parameters on the MEA system.
Some very important parameters including the CO- lean loading, column packing height, and
CO- concentration in the flue gas were close checked so as to understand the characteristic of
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the MEA system and determine the optimal specifications. The initial specifications of the MEA
system have already been summarized in Section 3.1 (see Table 3.1 and Table 3.2).

4.2.1 Influence of the CO: lean loading

One important factor that would affect the energy consumption of the MEA technology is the
CO: lean loading. As introduced in Chapter 1, the CO. lean loading refers to the COzloading in
the initial MEA solvent (see Appendix A). The default value is 0.28 mol CO2/mol MEA. It was
varied from 0.16 to 0.34, with an interval of 0.2, to find out which value leads to the least energy
consumption. In addition to the simulation results, the results calculated by Equation 2.3 are
also plotted on the same figure as a comparison as shown in Figure 4.5.

In general, the equation-based results are in good agreement with the simulation results. It can
also be seen that the manually calculated results according to Equation 2.3 are slightly lower
than the simulation results from Aspen.

12
== Aspen

10

== Equation-based

Specific reboiler duty
[GJ/tco,l
&~ o

0 1 1 1 1 1 1 1 1 J
0.16 0.18 020 022 024 026 028 030 032 034

CO, lean loading [mol CO,/mol MEA]
Figure 4.5 Specific reboiler duty as a function of the CO2 lean loading

In terms of the trend of the curves, the specific regeneration energy drops dramatically as the
CO; loading is increased from 0.16 to 0.26 mol COz/mol MEA. Afterward, the energy
consumption begins to climb slowly as the CO: loading is further increased. Therefore, the
lowest energy consumption occurs at the CO2 loading of 0.26 mol CO2/mol MEA.

It has been introduced in Chapter 2 that the specific reboiler duty is essentially comprised of
three parts: Qsens, Quap,H20, Qabs,co2. In order to figure out the reasons why the curves change in
such a pattern in Figure 4.5, the regeneration energy must be broken down to investigate how
each of the 3 parts changes as a function of the CO: lean loading. Nevertheless, the simulation
results only provide the aggregate specific regeneration energy in the reboiler. Hence, Equation
2.4 to 2.6 are used to break down the aggregate regeneration energy. What should be noted
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here is that only the equation-based calculated regeneration energy is broken down using this
method. However, any conclusions drawn from the equation-based results can be applied to the
simulation results as they have proven to agree well with each other.

It should also be noted that not all variables in Equation 2.4, 2.5 and 2.6 can be directly taken
from the MEA model in Aspen Plus®. Three vital variables, Ahaps coz, Cp, and Ahyaprzo, Need to
be estimated using the regression functions based on experimental results from the literature.
The detailed estimation process is demonstrated in Appendix B. In Figure 4.6, the value of each
contribution to the total regeneration energy is plotted against the CO2 lean loading.
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Figure 4.6 Breakdown of the MEA regeneration energy

It is observed that the heat of CO. absorption (qasscoz) barely changes as the loading is
increased. This proves that the initial CO; loading in the MEA solution has little effect on the
specific regeneration energy. The conclusion corresponds to the fact introduced in Chapter 2
that the heat of absorption of CO: is an innate property of absorption solvents.

Meanwhile, the heat for regenerating stripping steam (qvap,+20) declines dramatically as the CO»
lean loading is increased. Only after the loading value is higher than 0.28 mol CO2/mol MEA has
QuapH20 become relatively stable. To analyze the variation of quapH20, the CO; loading difference
between the rich and lean loadings and flowrate of MEA solution are plotted as a function of the
CO: lean loading in Figure 4.7.

It can be seen that as the lean loading is increased, the CO- loading difference becomes
smaller, which indicates that the specific capacity of the MEA solvent for CO, absorption gets
smaller. This is attributed to the fact that the rich loading is constrained by the stoichiometry of
the reaction 2.a and 2.b. Therefore, increasing the CO; lean loading would result in a decrease
in the loading difference. As a result of the reduced specific CO. absorption capacity, the
flowrate of the MEA solution must be increased to maintain the CO- capture rate.
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Figure 4.7 MEA solvent flowrate and CO:z loading difference as a function of CO: lean loading

It should be kept in mind that qvap,H20 represents the part of the energy that provides the partial
pressure between the CO.-loaded solution and stripping vapor [66]. This partial pressure drives
the CO; in the solution towards the vapor going upwards in the stripper. A higher CO; loading
difference denotes that more CO: needs to be stripped from the CO.-loaded solution.
Consequently, higher energy is consumed in the reboiler to generate more stripping steam. This
conclusion can be substantiated by the boil-up ratio curve plotted in Figure 4.8. It is noticed that
the boil-up curve is similar to the quapH20 curve in Figure 4.6. As a result, quapH20 has greater
values at low CO- lean loadings. After the loading difference is smaller than 0.25 mol CO2/mol
MEA, the change of quap,H20 is negligible.

With respect to the sensible heat (gsen), as shown in Figure 4.6, it first declines as the CO-
loading is varied from 0.16 to 0.24 mol CO2/mol MEA. As mentioned previously, the sensible
heat is to lift the temperature of the CO.-loaded solution entering the stripper (Treeqstip) to the
temperature in the reboiler (Trep).

It can be seen from Figure 4.8 that the inlet temperature increases rapidly as the loading is
changed from 0.16 to 0.24 mol CO2/mol MEA. Moreover, since the temperature in the reboiler is
fixed at 120 °C, the temperature change from the inlet to the reboiler (Treb - Treedstrip) gets smaller
with the increased CO- lean loading. Therefore, at low CO- lean loadings (< 0.24 mol CO2/mol
MEA), gsen drops due to the decreased temperature change.

Afterward, the flowrate of MEA solution increases significantly as shown in Figure 4.7.
Meanwhile, the temperature change basically remains unchanged after the loading is higher
than 0.26 mol CO2/mol MEA. As a result, gsen gets larger in order to deal with the increased
amount of solution. In a word, the temperature is the dominant factor for gse, at low CO: lean
loadings while the dominant factor becomes the flowrate of the MEA solution at high CO; lean
loadings.
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Figure 4.8 Stripper inlet temperature and boil-up ratio as a function of COz2 lean loading

As a result of the respective change of Gsens, Quap,H20, @and Gass,coz over the COz lean loading, the
aggregate regeneration energy are formed as shown in Figure 4.5. The CO- lean loading of
0.26 mol CO2/mol MEA is chosen as the optimal lean loading value for the MEA system.

4.2.2 Influence of the column packing height

This section investigates the influences of the packing heights of the absorber and stripper on
the reboiler duty of the MEA system. For this purpose, the absorber packing height was varied
from 11 to 25 m and the stripper packing height was varied from 2 to 15 m, respectively, both
with a step of 1 m. The specific reboiler duty with the varied packing heights of the absorber and
stripper are shown in Figure 4.9 and Figure 4.10, respectively.

It can be found that increasing the packing heights of both columns results in reducing the
thermal energy consumption. Increasing the packing height of the absorber would make the
energy consumption drop from 5.38 GJ/tcoz at 11 m to 3.76 GJ/tcoz at 25 m. This is because the
mass transfer area between the liquid and gas/vapor would increase as the packing heights
increase in both columns. In other words, the CO; absorption process in the absorber and the
stripping process of CO- in the stripper are enhanced when the packing heights are increased.

However, the packing height is limited by manufacturing ability and costs. Also, it is observed
that the reduction of energy consumption is less obvious very after the absorber packing height
is higher than 19 m. Likewise, after the stripper packing height is higher than 10 m, the energy
consumption basically remains constant. Therefore, it is neither realistic nor economical to
increase the packing heights of both columns to very high values. As of this section, the packing
height of the absorber is maintained at the initial value (20 m) while the packing height of the
stripper is varied from the initial value (15 m) to 10 m, a height that gives the least specific
reboiler duty.
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Figure 4.9 Specific reboiler duty as a function of the absorber packing height
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Figure 4.10 Specific reboiler duty as a function of the absorber packing height
4.2.3 Influence of CO2 concentration in the flue gas

The CO; concentration in the flue gas is investigated for its influence on the reboiler duty. The
input CO2 concentration into the MEA system was varied from 10 to 80 mol %. The absolute
amount of CO; was kept constant, which equals the amount of CO, emission of the reference
power plant. The CO; concentration was changed by varying the total flue gas flow rate. The
resulting flue gas flow rates are presented in Table 4.4.
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Table 4.4 Flue gas flow rate

CO2
concentration 10 20 30 40 50 60 70 80
[mol %]

Flue gas flow
rate 94463 47731 31821 23866 19093 15910 13638 11933
[kmol/h]

The specific reboiler duty as a function of the CO2 concentration is plotted in Figure 4.11. As the
CO, concentration is increased from 10 mol%, a dramatic drop in the specific reboiler duty has
been witnessed. Nonetheless, the reboiler duty basically levels off after the concentration is
beyond 40 mol%.
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Figure 4.11 Specific reboiler duty as a function of the CO2 concentration in the flue gas

In addition, the correlation between the specific reboiler duty and the required flow rate of the
MEA solution is shown in Figure 4.12. Also, the range of CO; concentration is indicated on the
same plot. It is found that there is a linear relationship between the specific reboiler duty and the
required flow rate of the MEA solution. However, note that this relationship exists under the
condition that the amount of CO. dealt with is constant. According to this linear relationship,
lower CO- concentration not only leads to higher specific reboiler duty but also a higher flow rate
of the MEA solution. Consequently, higher electric energy is consumed by pumps in the MEA
system.

Figure 4.12 is very straightforward to show that the decreased values of the MEA solution flow
rate and specific reboiler duty due to the incremental CO, concentration become less and less
as the COz concentration is increased.
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Figure 4.12 Specific reboiler duty as a function of the MEA solution flow rate

4.2.4 Summary

After the parametric study, some operating parameters of the MEA system have been optimized
so that the capture system can run under with a lower specific reboiler duty. The specifications
and results before and after optimization are tabulated in Table 4.5. The MEA system is only
operated under the optimized specifications in the following sections.

Table 4.5 Summary of optimized specifications

Unit Initial Optimized
Absorber height m 20 20
Stripper height m 15 10
CO:z lean loading mol COz2/mol MEA 0.28 0.26
Specific reboiler duty GJ/tcoz 4.00 3.94

In addition, some facts are uncovered:

o Key fact 1: There exists an optimal CO; lean loading that can lead to the least specific
reboiler duty

o Key fact 2: The reduction of the specific reboiler duty of the MEA system is insignificant
when the CO: fraction in the flue gas is higher than 40 mol%.
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4.3 Integration of the MEA system into the water-steam cycle

After the optimization of the specifications of the MEA system, the next question that needs to
be addressed is how to integrate the MEA system into the water-steam cycle of the power plant.
To convert thermal energy consumption to electricity consumption and, subsequently,
investigate the impacts of the addition of the CO. capture unit on the power plant, the
integration of the MEA system into the power plant is indispensable. The general considerations
for the integration of MEA system into a water-steam cycle have been introduced in Chapter 2
(see Section 2.2). Since the integration in the present study is focusing on retrofitting to an
existing power plant, the location of the steam extraction in the water-steam cycle should be
analyzed specifically due to distinct operating conditions and specifications in different cases.

4.3.1 Quality and quantity of extracted steam

To determine the extraction location, the required quality and quantity of the extracted steam for
the MEA system in the present study must be sorted out, respectively.

Quality

The quality of the steam mainly refers to the pressure and temperature of the extracted steam.
In utilizing the extracted steam, heat exchange happens between the steam and MEA solution
in the kettle reboiler. Normally, the steam flows inside the tubes while the MEA solution and
generated vapor flow outside of the tubes. During this process, the temperatures on both sides
are considered to remain constant. To meet this description, all substances in the reboiler are in
their saturated state. In other words, the steam should enter the reboiler in the state of saturated
steam and exit in the state of saturated water. The latent heat of the steam is utilized. Under the
assumption that the temperature difference between the hot and cold sides in the reboiler is
constant at 10 °C, the temperature of the steam can be calculated simply by adding 10 °C to the
reboiler temperature which is initially set at 120 °C. As a result, the temperature of the steam
should be 130 °C. Furthermore, as the steam is in the saturated state, the corresponding
saturation pressure is 2.7 bar according to the water-steam table. When a pressure-drop of 10 %
is considered for the steam transport in the pipeline from the extraction point to the reboiler, the
pressure of the extracted steam should be at least 3 bar.

Quantity

The quantity of steam is related to the MEA regeneration energy demand in the reboiler and the
quality of the steam. Given the optimized specifications of the MEA system and the boundary
condition set by the reference power plant, the regeneration energy is calculated to be
413 MW, for capturing 90 % of CO.. Since the enthalpy of the saturated steam and water at
130 °C can be looked up in the steam table, the mass flow rate of the extracted steam can be
primarily estimated under the assumption that the steam is extracted exactly at 3 bar, 130 °C.
The results are tabulated in Table 4.6.
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Table 4.6 Estimation of the mass flow rate of the extracted steam

Enthalpy of
Qreboiler Enthalpy of saturated Meqm = Qreboiter/ Ah
. saturated steam Ah=h"-h’ [kJ/kg]
[MWin] steam h” [kJ/kg] b [kJ/kg] [ka/s]
413.4 27201 546.4 2173.7 190.2

What should be noted here is that the m2,,,,,0btained above is not the true mass flow rate of
the extracted steam. The true value of mass flow rate can only be calculated after the extraction
location is decided because the true enthalpy of the steam entering the reboiler (hin) is usually a
bit higher than h”. Therefore, the exact value of enthalpy should be precisely predicted using the
power plant model. To determine the true enthalpy, iterative calculations are necessary. The
general sequence of the iterative calculation is presented in Figure 4.13. m%,,,, is used as the
initial input and the tolerance is 0.001.

Initial input:
mosleam = Qyeboiler / (h”-h")

v

Calculate in EBSILON®:
hino

‘I

Calculate:
Msteam = Qreboiler/ (hin - hy)

v

Calculate in EBSILON®:
hin

[hino — hin |[<= 0.001

Results:
Msteam, hin

Figure 4.13 lterative calculation for determining the enthalpy of the steam entering the reboiler
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4.3.2 Determination of steam extraction location

As the power plant model has been built, the potential locations for steam extraction have
manifested themselves. Taking a closer look at the steam turbines, we can find that there are 11
possible choices, whose locations and parameters are displayed in Figure 4.14 and Table 4.7,
respectively. Of the 11 possible choices, 3 of them are extracting steam from the connecting
pipes between turbines (HP, IP, and LP). The rest are using the existing extraction ports leading
to the feedwater preheaters.

IP
4 6 HP Steam LP
steam steam
Steam
generator

HPT IPT

B A C DE

Figure 4.14 Existing steam extraction ports on turbines

Based on the temperature requirement discussed in the last section, all locations but G and H
are suitable. In principle, the temperature should be as close to 130 °C as possible so that less
energy loss is entailed. Therefore, location E, LP, and F fit better than others. Furthermore,
locations E and F are ruled out considering the required mass flow rate of steam (193 kg/s). It
can be seen from Table 4.7 that the designed mass flow rates at port E and F are much less
than the required value. In other words, the existing pipes at the two ports would not permeate
considerably increased mass flow rate. Hence, the LP steam, i.e. the IP/LP crossover pipe is
the only feasible option for the present study.

Table 4.7 Parameters of possible steam extraction ports

HP A B P c D E LP F G H
Pr?;:r‘]”e 2850 885 640 600 260 125 555 55 35 11 02
.
em[’oecrf‘t”re 600.0 4062 360.4 6200 4823 3733 269.4 2694 2222 1139 626
Flowrate

43 23 50 360 19 19 10 313 23 22 12
[kg/s]
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4.3.3 Implementation of integration

The schematic configuration of the integration is displayed in Figure 4.15. Steam is extracted at
the IP/LP crossover pipe and directed to the reboiler. The condensate of the reboiler is sent
back to the deaerator to keep the mass balance of water in the water-steam cycle. The detailed
simulated integration in EBSILON® can be found in Appendix E (see Figure E. 4), in which an
energy consumer represents the reboiler.
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Figure 4.15 Integration of the MEA system into the reference power plant

It can be found in Table 4.7 that the temperature of the steam at the crossover pipe (269.4 °C)
is higher than 130 °C, being far off the designed operating condition in the reboiler. Therefore, in
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order to avoid potential fouling of the reboiler, a heat exchanger is installed to desuperheat the
extracted steam the condensate of the reboiler is used as the coolant. In doing so, the demand
for the amount of extracted steam to the deaerator is reduced due to the elevated temperature
of the condensate from the reboiler.

Pressure control measures

Note that the nominal pressure at the IP/LP crossover pipe of the reference power plant is 5.5
bar, which is higher than the required pressure of the extracted steam. Moreover, it can be
inferred that the pressure at the extraction point will drop according to Stodola’s law [188] after a
certain amount of steam is extracted. Therefore, in EBSILON®, the integrated system must be
simulated in the off-design mode so that the change of pressure can be realized via simulation.

It can also be predicted that 3 situations are likely to happen after the steam extraction:

1) The pressure drops exactly to the target value (3 bar);
2) The pressure at the extraction point is still higher than the target value;
3) the pressure at the extraction point drops to below the target value.

Out of question, the first case would be the best situation wherein no extra pressure control
measures need to be taken. For the second and third cases, extra pressure control measures
are necessary. In order to cope with variable amounts of extracted steam, two pressure control
components are used, i.e. a throttle and a pressure control valve (PCV) according to the lesson
learned in Chapter 2. The throttle is placed on the pipe leading from the extraction point to the
reboiler while the control valve is put between the extraction point and the inlet of LPT. Their
placements are also displayed in Figure 4.15

The throttle is used to handle the second situation, i.e. it can throttle the pressure at the
extraction port, when the pressure is higher than the target value, down to the required pressure.
As discussed in Chapter 2, two options concerning the operation researchers of the pressure
control valve are commonly used [65, 66]:

e Scenario 1: the pressure control valve is activated only when the pressure at the
extraction point drops to below the target value. In this case, the pressure at the
extraction point would be maintained exactly at the required pressure and thus the
throttle does not need to function. In other words, the pressure at the extraction point is
allowed to float between 5.5 bar and the required pressure of the extracted steam.

e Scenario 2: the pressure control valve is adjusted to maintain the pressure of the
extraction point at the nominal pressure (5.5 bar), regardless of how much steam is
extracted. Thus, the throttle is always activated to decrease the pressure of the
extracted steam.

Using the calculation method introduced above, the actual required mass flow rate of the
extracted steam for supporting the MEA system is calculated to be 188.8 kg/s. Given this
amount of steam, it turns out that the pressure at the IP/LP crossover pipe would decline to

81



4.3 Integration of the MEA system into the water-steam cycle

1.83 bar. Therefore, the pressure control valve needs to be operated to lift the pressure in either
scenario. The efficiency penalties caused by the two pressure control scenarios were calculated
using Equations 4.1 and 4.2 and the results are displayed in Table 4.8.

Table 4.8 Comparison of two pressure control scenarios

Unit w/o MEA Scenario 1 Scenario 2
Net output MWe 555 477.8 452.7
Efficiency penalty of %-pts / 10.9 12.9
the power plant
Specific enthalpy at kJ/kg 2997.6 2869.7 2995.8
extraction point
Temperature at °C 268.3 201.8 267.5

extraction point

It is apparent that scenario 1 causes less efficiency penalty than scenario 2. 25.1 MW, is
recovered by allowing for a floating backpressure of the IP turbine. Additionally, it is also found
that scenario 1 will lead to a greater change of operating parameters at the IP/LP crossover pipe.
Hence, in actual operation, the last few stages of blades in the IP turbine must be designed to
stand the varied backpressure and temperature. Since the present study is conducted only from
a perspective of energy consumption, scenario 1 is chosen as the pressure control strategy in
this thesis.

4.3.4 Impacts of the integration on the steam turbines

Since it is already revealed that, as shown in Table 4.8, scenario 1 of the pressure control
causes changes in operating parameters at the IP/LP crossover pipe. It is of great significance
to see, consequently, what impacts on the operation of turbines would be.

The enthalpy-entropy (h-s) diagrams of steam flowing through the 3 stages of turbines are
investigated. Figure 4.16 demonstrates the h-s diagram of the steam in the base case, without
the MEA system. The black curves ‘HP Inlet-B’, ‘IP Inlet-E’, and ‘E-LP Exit’ stand for the h-s
curves of the steam in the HP, IP, and LP turbines, respectively. The vertical distance of each
curve equals the specific enthalpy change. The break between the points B and IP Inlet is
caused by the reheating. The parameters of the steam in the IP and LP turbines are continuous.
The point E is the boundary between the medium and low-pressure turbines with a nominal
pressure of 5.5 bar. This is where steam is designed to be extracted in the present work.
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Figure 4.16 h-s diagram of steam without the MEA system

The h-s diagram of steam with the addition of the MEA system is plotted in Figure 4.17. The red
curves stand for the h-s diagram of the steam after the MEA is integrated. Due to the fact that
the steam extraction is conducted between the IP and LP turbines, the HP curves of the cases
with and without MEA overlap each other. The control valve is operated to keep the pressure at
3 bar. As a result, the outlet pressure of the IP turbine drops from 5.5 to 3 bar.

Notably, the condensing pressure barely changes before and after the MEA system is
integrated. Consequently, a power shift occurs between the IP and LP turbines, i.e. more power
is generated in the IP turbine while less power generated in the LP turbine as indicated in Figure
4.17. It can be reasoned that the power loss in the LP turbine is comprised of two parts: 1)
decreased mass flow rate of steam; 2) decreased specific enthalpy change. Essentially, the LP
turbine will be working at part load when the MEA system is in operation. In the IP turbine, the
mass flow rate of the steam remains constant whereas the steam expands more than in the
base case owing to the decreased backpressure. This denotes that the volume of the steam at
the last few stages of blades in the IP turbine will expand more than it is designed to.

Also, there is found to be a break of the red curve, namely a horizontal shift from the black curve
to the red curve. This is caused by the addition of the pressure control valve. To investigate the
consequences of this break, a blue curve representing the case in which the MEA system is
integrated without activating the pressure control valve is plotted in Figure 4.18. This blue curve
is plotted to compare with the case in which pressure control valve is used. In fact, it is
impossible to get the steam with the required quality without using the pressure control valve.
Hence, this plot is only to elucidate the impacts of the control valve.
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Figure 4.17 h-s diagram of steam with and without the MEA system
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Figure 4.18 h-s diagram of steam with and without pressure control valve

As discussed above, the HP turbine is not influenced by steam extraction. Hence, Figure 4.18
zooms in on Figure 4.17 to take a closer look at the two curves after the break. As can be seen,
both curves end at the same isobar line. However, the red curve stops at a point with a higher
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enthalpy value. Therefore, a throttling loss, denoted by the vertical distance between G and H,
is caused by activating the pressure control valve.

4.3.5 Impacts of the reboiler temperature

Several operating parameters have been optimized via the parametric study. Another factor that
would influence the energy consumption of the MEA system is the reboiler temperature. This
parameter determines the approach for the integration of the MEA system and thus relates the
thermal regeneration energy to the electric energy demand. Owing to this fact, this parameter
has direct impacts on both the MEA system and the power plant.

In this section, the temperature was varied from 95 to 130 °C with a step of 5 °C to investigate
how the reboiler temperature would influence the regeneration energy. Furthermore, due to the
fact that the reboiler temperature directly influences the quality and quantity of the extracted
steam and consequently determines the efficiency penalty caused by the CO, capture unit, the
efficiency penalty is also plotted over the temperature range for evaluation. The results are
displayed in Figure 4.19.
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Figure 4.19 Specific regeneration energy and efficiency penalty as a function of the reboiler temperature

Figure 4.19 indicates that the specific reboiler duty of the MEA system descends all the way
down as the temperature rises. There is a similar decreasing tendency for the curve of the
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4.3 Integration of the MEA system into the water-steam cycle

efficiency penalty in the temperature range between 95 and 120 °C. After the temperature is
higher than 120 °C, the efficiency penalty climbs up slowly with the increased temperature. The
lowest efficiency penalty is observed at 120 °C. It is evident that lower regeneration energy does
not guarantee a lower efficiency penalty on the power plant posed by the MEA system.

As discussed in Section 4.2, the steam entering the reboiler is in saturation state and 10 °C
higher than the reboiler temperature. Figure 4.20 demonstrates how the required pressure and
the enthalpy of the steam vary as the reboiler temperature increases. It is revealed that the
quality of the required steam keeps increasing over the reboiler temperature.
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Figure 4.20 Pressure and enthalpy of steam at the steam extraction port

As mentioned above, the regeneration energy decreases with the increased temperature. This
implies that the required quantity of the extracted steam would decrease accordingly, which is
the dominant factor that drives the efficiency penalty to go down until 120 °C. Meanwhile, the
required quality of the extracted steam rises over the temperature, too. Therefore, the efficiency
penalty curve starts to ascend after the reboiler temperature surpasses 120 °C. In conclusion, a
trade-off between the quality and quantity of the extracted steam is witnessed when the reboiler
temperature is varied. This results in an optimal operating reboiler temperature for the MEA
system in this study, namely 120 °C.

Oexmann.J [66] defined an ‘open valve operation’ line in his study for the steam extraction
dependent on the reboiler temperature and net efficiency of the power plant. This is very
important information for the power plant operation. Therefore, a similar operation line is plotted
for the present study as shown in Figure 4.21. This graph is plotted as the mass flow rate of the
extracted steam against the reboiler temperature. The required flowrate of steam at each
reboiler temperature is shown as a red dot. In addition, a so-called ‘Open valve’ operating line is
added (see Figure 4.21). Any point landing on the bold black line indicates the amount of the
steam extracted that would cause the pressure at the IP/LP crossover pipe to drop exactly to
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the required pressure. Below this line is the throttle in operation while the pressure control valve
must be used in the area above the line. This graph provides direct messages concerning the
operation of the pressure control components as long as the reboiler temperature and mass
flow rate of the extracted steam are given. The actual mass flow rates of the extracted steam
corresponding to the reboiler temperature are plotted as red dots on the graph. Apparently, for
the present study, the pressure control valve should be activated for all the reboiler
temperatures.
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Figure 4.21 Mass flow rate of the extracted steam as a function of the reboiler duty

4.3.6 Summary

Through the analyses for the potential steam extraction points in the water-steam cycle, it is
found that the IP/LP crossover pipe is the best location, which is in line with many other studies
[37, 66, 94]. In order to obtain the steam with required quality, additional pressure control
components must be installed. Moreover, the influences of the integration of the MEA system
into the water-steam cycle have been examined. The key findings are summarized as follows:

o Key fact 3: A pressure control scenario that allows for a floating backpressure of the IP
turbine is more energy-efficient than the fixed pressure scenario.

o Key fact 4: A steam extraction with a floating pressure of the IP/LP crossover pipe would
result in a power generation shift between the IP and LP turbines.

o Key fact 5. There exists an optimal reboiler temperature (or temperature window) that leads
to the minimum efficiency penalty caused by the MEA system, which is 120 °C in the
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present study. In other words, a low specific reboiler duty does not necessarily lead to a low
efficiency penalty.

4.4 Parametric study for membrane-based separation system

A parametric study was done for the single-stage (see Figure 3.6) and cascaded membrane
systems (see Figure 3.7) in order to determine the optimum specifications not only for the
standalone membrane-based systems but also for the membrane sections in the hybrid systems.
Three factors: temperature of the inlet gas, CO, capture rate, and H.O content, were tested in
the parametric study in order to better understand the characteristics of the Polyactive®
membrane.

4.41 Influence of the operating temperature on the cascaded membrane
system

As presented in Table 3.6, the characteristic data of the Polyactive® membrane at three
temperature points are available. Clearly, the permeances and selectivities are distinct under
different temperatures. Hence, it is necessary to test which temperature is optimal for CO-
separation. A parametric study was thus conducted by running the cascaded membrane
separation model at 25, 30, and 50 °C, respectively. Figure 4.22 displays the efficiency
penalties caused by the implementation of the cascaded membrane separation system at three
temperature points (indicated by the striped columns). The penalties caused by the
compression train (indicated in red) are added on top of them. During the simulation, it was
found that a simultaneous CO- capture rate of 90% and CO- purity of 95 mol% is impossible to
be reached at 50 °C.
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Figure 4.22 Efficiency penalties caused by the cascaded membrane system (incl. compression)
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Apparently, the separation is constrained by the inherent features of the membrane material at
this temperature. As a result, the target purity of CO, had to be lowered to 90 mol%, in this case,
to attain the simulation converge. However, despite the different CO, purity in the 50 °C case,
the CO; purities in all three cases after compression are higher than 95 mol%, meeting the
requirement for CO- transport. Additionally, it is revealed that the efficiency penalty caused by
the CO2 compression barely changes much with the temperature whereas efficiency penalty
caused by the capture system ascends from 9.05 to 17.15 %-pts as the temperature increases.

On the contrary, the required membrane area decreases from 0.45 to 0.31 million m2. This is
because that the permeance of CO; has a higher value at a higher temperature (see Table 3.6).
Therefore, the required membrane area drops as the temperature is increased. Meanwhile, due
to the fact that the selectivity of CO2/N. will drop when the temperature increases, more energy
must be consumed to yield the target CO: purity. In a word, there is a trade-off between the
required membrane area and energy consumption when the temperature is varied. As we seek
to minimize the energy demand, 25 °C is selected as the optimal temperature for the operation
of the gas permeation membrane.

4.4.2 Influence of the CO2 concentration in the flue gas on the cascaded
membrane system

The inlet CO2 concentration was changed from 10 to 50 mol % to examine how the electricity
demand changes as a function of the varied CO2 concentration. The result is depicted in Figure
4.23.
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Figure 4.23 Influence of the CO2 concentration in the flue gas

It can be seen from Figure 4.23 that the electricity demand of the cascaded membrane system
rises dramatically when the inlet CO2 concentration is below 20 mol%. Apparently, the slope of
the curve becomes steeper as the concentration value decreases. Therefore, a low CO:;
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concentration is definitely not desirable. It should be noted that the inlet CO- concentration is
only increased to 50 mol % because at this point the first stage membrane module of the
cascaded membrane system can already yield the required CO2-enriched stream (90 % capture
rate and 95 % purity) as shown by the red curve in Figure 4.23. Further increase in the
concentration is meaningless for the cascaded membrane system.

4.4.3 Influence of the CO: capture rate on the single-stage membrane
system

Note that, in the two hybrid systems developed in the present study, the MEA technology deals
either with the permeate gas from the membrane section in the Hybrid D1 model (see Figure 3.8)
or with the retentate gas from the membrane section in the Hybrid D2 model (see Figure 3.9). In
either case, it is of great importance to figure out how the CO- concentrations vary in the
permeate and retentate gases when different capture rates are imposed on the membrane.
Therefore, the CO: capture rate for the single-stage membrane was varied from 10 to 95 % to
investigate the influences on the CO fraction in the permeate gas and required membrane area.

In Figure 4.24, the blue and the red curves demonstrate how the CO: fraction in the permeate
and retentate gas streams change with the varied capture rate, respectively. In addition, the
required membrane area for each capture rate is plotted in as a green curve. It can be observed
that the membrane area rises exponentially to allow more CO. to permeate through the
membrane.
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Figure 4.24 CO:2 concentration in the permeate and retentate gases and required membrane
area as a function of the CO2 capture rate

In both gas streams, the CO; fractions drop as the capture rate is increased. Nonetheless, the
causes are different. As the capture rate increases, a larger membrane area is required so that
more CO, goes through the membrane into the permeate gas. In the meantime, increasing
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amounts of other gas components permeate through the membrane, too. As a result, the CO;
fraction in the permeate gas is diluted although the absolute amount of CO; on permeate side is
rising. On the contrary, the decrease of the CO. concentration in the retentate gas is directly
attributed to the reduced amount of CO; on the retentate side. It is notable that the CO- fraction
in the permeate gas is above 40 mol% over the whole range of varied capture rate. Influence of
H20 content on the single-stage membrane system

The dehydration unit prior to the membrane unit is set by default to remove 2/3 of the total H.O
from the flue gas in all membrane-based capture models. In doing so, energy consumed by
compressors and pumps would decrease. On the other hand, according to Table 3.6, H.O has a
higher permeance than CO- on Polyactive® membrane. So, it is of great interest to investigate
how the H>O content would affect the CO, separation. The H.O removal ratio was varied from 0
to 90 %. The CO; capture rate was fixed at 90 %. The required membrane area and specific
energy consumption of vacuum pumps are plotted against the removal ratio of H-O in Figure
4.25.

As can be seen in Figure 4.25, as the removal ratio of H2O content is increased, less energy is
consumed to create a vacuum. Furthermore, it is found that a larger membrane area is required
to capture CO2 when less H.O exists inside the membrane unit, This denotes that the existence
of H.O enhances the transport of CO, through membranes, which is considered due to the
‘sweep effect’ by Low et al. [32]. This ‘sweep effect’, as displayed in Figure 4.26, leads to the
decreased CO: fraction in the permeate gas as less water is removed, accompanied by the
increased H,O fraction. The Equation 3.5 clearly illuminates how the CO, fraction in the
permeate gas would affect the required membrane area. As the CO, fraction increases, the
driving force Pin * Ycozet — Pper * Ycoz,per beCOMes greater, resulting in a smaller membrane area
as shown above under the condition that the amount captured CO: is constant.
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Figure 4.25 Membrane area and CO:2 purity in the permeate gas as a function of the H20 removal ratio
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Figure 4.26 CO2 and H20 fractions in the permeates as a function of H20 removal ratio

In conclusion, a higher removal ratio of H:O can reduce energy consumed by pressure-
changing equipment as less water vapor needs to be compressed. On the other hand, a lower
removal ratio leads to a smaller membrane area to separate the same amount of CO; in that the
existence of H.O assists in increasing the driving force for CO, permeation. However, the
existence of H20 will also cause the CO: fraction in the permeate gas to decrease.

4.4.4 Summary

A series of parametric studies were performed on the cascaded or single-stage membrane
separation systems. As a result, some key facts have been disclosed:

o Key fact 6: The cascaded membrane system gives a better performance at a lower
temperature in terms of energy consumption

o Key fact 7: For the single-stage membrane system, the CO: fraction in the permeate gas is
always higher than 40 mol% when the capture rate is varied between 10 and 95 %.

o Key fact 8: A higher content of H-O in the flue gas is beneficial to CO- transport through the
membrane. However, the enhanced CO; transport comes at the cost of a lower CO; purity in
the permeate gas and higher energy consumption.

4.5 Technical evaluation of the studied carbon capture systems
4.5.1 Specifications for hybrid models

Parametric studies have been performed for the standalone membrane and MEA technologies
to optimize the operating conditions for them. However, no parametric studies were particularly
conducted for the two hybrid systems developed in this thesis. It is assumed that the optimal
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specification obtained for each standalone capture system through parametric studies is also
the optimal specification for the corresponding section of each standalone capture system in the
hybrid systems. The ground for such an assumption is that the hybrid models are essentially
comprised of a MEA system and a gas permeation membrane system (single-stage or
cascaded). On account of this fact, the membrane or MEA section in the hybrid systems are
configured with the same optimized specifications used for the standalone carbon capture
technologies. In doing so, repetitive simulation can be avoided. However, how to distribute the
CO; capture task between the membrane and MEA sections inside the two hybrid models still
need to be further analyzed.

With respect to the Hybrid D1 system, according to the Equation 3.14 (see Section 3.6), the
capture rate of each section should be higher than 90 % so that an overall capture rate of 90 %
can be achieved. In this study, a capture rate of 95 % is given to each section in the Hybrid D1
system so that a total capture rate of 90 % can be achieved.

Regarding the model Hybrid D2, Equation 3.18 is used to determine the two sections’ respective
capture rates. It is found that the distribution is mostly decided by the capture rate of the first-
stage membrane. It is already known that the reboiler duty of the MEA system will increase
dramatically when the CO2 concentration is less than 20 mol% (see Figure 4.11). Hence, it is
better to select a capture rate for the first-stage membrane which can lead to a CO- fraction
being above 20 mol% in the retentate gas. Nevertheless, as indicated in Figure 4.24, the CO;
fraction in the retentate gas can never reach 20 mol%. Particularly, the CO: fraction in the
retentate gas will drop to below 10 mol% when the capture rate surpasses 30 %, as a result of
which, the specific reboiler duty will increase considerably (see Figure 4.11). Based on this trait
of the Polyactive® membrane, the first-stage membrane module is given a capture rate of 30 %.
In the meantime, the second-stage membrane module is configured to guarantee a desired CO-
purity (95 mol%) in the final permeate gas. The rest of the CO- is dealt with by the MEA section
in the Hybrid D2 system. In the end, an overall capture rate of 90 % is achieved.

Based on the derived formulas for the calculation of the CO, capture rates for the hybrid
systems (see Equation 3.14 and 3.18) in Chapter 3, the distribution of the CO. capture
responsibility between the membrane and MEA sections inside the two hybrid systems is
tabulated in Table 4.9.

Table 4.9 Summary of the CO2 capture rate distribution inside the hybrid capture systems

Capture

system Hybrid D1 Hybrid D2
CCRut =
CCRut =
CCRumem | CCRuea CCRmem | CCRueA | CCRumom + CCRMEA
CCRuem X CCRuex
- CCRumem X CCRuen
Capture rate 95 95 90 275 86 90

[%]
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4.5.2 Comparison of the studied carbon capture systems

A selection of important simulation results for the four analyzed capture models is demonstrated
in Table 4.10 for comparison. For all the capture systems, 90 % of the CO in the flue gas are
captured, which is equivalent to 378 tco»/h captured.

Table 4.10 Technical results for the carbon capture systems

Capture model

Parameter Unit

Cascaded MEA Hybrid D1 Hybrid D2
membrane
Capture rate % 90 90 90 90
Auxiliary power MWe 1121 1.1 63.4 26.2
oz MWe 44.9 36.8 36.9 37.8
compression
Auxili
wnary GJih 168.5 / / 3.2
thermal energy
Reboiler duty MWih 413.4 402.4 289.2
Mass flow of
steam for kgls / 188.8 183.5 132.1
reboiler
Specific reboller ¢ i, / 3.94 3.82 3.98
duty
Specific
electricity MWhe/tcoz 0.42 0.35 0.5 0.31
demand
Membrane area 108 m? 0.45 / 4.2 0.34
Absorber m / 16 12 14
diameter
Stripper m / 12 12 10
diameter
Pressure of bar 1 18 18 18
outlet flow
Temperature of o 25 40 40 40

outlet flow
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It is found that the cascaded membrane system is mostly in need of electric energy while the
MEA system requires the least electric energy for auxiliary equipment. Of the three models that
have the MEA technology as an integral part, the steam demand of the Hybrid D2 system ranks
the lowest as the capture task is partly undertaken by the membrane section. Due to this fact,
the pressure control valve does not need to be activated for steam extraction, avoiding extra
power loss over the valve (see Section 4.3.4). Although the Hybrid D1 system has the lowest
specific reboiler duty, the membrane area required by this system is much larger than other
systems.

The efficiency penalties caused by the four capture systems are compared as well (see Figure
4.27). Note that the energy consumption of the compression process has also been included. It
is apparent that the Hybrid D1 system causes the highest efficiency penalty (15 %-pts). The
system causing the second highest penalty is the cascaded membrane system, which leads to a
penalty of 13 %-pts. In contrast to the Hybrid D1 system, the Hybrid D2 system results in the
least efficiency penalty (9.7%-pts), lower than that of the standalone MEA system (10.9 %-pts)
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Figure 4.27 Comparison of efficiency penalties between different capture models

With the capture rate fixed at 90 %, the cascaded membrane system turns out consuming more
energy than the MEA technology. This is mainly because of the large energy consumption
demanded by the compressors in this system. However, the required membrane area is much
reduced even compared to the case study for the cascaded membrane system with a 70 %
capture rate by Zhao et al. [31]

It should be noted that the cascaded membrane system also requires thermal energy for the
inter-heating in the turbo-expanders (see Table 4.10). However, the thermal energy demand
seems to not draw any attention in some studies wherein the turbo-expanders are also used [31,
32]. Also, in the present study, the efficiency penalty caused by the thermal energy demand in
the cascaded membrane has not been taken into account. Therefore, this issue will be
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addressed next to figure out how impactful the thermal energy demand in the cascaded
membrane system can be.

Like providing the steam for the MEA system, steam is extracted from steam turbines and
delivered to the cascaded membrane system. Considering the fact that the outlet temperature of
the inter-heater for the turbo-expander is set at 80 °C, the point G on the turbines is the best
option (see Table 4.7). According to the calculation, 21 kg/s of steam needs to be extracted
from this location to provide a heating demand of 168.5 GJ/h (see Table 4.10). As a result, an
additional power drop of 10 MW, was witnessed and, consequently, the efficiency penalty
caused by the cascaded membrane system rises from 13 to 13.8 %-pts.

o Key fact 9: The thermal energy demand for the inter-heating in the cascaded membrane
system has a pronounced impact on the efficiency penalty and therefore cannot be
neglected.

4.5.3 Part load behavior

The efficiency penalties caused by the CO, capture systems at full load have been shown in the
last section. In this section, the part load behaviors of the reference power plant with the CO-
capture systems are to be investigated. To carry out this research, the complete power plant
model including the flue gas path and the water-steam cycle introduced in the previous section
was used. The sliding-pressure control was used for the part load operation of the reference
power plant. Since the Hybrid D1 system causes a far higher efficiency penalty than the other
capture systems, it is excluded for the part-load investigation.

In EBSILON®, a controller was used to vary the load from 100 to 40 % of nominal gross output.
As mentioned above, the simulation of the part load operation was run in the off-design model.
According to the calculated results, the input heat value in the combustion chamber changes to
match the output of the steam turbine as the load is varied. In principle, the change of the load
would lead to an unstable state of coal combustion. Also, the pressure of the live steam drops
as the load is decreased in the sliding pressure operation. Consequently, the efficiency of the
power plant decreases as the load is reduced. The values of the input heat and efficiency are
shown in Table 4.11. What should be noted here is that the capture rates for all capture systems
were still fixed at 90 %.

Table 4.11 Input heat values and the efficiencies of the power plant at different loads

Load (%) 40 50 60 70 80 90 100
Heat value (MWin) 516 635 751 867 982 1098 1210
Efficiency (%) 42.0 43.3 44.2 44.8 45.3 45.6 45.9
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By changing the output of the power plant model, simulation results regarding the properties of
the flue gases at different loads were. However, the simulation results at part loads cannot be
validated because the reference data of the power plant in literature is only provided for full load
operation by literature [187]. Hence, to get a more accurate prediction, the simulation results of
the flue gas at different loads were not directly used for the capture systems in Aspen®. Instead,
they were used to build up the correlations between the parameters at the part and full loads.
For this purpose, they were first normalized with the simulation results at full load as a baseline
to generate the characteristic values for the relevant parameters at different loads. In doing so,
characteristic curves for parameters can be plotted, which represent predictive models for
calculating parameters at part loads based on the full load data.

Taking the CO2 concentration in the flue gas, for instance, its characteristic curve is shown in
Figure 4.28. Given the characteristic, the CO. concentrations at different loads were calculated
by multiplying the reference data from literature (see Table 4.3) by the normalized value on the
characteristic curve. As a result, the CO, concentrations in the flue gas under different loads are
derived based on the given reference data (see Figure 4.29).
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Figure 4.28 Normalized values of CO2 concentration in the flue gas at different loads

Normalized characteristic value

It can be seen from Figure 4.29 that the CO; fraction drops from 13.5 to 11.4 mol % as the load
is reduced from 100 to 40 %. This is because the excess air ratio is increased to offset the
decreased combustion efficiency as the load is reduced. As a result, the CO fraction is diluted
by additional air in the flue gas.

The same approach was used for other gas components as well as the flow rate of the flue gas
under different loads. In particular, owing to the decreased input heat value in the combustion
chamber, the flue gas flow rate becomes smaller with as the load is reduced (see Figure 4.30).
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Figure 4.29 CO:2 concentration as a function of the load of the reference power plant
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Figure 4.30 Flue gas flow rate as a function of the load of the reference power plant

In Figure 4.31, the efficiencies of the power plant equipped with the cascaded membrane, MEA,
and Hybrid D2 systems are plotted, respectively, against the varied load. The efficiency without
CO, capture is also added as a reference case. It is clear that the efficiencies in all the cases
decline with similar slopes as the load is reduced from 100 to 40 %. Of the three capture
systems, power plant with the Hybrid D2 system has shown the highest efficiency at each load

although it is only marginally higher than in the case of the MEA system.
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Figure 4.31 Efficiency of the power plant as a function of load

The efficiency penalties caused by the three capture systems are displayed in Figure 4.32.
Apparently, the penalties entailed by all the capture systems become greater as the load
decreases. In addition, it is found that the ranking of the capture systems concerning the
efficiency penalties does not change over the varied load. That is to say, the Hybrid D2 system
causes the least efficiency penalty than the other two systems over the entire range of load.
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Figure 4.32 Efficiency penalties caused by the CO: capture systems as a function of load

In comparison to the MEA and Hyrbid D2 systems, the cascaded membrane system leads to
the highest penalty at each load. The penalty caused by the cascaded membrane system jumps
from 12.8 to 15.8 %-pts when the load drops to 40 %. In comparison, neither of the efficiency
penalties caused by the MEA and Hybrid D2 systems surpasses 13 %-pts at the load of 40 %. It
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is also observed that the difference between the penalties caused by the MEA and Hybrid D2
systems becomes smaller as the load decreases.

o Key fact 10: Greater efficiency penalty is witnessed when the carbon capture system is
operated at part load.

4.6 Pinch analysis and waste heat integration

In this section, the pinch analysis [189], with the assistance of the Aspen Energy Analyzer
(AEA), is performed to utilize the waste heat exhausted from the capture systems and optimize
the heat exchanger network (HEN) in an attempt to decrease the efficiency penalties.

4.6.1 Analysis of the potential for waste heat integration

First, the potential for utilizing the waste heat from the cascaded membrane, MEA, Hybrid D1,
and Hybrid D2 systems are examined, respectively. The properties of the process streams in
the capture systems in Aspen Plus® can be directly transferred to AEA. The composite curves of
the four capture models are plotted in Figure 4.33, Figure 4.34, Figure 4.35, and Figure 4.36,
respectively. In these plots, the red curves stand for the hot streams which exhaust heat while
the blue curves stand for the cold streams which require heating. The minimum temperature
difference for heat exchange is assumed to be 10 °C. In the following sections, the respective
potential for waste heat

Potential of the cascaded membrane system

It has discussed in Section 4.5.2 that the cascaded membrane system also requires external
thermal energy input. According to the analysis in Section 4.5.2, an additional efficiency penalty
of 0.8 %-pts is caused by the thermal energy demand. Nevertheless, according to the pinch
analysis for the cascaded membrane system (see Figure 4.33), the capture system ideally does
not need any heating utility while discharges 613 GJ/h waste heat to the cooling system. This
means that the waste heat generated within the system is sufficient to provide for its own
thermal energy demand.

According to the optimized HEN design for the cascaded membrane system in AEA (see Figure
G. 1 in Appendix G), 168.6 GJ/h of the waste heat generated from the compressors and
vacuum pumps can be used to accomplish the inter-heating task for the turbo-expanders. Thus,
no steam is necessary to be imported. Nonetheless, the saving of the heating comes at the cost
of an increased area of heat exchanger. As a result of the HEN optimization, the total area of
heat exchangers in the cascaded membrane system has increased from 0.25 to 0.31 million m2.
In spite of the reduced energy consumption, the increased capital cost must be taken into
account for cost estimation. This modification also applies to the membrane section in the
Hybrid D2 model.
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4 Retrofitting of carbon capture systems into a coal-fired power plant

o Key fact 11: With waste heat integration, the cascaded membrane system is in no need of
external steam.
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Figure 4.33 Composite curves of the cascaded membrane system

Potential of the MEA system

The composite curves for the pinch analysis of the MEA system are shown in Figure 4.34. It is
revealed by the energy target of pinch analysis that no heat exchange can occur between the
process streams due to the fact the cold composite curve has a higher average temperature
than the hot stream composite curve. As discussed in the previous sections, the heating utility
comes from the extracted steam and a cooling utility of 1706 GJ/h is required.

Potential of the Hybrid D1 system

Since the Hybrid D1 causes the highest efficiency penalty, it is very interesting to check the
energy-saving potential for this system by heat integration. Figure 4.35 shows that an area
exists wherein part of the hot stream composite curve has higher temperature than the cold
stream curve. Nevertheless, only very little amount of waste can be utilized above 120 °C owing
to the negligible enthalpy change in the temperature window.

Potential of the Hybrid D2 system

Similarly, as shown in Figure 4.36, the Hybrid D2 system discharges 1538 GJ/h waste heat but
little of them can be utilized inside the capture system itself due to the restriction of the
temperature.

Apparently, the four capture systems except the cascaded membrane system have little
potential for waste heat integration internally. Consequently, a considerable amount of waste
heat is discharged from them as well as the CO. compression trains. The amount of waste heat
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4.6 Pinch analysis and waste heat integration

from the capture systems and corresponding compression trains are summarized in Table 4.12.
Naturally, it is of great interest to investigate if the waste heat has the possibility of becoming the
heating utility for the feed water stream in the water-steam cycle of the power plant. Therefore,
the integration of the waste heat into the waster-steam cycle is to be examined in the following
section.
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Figure 4.34 Composite curves of the MEA system
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Figure 4.35 Composite curves of the Hybrid D1 system
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Figure 4.36 Composite curves of the Hybrid D2 model

Table 4.12 Summary of available waste heat

Source Cascaded MEA Hybrid D1 Hybrid D2
membrane
Capture section 613 1706 1908 1538
Waste heat Compression
207.2 219.2 220.4 219.8
[GJ/h] train
Total 820.2 1925.2 2128.4 1757.8

4.6.2 Waste heat integration into the water-steam cycle

As shown in Table 4.12, a great deal of waste heat is discharged from the 4 studied capture
system. Hence, 4 cases corresponding to the 4 capture systems were analyzed concerning the
waste heat integration into the water-steam cycle:

e Case 1: utilizing waste heat from the cascaded membrane and compression train,
e Case 2: utilizing waste heat from the MEA system and compression train,

e Case 3: utilizing waste heat from the Hybrid D1 system and compression train.

e Case 4: utilizing waste heat from the Hybrid D2 system and compression train

All the hot and cold process streams in the capture system, compression and water steam cycle
were entered into AEA for each case. By comparing the temperatures of the streams, it can be
preliminarily inferred that the waste heat from the CO. capture and compression units can only
be used to substitute the steam extraction for the LP feedwater preheaters due to the
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4.6 Pinch analysis and waste heat integration

temperature limit. As introduced in Section 4.1, there are 4 LP feedwater preheaters in the
water-steam cycle. A zoom-in on them is displayed in Figure 4.37.
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Figure 4.37 Zoom-in on the LP feedwater preheaters in the water-steam cycle

For pinch analysis, the feed water stream is treated as multiple cold process streams divided by
the preheaters while the condensate streams are regarded as hot streams. As a result, 7 cold
and 3 hot streams are considered for the water-steam cycle. What should be borne in mind is
that they are physically connected. All the hot and cold streams identified for the 4 analyzed
cases are respectively shown in Appendix G (see Table G. 1, Table G. 2, Table G. 3, and Table
G. 4). As mentioned above, the data of the streams in the capture models and compression
trains were directly transferred from Aspen Plus to AEA. However, the data of the streams from
the water-steam cycle had to be input into AEA manually since it is simulated in EBSILON®.
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4 Retrofitting of carbon capture systems into a coal-fired power plant

Given all the streams, AEA can generate energy targets based on the ideal HEN designs for the
three cases. However, some constraints must be imposed to take into account some realistic
requirements, which will inevitably compromise the ideal designs. For instance, the process
streams are not allowed to be split to avoid the sophistication of piping instrumentation. Also, it
is worth noting that, as seen in Figure 4.37, the condensate streams are used to heat streams in
the aftercoolers, i.e. some of the process streams are interconnected by default. Therefore, to
reflect this default design, the condensate streams are forbidden to connect to their upstream
cold streams. Additionally, the temperature increase of the cooling water is limited to 5 °C (18-
23 °C). The temperature difference at the pinch point is set at 10 °C. Under the given conditions,
pinch analyses were performed in AEA to generate HEN designs for the utilization of the waste
heat. The detailed HEN diagrams for the three cases are displayed in Figure G. 2, Figure G. 3,
Figure G. 4, and Figure G. 5, respectively. In these diagrams, the hot and cold utilities have
been removed so as to exhibit clear graphs. The red dots represent the energy supply from the
heating utility while the blue dots represent the heat exchange with the cooling utility. The grey
dots and lines stand for the heat exchanges between the process streams.

As a matter of fact, AEA would recommend multiple possible HEN designs in some cases. In
the present study, the recommended HEN designs with the lowest annualized total costs are
chosen. What should be noted here is that the costs in AEA are estimated using default cost
indices, which are not exactly in line with the cost model used in this thesis. Therefore, the cost
values are only used to select the optimal HEN designs but not used as the economic results for
this thesis. The total cost estimated in AEA for a HEN comprises the capital cost (heat
exchanger), heating utility cost, and cooling utility cost. Like the internal HEN optimization for
the cascaded membrane system, additional heat exchangers (increased capital costs) are also
unavoidable for accomplishing the heat integration in this section. Nonetheless, the costs for
utility can be decreased to achieve a lower total cost. On account of the HEN diagrams, the
viable locations in the water-steam cycle for the 4 cases are presented in Figure 4.38, Figure
4.39, Figure 4.40, and Figure 4.41, respectively. Furthermore, under each figure lies a table that
compares the steam extraction for the LP preheaters before and after the heat integration (see
Table 4.13, Table 4.14, Table 4.15, and Table 4.16).

Case 1: Cascaded membrane — CO, compression train — Preheaters

83.7 GJ/h 87.8 GJ/h J12.1 GJ/h

PH4 k—|AcC4 PH3 PH2 «T~ PH1
H4 [

condensate

PH3 PH2
condensate condensate

condensate

Figure 4.38 Utilization of the waste heat from the cascaded membrane system and CO2 compression
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Table 4.13 Effects of the heat integration for the cascaded membrane system

PH1 PH2 PH3 PH4
Mass flow of w/o HI 11.7 21.8 18.4 9.3
steam [kg/s] w/ HI 1.4 117 18.4 9.3
Electric energy recovered [MWe] 5.8
Case 2: MEA — Compression train — Preheaters
53 GJ/h 61.9 GJ/h 28 GJ/h
PH4  +—|AC4 PH3 PH2 PH1 AC}_
H4 I
condensate M
PH3 PH2
condensate

condensate condensate

Figure 4.39 Utilization of the waste heat from the MEA system and CO2 compression

Table 4.14 Effects of the heat integration for the MEA system

PH1 PH2 PH3 PH4
Mass flow of w/o HI 3.5 7.5 6.2 5.6
steam [kg/s] w/ HI 15 0.6 0.1 5.0
Electric energy recovered [MWe] 54
Case 3: Hybrid D1 — Compression train — Preheaters:
17 GJh 55.4 GJih 64.8 GJih 29.8 GJih
PHA e PH3 PH2 «T— PH1 ACT |<7
[
v
PH4 PH3 PH2
condensate condensate condensate condensate

Figure 4.40 Utilization of the waste heat from the Hybrid D1 system and CO2 compression train
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Table 4.15 Effects of the heat integration for the Hybrid D1 system

PH1 PH2 PH3 PH4
Mass flow of w/o HI 3.7 7.9 6.5 5.5
steam [kg/s] w/ HI 17 0.8 0.3 3.1
Electric energy recovered [MWe] 7.0

Case 4: Hybrid D2 — Compression train — Preheaters:

62.9 GJ/h 94.8 GJ/h 472GJh  7.1GJh

PH4 k—|AC4 PH3 PH2 «T~ PH1
H4 [
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PH3 PH2
condensate condensate
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Figure 4.41 Utilizing waste heat from the Hybrid D2 system and CO2 compression

Table 4.16 Effects of the heat integration for the Hybrid D2 system

PH1 PH2 PH3 PH4

Mass flow of w/o HI 6 11.7 9.5 4.8

steam [kg/s] w/ HI 18 0.8 2.1 4.2
Electric energy recovered [MWe] 6.7

It can be seen that the heat integrations lead to decreased mass flows of steam demanded by
the LP preheaters. Consequently, the outputs of the power plant have increased by 5.8, 5.4, 7.0,
and 6.7 MW, respectively, in the four cases.

The efficiency penalties caused by the capture systems before and after the heat integrations
are plotted in a bar chart (see Figure 4.42). The Hybrid D2 system has seen the largest drop of
the efficiency penalty (0.55 %-pts) whereas the cascaded membrane system has shown the
least decrease of the efficiency penalty of 0.2 %-pts. This is mainly because the membrane
separation process discharges less heat compared with the MEA technology. Besides, it is
evident that waste heat integration does not change the fact that the Hybrid D1 system causes a
higher efficiency penalty than the other three systems.
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Figure 4.42 Efficiency penalties before and after heat integration

Despite the reduced efficiency penalty with waste heat integration, increased capital costs are
apparently inevitable for the addition of heat exchangers. The added heat exchanger areas for
the four analyzed cases are displayed in Table 4.17.

Table 4.17 Additional heat exchanger areas for the waste heat integration

Case 1 Case 2 Case 3 Case 4

Added area [m?] 308969 25875 22560 28022

o Key fact 12: The waste heat integration reduces the efficiency penalty caused by the
capture systems at the cost of additional heat exchangers.

4.7 Economic evaluation
4.7.1 Cost estimation basis

In this section, economic analysis is conducted. As mentioned above, the carbon capture
systems are integrated into an existing coal-fired power plant (retrofitting case). Hence, the
reference power plant is assumed to be built in 2011 and retrofitted for CCS in 2016. The
CAPEX, OPEX, and CO; avoidance costs for deploying the CO; capture systems are estimated
using the cost model introduced in Chapter 3.

In addition to the cost model for the CO; capture system developed by the author of the present
study, a cost model for the reference power plant developed by Friebe, M. [190] was also used.
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4 Retrofitting of carbon capture systems into a coal-fired power plant

The two cost models are combined to calculate the LCOE of the power plant equipped with
carbon capture.

The assumptions for the power plant cost model are listed in Table 4.18. Since the reference
power plant is an existing plant, only the consumables such as coal and cooling water price in
the power plant cost model are updated to 2016 €. Without carbon capture, the LCOE of the
power plant is 5.36 cent/kWh according to the model. It should be emphasized that the
economic analyses are performed without considering the waste heat integration into the water-
steam cycle, which is discussed in the last section. Only the internal waste heat integration
inside the capture system, e.g. the cascaded membrane system, is considered. This is because
the applicability of the integration across different multiple sites needs to be further evaluated in
practice. Moreover, the increased costs of heat exchangers for the internal waste heat
integration in the cascaded membrane system have also been considered for economic
analysis. Nevertheless, even though the Hybrid D2 system has a similar set-up (intercooling for
expanders) for internal heat integration, very little heating demand for the expanders are
required (see in Table 4.10). Hence, the increased costs of the heat exchangers for this system
are neglected.

Table 4.18 Assumptions and cost parameters for the power plant cost model

Parameter Unit Value
Operating hour h/yr 7800
Coal price (2016) €/t 67 [191]
Starting year of operation / 2011
Lifetime year 35

4.7.2 Overview of equipment costs

First, the purchased equipment costs for the cascaded membrane, MEA, Hybrid D1, and Hybrid
D2 systems were estimated using the method introduced in Section 3.5. The results for the four
capture systems are displayed in Figure 4.43, Figure 4.44, Figure 4.45, and Figure 4.46,
respectively. Concerning the cascaded membrane separation system, the total equipment cost
is € 75.9 M. The largest investment is on the gas permeation membrane, including membrane
material and container, which in total accounts for 46.2 % of the total cost. The compressors
and heat exchangers also contribute largely to the total cost.

As can be seen in Figure 4.44, the total equipment cost for the MEA system is € 43 M. The
largest contributor to the total cost is the capital cost of the absorber, being € 17.1 M. The
absorber and stripper together constitute nearly 56 % of the total equipment cost. This is caused
by the fact that a large volume of the flue gas from the power plant is coped with by the MEA
system.

109



4.7 Economic evaluation

Total [

Water pump [ |

Scrubber [ ]

Compressor L

Vacuum pump [ |

Heat exchanger ]
Turbo-expander ]
Knock drum | 4
Membrane container [ ]
Membrane —

0.0 10.0 20.0 30.0 40.0 50.0 60.0 70.0 80.0

Purchased equipment cost [million €]

Figure 4.43 Purchased equipment costs for the cascaded membrane separation system

Tou!

Pumps -
Heat exchanger [ ]
Overhead condenser |

MEA wash scrubber -

Fan
Scrubber
Stripper (incl. reboiler) _

Absorber [N

0 5 10 15 20 25 30 35 40 45 50

Purchased equipment cost [million €]

Figure 4.44 Purchased equipment costs for the MEA system

The Hybrid D1 system requires a much larger equipment cost (€ 300.4 M) owing to the very
large required membrane area of 4.2 million m? (see Table 4.10). The costs of the membrane
material and its container combined make up 88 % of the total purchased equipment cost.
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Figure 4.45 Purchased equipment costs for the Hybrid D1 system
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Figure 4.46 Purchased equipment costs for the Hybrid D2 system

With respect to the Hybrid D2 system, it is noticed that the individual costs on the absorber and
membrane are lower than that in the respective standalone technologies. This is because the
membrane and MEA sections in the hybrid system deal with less flue gas than in the standalone
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technologies. Despite this fact, the Hybrid D2 system turns out to still have a higher total
equipment cost (€ 68.6 M) than the MEA system. However, it is lower than the equipment cost
of the cascaded membrane separation system. In the Hybrid D2 system, the costs of the
membrane and its container are the largest investment (€ 27.1 M), which make up 39.5 % of the
total cost.

4.7.3 CAPEX, OPEX and CO; avoidance cost

Given the equipment costs, the CAPEX and OPEX for each capture system were calculated
using the cost model for the carbon capture system. The breakdowns of the CAPEXs and
OPEXs are presented in Appendix I.1. Note that the calculation of CAPEX for the membrane
material was performed independently of the other components. This is because the membrane
has a different lifetime (5 years) than the CCS project lifetime of 25 years (see Table 3.14). As a
result, different annuity factors were used to calculate the annualized capital costs of membrane.
The results of annual capital costs, OPEXs and annual costs of the CO, compression trains are
illustrated in Table 4.19.

Table 4.19 Summary of economic results

Unit ri::f;;ii MEA Hybrid D1 Hybrid D2
Capture rate [%] 90 90 90 90
f:;?;'fji M€lyr] 312 17.1 140.7 297
O&M cost [M€/yr] 21.6 24.8 55.9 25.8
Compression [M€/yr] 13 11 11 12
Total annual cost [M€/yr] 66 53 207.1 67
Net output [MWe] 398 424 367 438

LCOE [cent/kWh] 9.59 8.59 15.1 8.57

By adding the annual cost of each capture system on the top of the cost of the reference power
plant, the LCOE with carbon capture is generated. It can be seen in Table 4.19 that the Hybrid
D1 system has the highest annual investment cost and also leads to the highest LCOE (15.1
cent/kWh). Thus, it can be concluded at this stage that the Hybrid D1 system is neither
technically nor economically feasible as compared to the other capture systems. The annual
cost of the Hybrid D2 system (67 M€/yr) is similar to that of the cascaded membrane system (66
Mé€/yr), higher than that of the MEA system (53 M€/yr). However, due to highest net power
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output, the deployment of the Hybrid D2 system the lowest LCOE with CCS (8.57 cent/kWh).
The MEA system leads to a very similar LCOE of 8.59 cent/kWh. While the cascaded
membrane system causes the LCOE to increase to 9.59 cent/kWh, which is the second highest
LCOE of the four capture systems.

The CO. capture and avoidance costs are displayed in Figure 4.47 in red & blue bars,
respectively. The CO. avoidance and capture costs are estimated to be 65.1 and 44.6 €/tco,
respectively, when the power plant is equipped with the cascaded membrane system. The two
cost values for the MEA system are 49.1 and 36.1 €/tco., respectively. It is interesting to notice
that the CO; avoidance cost of the Hybrid D2 system, being 48.8 €/tcoo, is slightly lower than
that of the MEA system, whereas the capture cost of the Hybrid D2 system (37.2 €/tco?) is
slightly higher than that of the MEA system. This is because the Hybrid D2 system causes less
efficiency penalty. Unsurprisingly, the Hybrid D1 system leads to the highest CO. avoidance
cost (148.3 €/tco2), which is much higher than that of the other systems. Therefore, this system
will not be discussed in the following sections.

o Key fact 13: Hybrid D1 system is neither technically nor economically efficient
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Figure 4.47 CO2 capture and avoidance costs
4.7.4 Comparison with published results

Some published economic results regarding the application of the MEA and membrane-based
CO: capture technologies in power plants have been summarized in Section 2.3 and 2.5,
respectively. These results can be used for comparison with the results obtained in this study.
However, some facts should be drawn attention to:

1. The technical and economic parameters and assumptions vary in these studies (CO;
capture rate, net power output, project lifetime, etc.);
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2. Economic results from different studies are presented in different currencies or different
years.

Hence, only the published results gained under similar research conditions (power output,
capture rate, etc.) were chosen for comparison and still, the differences should be highlighted.
Moreover, all the published economic results were updated to 2016 € to stay in accordance with
the present study. A selection of published technical and economic results of the MEA and
cascaded membrane separation system are presented Table 4.20 and Table 4.21, respectively.

Table 4.20 Comparison of the present study with published results of the MEA technology

s Present siud Z;ﬁ:'et NZEC  Lietal IEA
ource resent study
al. [109] [110] [113] [112]
Capture Cascaded MEA Hybrid D2 MEA
system membrane
Year of cost 2016 2004 2009 2013 2010
data
Region Germany EU China us OECD
Capture rate
(%] 90 90 90 85 90
Net output w/o
CCS [MW] 555 575 574 560 Average
Efficiency 13 10.9 9.7 14 12.4 10.6 N/A
penalty [%-pts]
Re-evaluation of economics on the basis of 2016 (€)
LCOE w/o
CCSs 5.36 5.36 5.36 3.83 3.83 6.19 5.85
[cent/kWh]
LCOE w/ CCS 9.56 8.59 8.57 7.00 7.23 11.25 9.48
[cent/kWh]
Relative
increase in 78.4 60.3 59.9 82.8 88.9 81.9 62.1
LCOE [%]
Cost of CO2
avoided [E/tcos] 63.9 49.1 48.8 47.9 46.1 74.3 51.4
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Table 4.21 Comparison of the present study with the published results of cascaded membrane systems

NETL Maas et Zhai et Zhao et

Source Present study [142]  al.[140] al.[139] al. [31]

C ded
Capture system ascade MEA Hybrid D2 Cascaded membrane
membrane

Year of cost

2016 2010 2013 2010 2009
data
Region Germany us EU us EU
Capture rate
90 90
[%]
Net output w/o
N/A
CCS [MW] 555 550 556 550 /
Efficiency 13 10.9 97 12.7 96 125 9.8

penalty [%-pts]

Re-evaluation of economics on the basis of 2016 (€)

LCOE w/o CCS

. . . 2 51 4 N/A
eontkWH] 5.36 5.36 5.36 5.26 55 5.45 /
LCOE w/ CCS 9.56 8.59 8.57

fconthkWh] 10.4 8.2 10.5 N/A
Relative

increase in 78.4 60.3 59.9 97.0 48.9 91.9 N/A
LCOE [%]

Cost of CO, 63.9 49.1 48.8 735 43.0 70.9 N/A

avoided [€/tcoz]

It can be seen from Table 4.20 that the CO. avoidance cost of the MEA system modeled in this
study is generally comparable to the same metrics of other studies (46.1 — 51.4 €/tco2) except for
the study of Li et al. [113]. The difference could be attributed to a different CO- capture rate or
different regional cost assumptions. However, it is hard to tell the causes exactly because many
uncertain factors are not revealed in the study.

Table 4.21 shows that the efficiency penalty caused by the cascaded membrane system
developed in the present study (13 %-pts) is very close to the estimates provided by the NETL’s
report (12.7%-pts) [142] and Zhai et al. (12.5 %-pts) [139]. In the meantime, the cost of CO2
avoided obtained in this thesis for the cascaded membrane system is slightly lower than that of
the two studies. However, the penalties estimated by Maas et al. [140] and Zhao et al. [31], who
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also simulated the Polyactive® membrane and used a similar system configuration, are lower
than the results obtained in this study. Both studies have shown less than 10 %-pts efficiency
penalties for the cascaded membrane system. As a result, the CO, avoidance cost estimated by
Maas et al. [140] is much lower than other sources as well as the present study. Again, it is
almost impossible to explain why the differences exist without looking into their actual simulation.
One of the causes is likely to be the different specifications for the pressure-changing
equipment. For instance, mechanical efficiency of 85 % and the polytropic process is configured
for compressors and vacuum pumps in the present study whereas more ideal conditions might
be specified in the studies of Maas et al. [140] and Zhao et al. [31].

All in all, the simulation results for the MEA and cascaded membrane systems modeled in the
present study are in line with some other studies. However, there are also some studies that
exhibit different technical and economic results. It is difficult to explain the causes behind the
discrepancies since not all details of the simulations are displayed in those studies.

4.7.5 Sensitivity analysis

Previously, only the economic results under the default conditions (base case) of the CO»
capture systems (see Table 3.14 and Table 4.18) are displayed. Sensitivity analysis is also
indispensable in order to examine how some significant parameters can affect the economic
results. Particularly, high uncertainty exists in the economic assumptions for the membrane. In
this section, the influences of the parameters including plant operation time, membrane price,
and membrane lifetime are investigated.

Influences of the operation time

The yearly operation time of the power plant with carbon capture is first examined. The
sensitivity of the annual cost of a carbon capture system, as well as the LCOE with carbon
capture to this factor, are shown in Figure 4.48 and Figure 4.49, respectively. A constant total
operating hour for the membrane is assumed, which is equivalent to the value in the base case
(5 year x 7800 h/year = 39000 h). Therefore, for the sensitivity analysis, the membrane lifetime
in year will also change according to the yearly operation time.

Figure 4.48 shows how the annual cost of each capture system changes as the operation hour
increases. The operation time was varied from 3000 to 8000 hours/year. It is obvious that longer
operation time would lead to higher annual costs for all the capture systems. However, the
causes for the increase in investment costs are distinct for the MEA and membrane
technologies. For the MEA system, more costs are invested in the consumables, especially for
the MEA make-up.

As for the membrane, the membrane lifetime (year-based) decreases as the operation time
rises given a constant durable operating hour. As a result, the replacement of the membrane
becomes more frequent and the annuity factor for cost calculation is larger. Therefore, the
annual cost for the cascaded membrane system also increases with longer operation time. As a
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combination of the membrane and MEA technologies, the increased investment cost of the
Hybrid D2 system is naturally attributed to both of the causes mentioned above.

Annual cost of carbon capture system
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Figure 4.48 Annual cost of carbon capture system as a function of operation time
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Figure 4.49 LCOE with carbon capture as a function of operation time

Despite the increased investment costs of the capture systems, the LCOEs with all the capture
systems decline rapidly as the operation time increases (see Figure 4.49). This is because more
electricity is produced as the yearly operation time is increased. In addition, it is found that the
LCOEs with the MEA and Hybrid D2 systems are approximately the same under each operation
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time. In comparison to the reference plant without carbon capture (black curve), LCOEs with
three capture systems are all higher than that without over the studied range of operation time.

o Key fact 14: Longer operation time will lead to higher investment cost on a carbon capture
system but eventually a lower LCOE for the power plant.

Influences of the membrane price

In the base case, the membrane price of Polyactive® is assumed to be 50 €/m?2. However, there
is currently no commercial price for this membrane. Hence, the price of the membrane is
another factor that is examined for its impacts on the annual cost of a CO2 capture system. The
membrane price was varied from 10 to 60 €/m?, with a step of 5 €/m2. The results are plotted in
Figure 4.50. Naturally, the LCOE of the power plant with the MEA system is not affected by the
varied membrane price.

It is observed that the LCOE in the case with the cascaded membrane separation system is
higher than that of the other two systems over the whole range of membrane price. An extreme
case in which the membrane price was set at was also investigated. It is found that even in the
case where the membrane price was set to be 0 €/m?, the LCOE with the cascaded membrane
system is still the highest of the three capture systems. This is mostly due to the fact that the
cascaded membrane system causes very a high efficiency penalty so that decreasing
membrane price singly is not enough to reduce LCOE significantly. A large amount of cost is
spent on the compressors and heat exchangers (see Figure 4.43). Concerning the Hybrid D2
system, it is revealed that the LCOE with this system equipped is lower than in the case with the
MEA system as long as the membrane price is equivalent to or less than 50 €/m?, producing the
lowest LCOE of the three capture systems.
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Figure 4.50 LCOE as a function of membrane price
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o Key fact 15: The Hybrid D2 system is more cost-efficient than the two standalone capture
technologies when the membrane price is equivalent to or below 50 €/m>.

Influences of membrane lifetime

In addition to the price of the membrane, the impact of the membrane lifetime on LCOE is also
investigated. The membrane lifetime was varied from 1 to 6 years and the results are displayed
in Figure 4.51. It is found that the LCOEs for the cascaded membrane and Hybrid D2 systems
decrease dramatically when the lifetime is prolonged from 1 to 3 years. Afterward, the
decreasing rates of the LCOE curves are much slower. Particularly, the LCOE for the Hybrid D2
system, which barely changes when the membrane lifetime is greater than 4 years, is very close
to that for the MEA system. Simply speaking, extending the membrane lifetime to be longer than
4 years is unnecessary in terms of decreasing the LCOE.
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Figure 4.51 LCOE as a function of membrane lifetime

o Key fact 16: The influence of the membrane lifetime on LCOE is insignificant when the
lifetime is over 4 years.

4.7.6 Breakeven CO: emission allowance price

The economic results obtained in the previous section have not taken the CO; allowance (CO-
tax) into consideration. In this section, the CO: allowance price under the framework of the EU
Emission Trading Scheme (EU ETS) is considered on the power plant to examine its influences.
Simply put, the reference power plant needs to pay for the emitted CO, with the CO allowance
price. The allowance price was varied from 0 to 70 €/tco2 and the LCOE for each capture
system was calculated accordingly. The LCOE for the power plant without CCS was also
calculated for comparison. The results are shown in Figure 4.52.
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Figure 4.52 LCOE as a function of the COz allowance price

Apparently, without CO; tax, the LCOE of the power plant without carbon capture is much lower
than in the cases with the CO, capture systems. The LCOE of the reference power plant without
CO; capture is 5.36 cent/kWh while the LCOEs for other cases are all above 8 cents/kWh.

As the CO; allowance price is increased, the gaps become smaller and, meanwhile, the curve of
the case without carbon capture intersects with other curves. Readings at these intersected
points are called the breakeven CO, allowance price and LCOE. The breakeven values are
tabulated in Table 4.22. It is found that not until the CO; allowance price mounts to 48.6 and
49 €/tcoz will the Hybrid D2 and MEA systems, respectively, become economically feasible. As
for the cascaded membrane system, the CO, allowance price must reach 65 €/tcoz2 so as to

make this technology applicable.

Table 4.22 Breakeven COz allowance price and LCOE

Cascaded membrane MEA Hybrid D2
Breakeven LCOE
[cents/kWh] 10.24 9.07 9.03
Breakeven CO,
allowance 65.0 49.0 48.6
[€/tco2]
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4.8 Discussion

4.8.1 Hybrid D1 vs Hybrid D2: lessons learned for hybrid membrane/MEA
system design

After the technical and economic analysis, it has been concluded that the Hybrid D1 is neither a
technically nor an economically attractive design. In comparison, the other hybrid design, i.e.
Hybrid D2 system, yields the lowest LCOE and the highest net power output when the power
plant is equipped with carbon capture. It is of great interest to discuss and analyze what factors
lead to such differences and what lessons can be learned with respect to the hybrid system
design.

As stated in Section 3.3, the single-stage membrane module in the Hybrid D1 system
essentially functions as a CO; enricher for the MEA section. According to the parametric study,
increasing the inlet CO» concentration is indeed able to reduce the specific reboiler duty for the
MEA system (see Figure 4.11). Specifically, the specific reboiler duty of the Hybrid D1 system is
lower than that of the MEA system by 0.12 GJ/tcoz (see Table 4.10). The demand for steam has
also dropped from 188.8 to 183.8 kg/s compared with the standalone MEA system. On the
contrary, in the Hybrid D2 system, the MEA section deals with the CO-diluted retentate gas
from the membrane section. Due to this fact, the specific reboiler duty in the Hybrid D2 system
is (3.98 GJ/tcoz) higher than that of the standalone MEA system (3.94 GJ/tco2). Apparently, a
lower specific reboiler duty has not led to lower energy consumption for Hybrid D1 system.

To better analyze the causes, the breakdowns of the total reboiler duty for the standalone MEA
system and the MEA sections in the two hybrid systems are displayed in Table 4.23.
Furthermore, the specific electricity demand for each section in the hybrid systems is also
tabulated in Table 4.24.

Table 4.23 Breakdown of the total reboiler duty

Total reboiler Specific reboiler Amount of CO2
duty = duty X captured
[GJ/n] [GJ/tcoz] [tcoz/h]
Standalone MEA 1489 3.94 378
MEA section in
Hybrid D1 1444 3.82 378
MEA section in 1043 308 262

Hybrid D2
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Table 4.24 Breakdown of the specific electricity demand into capture sections

Specific electric energy [MWhe/tcoz] (excl. compression)

MEA section Membrane section
Standalone MEA 0.25 N/A
Cascaded membrane N/A 0.32
Hybrid D1 0.24 0.16
Hybrid D2 0.16 0.05

It can be seen from Table 4.23 that the amount of CO: dealt with by the MEA section in the
Hybrid D1 system is the same as the standalone MEA system (378 tcoz/h). This is because the
membrane and MEA sections in the Hybrid D1 system are arranged in a series manner. All the
captured CO; is still eventually separated in the MEA section. Also, because of the series
arrangement, a sectional capture rate (95 %), which is higher than the overall capture rate
(90 %), must be imposed on each section. This directly entails soaring membrane area (4.2
million m?) and electricity demand (0.16 MWhe/tco2) for the membrane section in the Hybrid D1
system. As said earlier, the membrane section is configured to enhance the performance of the
MEA technology. Nonetheless, the consequence of enhancement is that the specific electricity
demand of the MEA section in the Hybrid D1 system is only marginally lower than that of the
standalone MEA system (see Table 4.24). Not to mention the much increased capital cost of the
membrane.

In comparison, the membrane section in the Hybrid D2 system shares the capture responsibility
with the MEA section instead of ‘working’ for it. The total amount of CO, captured in the Hybrid
D2 system is still 378 tcoz/h. However, only 262 tcoo/h is dealt with by the MEA section and the
capture task for the remaining 116 t/h of CO: is undertaken by the membrane section. As a
result, the total reboiler duty of the Hybrid D2 system becomes 446 GJ/h lower than that of the
standalone MEA system in spite of its highest specific reboiler duty (see Table 4.23). Apparently,
the reduction of the reboiler duty in the Hybrid D2 system is due to the decreased amount of
CO- dealt with by the MEA section. The electricity demand for the membrane section in the
Hybrid D2 turns out to be less than one-third of the electricity demand of the membrane section
in the Hybrid D1 system. As discussed in Section 4.5.1, the capture rate for the MEA section in
the Hybrid D2 system is adjusted based on the pre-determined capture rate imposed on the
membrane section to avoid significant increases in the membrane area and energy
consumption. In this sense, the MEA section is actually designed to complement the capture
task for the membrane section.

Conclusion 1: Given the current property of Polyactive® membrane, the main principle of
designing a hybrid membrane/MEA system should be utilizing the MEA technology to
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complement the gas permeation technology (Hybrid D2) rather than using the membrane to
boost the performance of the MEA technology (Hybrid D1).

4.8.2 Hybrid D2 vs standalone membrane and MEA technologies

As discussed above, the Hybrid D2 system is the winner of the two hybrid designs. It is also
interesting to compare it to the two standalone capture technologies (cascade membrane and
MEA systems).

It has been revealed that the cascaded membrane system is the second most energy-
consuming and costly system, next to the Hybrid D1 system, of the 4 studied carbon capture
systems (see Figure 4.27). A specific electricity demand of 0.42 MWhe/tco2 is required and,
consequently, an efficiency penalty of 13 %-pts is caused for the power plant. Moreover, as
shown in Section 4.7, the CO, avoidance cost of the cascaded membrane system is around 30 %
higher than that of the MEA system. The sensitivity analysis shows that simply decreasing the
price or extending the lifetime of the Polyactive® membrane cannot change the situation (see
Figure 4.50). This result is to some extent in line with the discussion made by the author in
Chapter 2 (see Section 2.8).

Conclusion 2: The large capital cost and energy consumption of the cascaded membrane
system (Polyactive®) make it impossible to replace the MEA system for CO. capture from power
plants in the current commercial market.

As far as economics is concerned, the Hybrid D2 system is basically on a par with the MEA
system in the base case. No big differences exist between the two systems in terms of LCOE
and CO; avoidance cost. However, technically speaking, the Hybrid D2 is essentially a more
energy-efficient system. This is because the Hybrid D2 system consumes less specific
electricity (0.31 MWheltcoz) than the MEA system (0.35 MWhe/tco2) given the same CO; capture
rate (see Table 4.10). As a result, 14.4 MW, of power is saved when the power plant is
equipped with the Hybrid D2 instead of the MEA system. As a matter of fact, the advantage of
energy-saving is not reflected directly in the economic results in the present study. This is
because the net power output of the power plant is not kept constant at the designed value (555
MW,.) when the CO, capture systems are equipped. Had a constant net output is required for
the power plant, more fuels are needed to make up for the power loss caused by the MEA
system than for the Hybrid D2 system. More CO; will be generated if fossil fuels are used. The
fact that the Hybrid D2 system has a higher CO2 capture cost but a lower CO. avoidance cost
than the MEA system is also proof to the statement.

Furthermore, as displayed in Figure 4.50, the power plant equipped with the Hybrid D2 system
is actually capable of providing cheaper electricity than the MEA system as long as the price of
Polyactive® membrane drops to below 50 €/m?.

Conclusion 3: The Hybrid D2 system is a more energy-efficient system than the standalone
cascaded membrane and MEA systems. In the meantime, the economic competitiveness of the
hybrid system is subject to the membrane price.
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4.9 Summary

In this chapter, the 4 carbon capture models introduced in the last chapter are deployed in a
retrofitted coal-fired power plant. The simulation model of the reference power plant, including
the water-steam cycle and fuel/flue gas route, is presented in Section 4.1.

In Section 4.2, the specifications are optimized for the MEA system via a parametric study
given the boundary condition of the reference power plant. Also, the steam extraction location is
determined to be the IP/LP crossover pipe. Furthermore, the impacts of the integration of the
MEA system into the power plant are investigated and the results are shown in Section 4.3. In
order to guarantee that the steam extraction operation is flexible, a pressure control valve is
found necessary to be placed in between the extraction point and the inlet of the LP turbine to
maintain the pressure at the extraction point. It is revealed that the floating pressure at the
extraction point is a more energy-efficient option. Given the same boundary condition, a
parametric study has also been done for the membrane-based separation systems and the
results are shown in Section 4.4. The study is performed for both the single-stage and
cascaded membrane systems in order to better understand the characteristic of the Polyactive®
membrane as well as to provide design reference for the hybrid capture systems.

In Section 4.5, the technical results of the four CO2 capture systems are compared. Due to the
fact that the two hybrid capture systems are essentially comprised of the MEA and membrane
technologies, no parametric studies were particularly conducted for the hybrid systems. The
optimized configurations for the standalone MEA and membrane-based systems are directly
given to corresponding sections in the hybrid systems. It is found that the Hybrid D1 and
cascaded membrane system lead to the highest (15.6%-pts) and second highest (13 %-pts)
efficiency penalties for the power plant, respectively. Meanwhile, the Hybrid D2 system results
in the least efficiency penalty (9.7 %-pts). The part load behaviors of the carbon capture
systems are also investigated in this chapter.

In Section 4.6, pinch analysis was used to analyze the potential for utilizing the waste heat from
the CO- capture and compression systems to preheat the feed water in the water-steam cycle.
The waste heat integration has proven to be able to save electricity of 5.8, 5.4, 7.0 and 6.7 MW,
for the cascaded membrane, MEA, Hybrid D1, and Hybrid D2 systems, respectively. However,
such integration leads to more complex heat exchanger networks and higher capital costs are
foreseeable.

Economic analyses are presented in Section 4.7. The Hybrid D1 system results in the highest
CO, avoidance cost (148.3 €/tcoz). The second highest CO- avoidance cost (65.1 €/tco2) occurs
when the cascaded membrane system is installed. The Hybrid D2 system exhibits the lowest
CO, avoidance cost (48.8 €/tco2) although the CO, avoidance cost for the standalone MEA
system is only slightly higher (49.1 €/tco2). A series of sensitivity analyses were conducted in
this section as well.
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Discussions concerning the results obtained in this chapter have been made in Section 4.8. All
in all, some key conclusions are highlighted as follows:

A higher efficiency penalty is induced when a carbon capture system is operated at part load.
Thermal energy demand for the cascaded membrane system cannot be neglected but can
be provided internally via waste heat integration.

Under the research condition set in the present study, decreasing the unit price or
prolonging the lifetime of the Polyactive® membrane cannot change the fact that the
cascaded membrane system is more energy-consuming and expensive than the traditional
MEA technology

The Hybrid D1 system is neither a technically nor an economically attractive design in
comparison to the standalone membrane or MEA technology.

The Hybrid D2 system is a more energy-efficient design as compared to the standalone
membrane or MEA technology and can also be more cost-effective when the membrane
price is equivalent to or below

The principle of designing a hybrid membrane/MEA system should be utilizing the MEA
technology to complement the gas permeation technology rather than using the membrane
to boost the performance of the MEA technology.
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5 Deployment of carbon capture systems in a greenfield
iron and steel plant

In this chapter, the applications of the cascaded membrane, MEA, and Hybrid D2 systems are
extended to the iron and steel industry. The Hybrid D1 system has been ruled out for further
research for its undesirable performances observed in the last chapter. The other three capture
systems are implemented in a hypothetical reference iron and steel plant for carbon capture.
Section 5.1 gives an introduction to the iron and steel plant. Information relevant to CO:
emissions and the energy flow in the plant is analyzed. In Section 5.2, the carbon capture
strategy and the methods for the energy supply to the capture systems are discussed. The
technical and economic results for CO- capture in the reference iron & steel plant are presented
in Section 5.3 and 5.4, respectively. Finally, a discussion with regard to the obtained results is
made in Section 5.5.

5.1 Reference integrated iron and steel plant

5.1.1 General considerations and key assumptions

Detailed data from any real steel plants are classified as ‘competition data’ and thus not publicly
available. Therefore, a conceptual integrated steel mill [116], which has been comprehensively
investigated by IEAGHG is chosen as the reference plant for this study. Featuring a typical
modern integrated steel mill in Western Europe, the base case study presented in the CCS
study report of IEAGHG provides a very solid baseline for studying the feasibility of any kind of
carbon capture technologies in the iron and steel plant [116]. Data regarding the operation of
the plant as well as the flue gas characteristics are provided in detail. The reference iron & steel
plant is assumed to be located in the coastal region of Western Europe. It produces 4 million
tons of Hot Rolled Coil (HRC) every year. Information about the plant is displayed in Table 5.1.

Table 5.1 Characteristics of the reference iron and steel plant [116].

Parameter Unit Value

HRC production capacity Mt/year 4
Thermal energy consumption GJ/tHre 21.3
Electric energy consumption kWh/tHre 1721
CO2 emission Mtly 8.38

Plant lifetime year 25

The following unit processes are included inside the boundary limit:

o Coke plant
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e Sinter plant

e Blast furnace and hot stove (iron making)
e Basic oxygen furnace (steel making)

e Lime plant

e Continuous casting

e Reheating furnace

e Hot rolling mill

e Air separation unit (oxygen plant)

e Power plant

Additionally, some assumptions and considerations that are the same as in the IEAGHG report
[116] are used:

e Only one type of steel product is produced: Hot Rolled Coil (HRC)
e Balanced electricity production: electricity produced by the captive power plant is
exactly enough to support the operation of the whole plant.
o Natural gas access: the plant is accessible to natural gas supply to supplement energy.
e Off-gas distribution:
e Coke oven gas (COG) would supply fuel to:
= coke plant
= sinter plant
= hot stoves
= lime kiln
= reheating furnace
e Blast furnace gas (BFG) would supply fuel to:
= hot stoves
= power plant
¢ Basic oxygen furnace gas (BOFG) would supply fuel to the power plant
o Steady-state: All exhaust gases are continuous and concentrations are stable

It should also be noted that according to the IEAGHG report [116, pp. B-7], typical European
integrated steel mills usually do not own lime, oxygen and power plants. The products from
these plants are normally purchased over fence. However, they are considered to be inside the
fence in this study in order to simplify the accounting of direct CO, emissions.

5.1.2 CO; emissions

The general production process and major point sources of CO, emissions in the reference iron
and steel plant are illustrated in Figure 5.1. It can be seen that the CO, emissions generated in
the reference steel plant are mainly emitted at six points:

o Coke plant
e Sinter plant
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e Hot stove

e Lime plant

e Reheating & rolling process
o Power plant

It should be noted that there is still a small amount of CO2 (83 kg/thrc) that is emitted from other
locations. These CO. emissions are either diffuse emissions or assumed to be flared directly as
defined in the IEAGHG report [116]. Hence, they are not taken into account for the CO, capture
study. Nonetheless, they are included for the calculation of the total amount of CO. avoided for
the whole plant.

"02: 1924 kg/ 1 . : )
€02:1924 kgt HRC €0:: 982.2 keft HRC Hot rolled coil
(HRC) CO1: 57.8 kg/t HRC
€02 4153 kg/t HRC
Air
CoG
Coking Coke Power ol ) Direct CO2
Coal production ower plant Reheat.lng & cmission
Coke rolling
CO2: 289.5 kg/t HRC A BOFG — —
H Hot stove
' Slab
H ¢ —
Fine Sint Continuous BFG
inter
> caster
Ores production »| Blast Producti
Sinter furnace roduction
(BF) flow
CO2: 716 kg/t HRC BOFG ! Liquid [steel
| Air
< Basic
Lime Lime Desulphurization oxygen [
stone production Pig iron plant furnace . Air separation
. (BOF) unit
Lime O

Figure 5.1 Production process and COz emission sources in the reference iron and steel plant [116].

The compositions of the flue gases from the aforementioned six units are presented in Table
5.2. The CO; in the flue gases are exhausted directly to the environment (direct CO. emissions).
Of the six points, the flue gas from the sinter plant has the largest volume flow rate. However,
the CO fraction in this flue gas is only 4.81 vol%. Similarly, the COz fraction in the flue gas from
the reheating and rolling process only accounts for 4.6 vol%. Contaminants in the flue gases
(SOy, NOx, dust, etc.) have already been reduced by onsite flue gas purification equipment
(SCR, FGD, etc) [116]. The remaining contents of these impurities are also shown in Table 5.2.
Other pollutants such as chlorides are likely to exist as well but not reported in the IEAGHG
report. Moreover, the wet scrubbers implemented in the studied capture models are capable of
further ridding flue gases of pollutants (see Figure 3.1 and Figure 3.7). Therefore, the acid
gases and dust were neglected for capture simulation just as in the power plant.
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Table 5.2 Characteristics of the flue gases in the reference iron and steel plant [116]

Variable Unit Power Lime plant Rehea.ting Hot stove Sinter Coke
plant & rolling plant oven
Mass
flow(wet) Mtly 10.66 1.01 3.13 4.39 1.81 3.47
Vor'élow Nm¥/s 240 24 81 98 337 87
Pressure bar 1.03 1.03 1.03 1.1 1.03 1.03
Temperature °C 150 130 500 140 120 250
Composition
CO2 vol% 26.43 19.41 4.6 27.3 4.81 14.77
O2 vol% 0.71 7.77 7.2 0.8 14.9 5
N2 vol% 65.88 60.24 71.86 65.52 72.65 69.47
H20 vol% 6.98 12.58 16.34 6.38 6.9 10.76
Cco vol% / / / / 0.74 /
SO« mg/Nm3 10 10 10 10 300 10
NOx mg/Nm3 60 30 500 60 200 280
Dust mg/Nm3 <5 <5 <5 <5 <5 <5

The share of the CO2 emission on a weight basis for each production unit is plotted in a pie
chart (see Figure 5.2). It is observed that nearly half of the CO2 emissions come from the power
plant. Comparatively, the sinter plant accounts for much smaller CO, emission (14 wt%) despite
its largest flow rate of flue gas.

In addition to the flue gases, there also exist off-gases (also known as process gases) that are
generated from some of the units but not emitted directly to the environment. They contain CO-
as well as combustible gases and therefore sent to other units to be combusted as fuels.
Basically, the off-gases are generated in three units, i.e. coke oven, blast furnace, and oxygen
furnace. Their respective destinations have been given in the last section (see Figure 5.1).

The characteristics of these off-gases are displayed in Table 5.3. As compared to the direct CO,
emissions from the flue gases, the potential CO, emissions from the off-gases are usually called
indirect CO; emissions [115].
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Figure 5.2 Weight percent of CO2 emissions from different units in the iron and steel plant

Table 5.3 Characteristics of the off-gases [116]

Unit Off-gas
COG BFG BOFG
CH4 vol.% 23.04 0 0
Hz vol.% 59.53 3.63 0
CO2 vol.% 0.96 221 2.64
Cco vol.% 3.84 22.34 14.44
02 vol.% 0.19 0 56.92
N2 vol.% 5.76 48.77 13.83
H20 vol.% 3.98 3.15 12.6
Other vol.% 2.69 0 0
Pressure Bar 1.1 1.1 1.1
temperature °C 29 25 50

5.1.3 Energy flow in the iron and steel plant

In a modern integration iron and steel plant, a very complicated energy flow network exists as a
result of the intermediate products and energy delivery between the production units. The
energy flows inside the reference iron and steel plant without CCS were first analyzed in order
to figure out if there is available energy for the CO2 capture systems. A schematic diagram of
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5.1 Reference integrated iron and steel plant

the energy flows is shown in Figure 5.3. All the values of the energy are present on the basis of
per ton HRC.

Basically, energy exists in four forms: solids, gas, steam, and electricity. Coking coal, which is
supplied to the coke plant and iron-making unit, is the largest input fuel in the iron and steel
plant (21321.2 MJ/t HRC), The coke produced in the coke plant is partly consumed by the iron-
making unit (10214 MJ/t HRC) and partly by the sinter plant (1612 MJ/t HRC). With respect to
the COG, it contains 2819.5 MJ/t HRC of energy in total. Part of the energy is used by the coke
plant itself and the rest is distributed to other unis as defined in the assumption. The captive
power plant produces electricity by consuming BFG and BOFG, which are produced in the blast
furnace and basic oxygen blast furnace, respectively. However, these two off-gases are not
enough to provide all the electricity demanded by the whole iron and steel plant. Hence, natural
gas is used in the power plant to supplement the electric demand.

Steam at 9 bar, 175 °C is available for the basic operation of the whole plant. The steam
is generated in the waste heat boiler which is integrated within the basic oxygen blast furnace.
Most of the steam is consumed in the coke production (0.23 MJ/t HRC). The rest is used in the
blast furnace (0.0297 MJ/t HRC) and air separation unit (0.0276 MJ/t HRC). The BOFG
generated in the basic oxygen furnace is solely used in the power plant as fuels.
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Figure 5.3 Diagram of the energy flows in the reference iron and steel plant
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5.1.4 Discussion

Comparing Figure 5.3 with Figure 5.1, it can be found that most of the CO2 emissions in the iron
and steel plant are, directly or indirectly, related to the treatment processes of raw materials.
Most of the carbon footprints can be traced back to those fundamental production processes,
such as coke and lime production. In addition, the use of natural gas also contributes to the total
CO- emission. Nevertheless, according to the specific energy consumption, it can be concluded
that the CO; from the natural gas only accounts for a small part of the total CO, emission (only
850 MJ of natural gas for 1 ton HRC is required). Moreover, it can be seen from Figure 5.3 that
the reference iron & steel plant has a highly self-sufficient energy network design and thus no
surplus energy can be provided to any additional equipment.

o Key fact 1: Most of the CO; emissions derive from the raw material treatment processes, i.e.
process-related CO; emissions.
o Key fact 2: A modern integrated steel mill has a highly integrated energy network.

5.2 Design basis for carbon capture

5.2.1 CO: capture strategy

As discussed in the last section, the CO2 emissions generated in the iron and steel plant can be
divided into two groups: direct and indirect emissions. Comparing the flue gases with the off-
gases, we can find that the CO; fractions in the flue gases are generally higher. Furthermore,
the present study is conducted with the principle of not breaking the original energy network of
the reference plant. Therefore, the CO. capture only aims at the direct CO, emissions in the iron
and steel plant.

That being said, it is found that not all direct emission point sources are appropriate for CO-
capture. According to the parametric studies done for the CO; capture systems in Chapter 4, the
energy demands of CO; capture systems rise significantly when CO» concentrations in flue
gases enter the low-concentration area (< 20 mol%). Note that the CO, fractions in the flue
gases of the sinter plant and reheating & rolling process are less than 5 vol%. Therefore, the
two points of emissions are pre-excluded for carbon capture deployment. One consequence of
this capture strategy is that 17 wt.% of the total CO. emissions in the flue gases is directly
emitted from the sinter plant and reheating & rolling process to the environment (see Figure 5.2).
In this capture scenario, 71% of the total CO2 emission from the iron and steel plant is to be
captured had no additional CO. emissions are generated.

o Key fact 3: Not all point sources of CO, emissions in the steel plant are appropriate for
deploying post-combustion capture systems.

Obviously, unlike the coal-fired power plant discussed in the last chapter, multiple point sources
of CO2 emissions exist in the iron and steel plant. Moreover, these point sources are spread
across a large area in the plant. How to deploy carbon capture systems in this situation is also a
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crucial part of the capture strategy. Ho and Wiley proposed three options for capturing CO- from
the multiple point sources of CO2 emissions [115, p. 749]:

1. Treating gases individually: deploying a carbon capture system at each one of the
emission points;

2. Centralized capture: directing all the gases to one location and capturing the mixed gas
with one single capture system;

3. Grouping point sources: dividing the multiple emission points into several groups and
for each group, one capture system is deployed.

According to Ho and Wiley [115], every option has pros and cons and thus should be evaluated
site-specifically when it comes to actual deployment. For an early-stage examination of carbon
capture for the iron & steel plant, the goal of this work is to have an insight into the feature of
carbon capture for each point source. Apparently, only the first option can provide the results
that reflect the impacts of individual point sources on energy consumption and cost.

o Key fact 4: Strategy of treating each point source individually is adopted in this work.
5.2.2 Energy supply for the CO: capture systems

Equipped with the CO. capture systems, the iron and steel plant will inevitably demand
additional electricity and/or steam. As discussed above, the electricity and steam produced by
the reference plant are exactly sufficient to maintain the original operation of the iron and steel
plant. Hence, additional sources of steam and electricity must be added to support the operation
of the CO2 capture systems. In this study, a base case for the energy supply to the capture
systems is defined as:

e Steam: a newly built steam generation unit
e Electricity: purchased from the grid

An additional steam generation plant consuming natural gas is assumed to be built to provide
steam for the CO, capture systems. The electricity required by the CO; capture systems is
assumed to be purchased from the grid. In doing so, the original energy supply chain in the
reference iron and steel plant will not be intervened and thus no modifications are required to be
made to those existing units.

Steam generation plant (SGP)

For the steam generation plant, a natural gas boiler was simulated in EBSILON® and its
schematic is displayed in Figure 5.4. In the model, a combustion chamber and steam generator
blocks are used to represent the boiler as a water tube boiler (low-pressure boiler), which
delivers live steam at 3 bar, 135 °C. This steam quality is specified to meet the steam demand
of the reboiler of the MEA capture system (2.7 bar, 130 °C) while assuming a 10 % pressure
drop and a 5 °C temperature drop. A heat consumer component block is used to function as a
reboiler of the MEA system. Based on the calculated heat reboiler duty, an internal ‘controller’
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5 Deployment of carbon capture systems in a greenfield iron and steel plant

was used to calibrate the feed water flow while an external ‘controller’ used to adjust the mass
flow of natural gas. The composition of the used natural gas can be found in Appendix F (see
Table F. 2).

Burning natural gas, the steam generation plant emits additional CO,. The composition of its
flue gas is shown in Table 5.4. In the present study, the additional CO2 emission from the steam
generation plant is not to be captured for its low fraction in the flue gas (< 10 mol%), the same
reason for not capturing CO, from sinter plant and reheating & rolling process (see Section
5.2.1). Nevertheless, it is still accounted as a part of the total CO, emission from the iron and
steel plant.
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Figure 5.4 Steam generator model in EBSILON®

Table 5.4 The composition of the flue gas from the steam generation plant

Composition Unit Value
N2 mol% 72.0
02 mol% 3.2
Ar mol% 0.9
H20 mol% 15.4
CO2 mol% 8.6

Imported electricity

In addition, the imported electricity supplied to the CO2 capture and compression units is
postulated to be produced in fossil-fuel power plants. Therefore, the CO, emissions generated
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by producing the imported electricity is also accounted as part of the CO, emissions from the
iron steel plant. An emission factor of 523 kg CO./MWh, [192] is used for the accounting of CO-

emissions

5.2.3 Boundary of the carbon capture analysis

Having determined the CO; capture target, strategy and energy supply approach, the overall
capture scenarios and boundary of the techno-economic analysis for carbon capture in the
reference iron and steel plant are summarized and displayed (see Figure 5.5). As discussed
previously, four CO2 emission point sources, i.e. coke production, hot stove, lime production,
and power plant are targeted. Specifically, three scenarios, corresponding to the three capture
systems (cascaded membrane, MEA, and Hybrid D2 systems), are deployed at the four point
sources, respectively.
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Figure 5.5 The boundary of techno-economic analysis for carbon capture in the reference plant
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At each point source, a CO; capture unit is implemented. In addition, two CO2 compression
trains are used to compress a large amount of CO, captured. Each of the compression trains
receives gases from two of the four capture units as shown in Figure 5.5. The compression
train 1 is responsible for compressing the CO, captured from the power plant and lime
production process while the compression train 2 deals with the CO, captured from the hot
stove and coke production process. The techno-economic analysis in the chapter only focuses
on the CO; capture and compression units, as well as the added steam generation unit. The
production processes of other units stay unchanged. The space requirement for the installed
capture units, compression trains, and steam plants are not assessed in the present study.

5.3 Technical analysis for carbon capture

This section presents the technical results of the three studies scenarios. As mentioned above,
it is important to examine the performances of the CO: capture systems for each emission point
source. Therefore, the energy consumption of the CO, capture systems at each target unit is
presented. The geometric results concerning absorber & stripper diameters and membrane area
are displayed in Appendix J.1 (see Table J. 1).

5.3.1 Energy consumption
Electricity demand

The electricity demand of the three capture systems for each emission point source is displayed
in Figure 5.6. It is not surprising to find that the cascaded membrane system consumes more
electricity than the other two systems for each emission point source since electricity is the only
form of energy demanded by this system.
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Cascaded membrane MEA Hybrid D2
Figure 5.6 Electricity demand for CO2 capture and compression
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In total, the cascaded membrane capture system and compression require 217 MW, of
electricity while the Hybrid D2 system plus compression process consumes 105 MWs. Only 76
MWe. is required by the MEA system and compression trains.

Thermal energy demand

In Figure 5.7, the thermal energy consumption of the three capture systems is compared. Since
heat integration is also conducted for the cascaded membrane units as described in Section
4.6.1, no thermal energy is required for them in the steel plant either. By contrast, the MEA
system is the largest consumer of thermal energy, which requires totally 703 MWy, of heat for
MEA regeneration. The demand for the Hybrid D2 system for thermal energy is 461 MW.
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Figure 5.7 Thermal energy demand for CO2 capture

As far as the four emission sources are concerned, the energy demand is apparently related to
the amount of CO, emissions. The power plant has the largest demand for electricity or thermal
energy regardless of the type of capture system applied. This is due to the largest amount of
CO; in its flue gases as shown in Figure 5.2.

The specific reboiler duty and electricity demand for each capture system and each point source
of emission are tabulated in Table 5.5. Generally, the specific reboiler duties at the emission
sources of the Hybrid D2 system are lower than that of the standalone MEA system except for
the hot stove. As discussed in Chapter 4, this is a result of varied flow rates and CO;
concentrations combined. In addition, the overall specific electricity consumption of the
cascaded membrane system is nearly three times as much as that of the MEA system while
twice as much as that of the Hybrid D2 system.
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Table 5.5 Specific reboiler duty and electricity demand

Emission Unit Cascaded MEA Hybrid D2
sources membrane
Power plant / 3.74 3.69
Specific Hot stove / 3.58 3.63
boiler dut GJ/tco2
reboiler duty Coke oven / 3.93 3.82
Lime plant / 3.54 3.51
Power plant 0.17 0.02 0.05
Hot stove 0.17 0.005 0.05
Coke oven 0.24 0.03 0.05
Specific Lime plant 0.22 0.01 0.05
electricity _ MWhe/tcoz
demand Compression 0.11 0.09 0.09
train 1

Compression

train 2 0.11 0.09 0.09

Total 0.29 0.10 0.14

5.3.2 CO: captured and avoided

The additional CO, emissions from the steam generation plant and imported electricity for each
type of capture system are tabulated in Table 5.6.

Table 5.6 Additional CO2 generated due to the imported electricity and steam generator

Cascaded

Unit MEA Hybrid D2
membrane
Additional CO2
emission from Mtly / 2.38 1.56
SGP
Additional CO2
from imported Mtly 0.9 0.3 0.4
electricity
Total Mtly 0.9 2.7 2.0
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Having considered the additional CO2 emissions, the amounts of CO; captured and avoided by
applying the three capture systems are displayed in Figure 5.8 for the 4 point sources of
emission. In embodiment, the four emission point sources share the two compression trains and
steam generator. In order to figure out the characteristics of capturing CO; from every single
source, the CO, emissions from the compression trains and steam generation plants are
distributed to the 4 sources based on the amount of CO, captured from each of them.
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Figure 5.8 Amount of CO2 captured and avoided

It can be seen in Figure 5.8 that, for each point source of CO; emission, the amounts of CO,
captured by the three capture systems are the same due to the fact that their capture rates are
all set at 90 %. Nonetheless, the amounts of CO, avoided by the three capture systems differ
from each other.

In general, the cascaded membrane system leads to the highest amount of CO, avoided in
comparison with the other two capture systems. It is observed that the amount of CO- avoided
by the MEA system at each point source is less than half of the amount of CO; it has captured.
Apparently, this is due to the fact that the additional CO, emissions from the steam generator
are not captured in the current capture scenario. In Table 5.7, the CO. avoidance rate for the
whole iron and steel plant and its breakdown for each point source are demonstrated.

As Table 5.7 indicates, 60.4 % of the total CO: is avoided by the cascaded membrane system
as compared to the original CO2 emission from the plant. In comparison, the MEA system has
only avoided 39 % of the CO2 emission while the Hybrid D2 system has a medium performance
compared to the two standalone technologies.
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With respect to each emission point source, the largest part of CO: is avoided at the power plant.
The hot stove is the second largest source for CO; avoidance. The coke and lime productions
combined only contribute 9.6, 6.2 and 7.5 % to the total rates of CO; avoided by the cascaded
membrane, MEA and Hybrid D2 systems, respectively.

Table 5.7 CO2 capture and avoidance rates

Emissi
mission Unit Cascaded MEA Hybrid D2
source membrane

Power plant 35.7 231 28.0

Hot stove 15.1 9.7 11.8

CO: avoidance Coke oven % 7.0 4.5 55
rate R ——

Lime plant 2.6 1.7 2.0

Total 60.4 39.0 47.3

5.3.3 Sensitivity analysis

As shown in the last section, the amounts of CO, avoided by the capture systems are, as
compared to the amounts of CO, captured, undermined by the additional CO, emissions owing
to the use of imported electricity and steam generation plant. Hence, the CO, emissions induced
by the deployment of the steam generation plant and the imported electricity were varied to
examine the impacts.

Sensitivity of the CO. avoidance rate to the CO. emission factor of the imported
electricity

As defined in Section 5.2.2, the imported electricity is assumed to be produced in coal-fired
power plants and an emission factor of 523 kg/MWh. is used in the base case. For the
sensitivity analysis, the factor was varied by + 30 and - 30 %, respectively, for the three capture
systems to check what the impacts on the CO; avoidance rate would be. Moreover, a case
assuming zero CO, emissions from the imported electricity, which simulates a situation where
carbon-free fuels are used, is considered as well. The results are displayed in Figure 5.9.

Naturally, increasing the emission factor would reduce the CO; avoidance rates for all the three
capture systems and vice versa. Due to the fact that the cascaded membrane system has the
highest demand for electricity as shown in Figure 5.6, varying the emission factor apparently
has larger impacts on this system than the other two. When carbon-free fuels are used, the CO-
avoidance rate would rise from 60.4% in the base case to 71%. Meanwhile, the CO2 avoidance
rates of the MEA and Hybrid D2 systems would rise by 3.8 % and 5.2% as compared to the
base case, respectively.
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Figure 5.9 Sensitivity of the CO2 avoidance rate to the CO2 emission factor of the imported electricity

Sensitivity of the CO. avoidance rate to the CO. emission from the steam generation
plant

Similarly, the additional CO, emission from the steam generation unit for each capture system
was varied by +/- 30%. A case of zero emissions is also added. The results are shown in Figure
5.10. In the scenario where the cascade membrane system is deployed, the steam generation
plant is not needed as no steam is required for CO, capture. Therefore, only the base case for
the cascaded membrane system is demonstrated for comparison.

As can be seen in Figure 5.10, it is the CO2 avoidance rate of the MEA system that is most
influenced by the CO; generated in the steam generation plant. This is because this system has
the largest steam demand. Except for in the zero-emission case, the CO. avoidance rate of the
MEA system is always lower than that of the Hybrid D2 system and cascaded membrane
system. Nonetheless, when the carbon-free fuels are used, both of the MEA and Hybrid D2
systems overtake the cascaded membrane system in terms of the CO, avoidance rate.
Moreover, deploying the MEA system has become the scenario with the highest CO2 avoidance
rate, yielding an avoidance rate of 67.4%.
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Figure 5.10 Sensitivity of the CO2 avoidance rate to the CO2 emissions from the SGU
5.4 Economic analysis
5.4.1 Cost estimation basis

In the IEAGHG report [116], the studied conceptual iron and steel plant was assumed to be built
in the year 2010 and the cost of HRC was estimated on the basis of this year. Given the fact
that the production process is interfered with by carbon capture, the cost of HRC without CCS
for the report was directly escalated to 2016 € using CEPCI. This study only estimates the cost
of carbon capture and the incremental cost of HRC due to the deployment of carbon capture.
The total HRC cost with carbon capture is estimated by adding the incremental cost of HRC on
the top of the basic HRC cost without carbon capture. The general basis for the economic
analysis for the iron and steel plant is displayed in Table 5.8. CO, allowance price is not
considered at this stage.

Table 5.8 The assumptions and cost parameters for the reference iron and steel plant

Parameter Unit Value

Operating hour h/year 8000

Year of construction / 2016
Lifetime year 25

Cost of HRC (2016) €/t 509.7

Price of imported electricity €/kWh 0.088
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5.4.2 CAPEX, OPEX and CO; avoidance cost

Given the estimation basis, the total purchased equipment costs for the cascaded membrane,
MEA, and Hybrid D2 systems are calculated to be € 124.3 million, € 73.2 million, and € 99.1
million, respectively. The breakdowns of the equipment costs for the three capture systems for
each single emission point source are summarized in Appendix J.2. Based on the equipment
costs, the CAPEXs, OPEXs and CO, avoidance costs for the three deployed capture systems
are estimated. It should be noted that the equipment costs for the steam generation plant are
not included in the purchased equipment costs. Due to the lack of detailed data of the steam
generation units, their CAPEXs are directly interpolated from the cost data provided in the
literature for the steam generation plant with the same set-up [116, pp. D-9]. The interpolation is
conducted based on the heat capacity of the steam generated. Furthermore, for ease of
comparison, the costs for the compression trains are also included in the CAPEXs and OPEXs
of their corresponding capture systems.

The CAPEXs for the cascaded membrane, MEA, and Hybrid D2 systems are € 581 million,
€ 557 million, and € 624 million, respectively. The breakdown of the CAPEX estimation is
presented in Appendix J.3. As mentioned in Chapter 3, different annuity factors need to be
applied for the membrane and other equipment, respectively, for the CAPEX calculation.
Therefore, the annualized CAPEXs for the capture systems are used for comparison and shown
in Figure 5.11. It is evident that the cascaded membrane leads to the highest total annualized
CAPEX, 60.7 Mil € /year. The MEA system requires the lowest annual capital investment cost,
which is 37.2 Mil €/year. The annualized CAPEX for the Hybrid D2 system is 46.7 M€/yr.
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Figure 5.11 Annualized CAPEXs for CO2 capture

As shown in Figure 5.11, the largest contributor to the annualized CAPEX of the cascaded
membrane system is the investment cost for the carbon capture from the power plant. Similarly,
the investment cost spent on the capture unit for the power plant accounts for the largest part of
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the CAPEX for the Hybrid D2 system, and the second largest part of the CAPEX for the MEA
system. This is apparently attributed to the largest amount of CO, captured from this point
source. Compared to the cascaded membrane system, extra investment costs are required for
the steam generation plants as assumed for the MEA and Hybrid D2 systems. Furthermore, in
the scenario of the MEA system, the steam generation plant is the largest consumer of the total
annualized CAPEX.

The OPEXs for the three capture systems are illustrated in Figure 5.12. The breakdown of the
OPEX for each capture system is shown in Appendix J.4. It can be seen from Figure 5.12 that
the cascaded membrane system has the highest OPEX (€ 223 million/yr). Comparatively, the
OPEXs for the MEA and Hybrid D2 systems are only € 142 million and € 156 million,
respectively.
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Figure 5.12 OPEXs for CO2 capture and compression
It is found that the cost of imported electricity is the main reason that the cascaded membrane system
requires the largest OPEX (see

Table J. 11 and Table J. 12). In total, the cost of the imported electricity for the capture and
compression units makes up 68.7 % of the total OPEX for the cascaded membrane system. In
comparison, the electricity costs for the MEA and Hybrid D2 systems account for 42.7 % and
49.4 % of their OPEXSs, respectively. In addition, the power plant and compression trains are the
two largest sections where the OPEX is consumed for each type of the capture system.

With both the CAPEXs and OPEXs estimated, the CO, captured and avoidance costs for the
three capture systems are estimated and the results are summarized in Table 5.9. The HRC
costs with carbon capture are also displayed. Note that the annual costs of the two compression
trains are distributed into the four emission point sources based on the amounts of CO-
captured at each point. The cost of the steam generation plant is also distributed to each single
emission point based on the respective heat demand. In doing so, the cost value that reflects
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the cost estimation for a complete capture & compression process can be displayed for each

point source.

Table 5.9 COz capture, avoidance and HRC costs

CO: capture &

compression Emission Total annual CO;capture CO; avoidance HRC Increase
of HRC
&steam source costs costs costs cost cost*
generation

Unit M €lyear €ltcoz €ltcoz €/tire %
Power plant 151 42.8 50.6 547.5 7

Hot stove 70 46.7 55.4 527.1 3

Cascaded

membrane Coke oven 45 65.2 77.4 521.0 2
Lime plant 17.3 67.2 78.8 514.0 1
Overall 283 47.4 56.1 581 14

Power plant 106.5 30.1 55.2 536.3 5

Hot stove 494 33.0 60.2 522.0 2

MEA Coke oven 27.7 40.2 72.8 516.6 1
Lime plant 10.8 421 77.4 5124 1

Overall 194.4 325 59.5 558.3 9

Power plant 116.0 32.8 49.4 538.7 6

Hot stove 51.5 344 52.0 522.5 3

Hybrid D2 Coke oven 32.6 47.3 70.8 517.8 2
Lime plant 13.8 53.6 81.2 513.1 1
Overall 213.9 35.8 53.9 563.1 10

*HRC cost w/o carbon capture: 509.7 €/thrc

As shown in Table 5.9, the largest annual cost (283 M€/yr) is required by the cascaded
membrane system. As a result, the implementation of the cascaded membrane system will lead
to the highest HRC cost increase (14 %). The MEA system requires the lowest annual cost
(194.4 M€/yr) and thus results in the lowest HRC cost increase (9 %). Nevertheless, due to the
fact that the CO, avoidance rate of the MEA system is lower than that of the cascaded
membrane system (see Table 5.7), the cascaded membrane ends up having a lower CO2
avoidance cost (56.1 €/tco2) than the MEA system (59.5 €/tcoz2). The lowest CO2 avoidance cost
is exhibited by the Hybrid D2 system, which is 53.9 €/tco.. Nevertheless, the differences
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5 Deployment of carbon capture systems in a greenfield iron and steel plant

between the CO. avoidances costs of different capture systems are in fact not significant
considering the anticipated uncertainty of the costing method (see Section 3.6).

In addition to the comparison made between different capture systems, it is also interesting to
compare the cost values between different emission point sources. Evidently, the deployment of
carbon capture for the power plant will lead to the highest increase of HRC cost for each
capture system. This is attributed to a larger amount of CO, emitted for this point source (see
Figure 5.8) and, consequently, the largest CAPEX and OPEX are required. Nonetheless, it is
observed that implementing carbon capture for the power plant leads to the lowest CO-
avoidance cost in comparison to the other three emission sources, regardless of the type of
capture system implemented. Moreover, comparing Figure 5.2 with Table 5.9 can lead to a
finding that the point source with a higher CO. weight ratio generally results in a lower CO2
avoidance cost.

In other words, the ranking of CO, avoidance costs of the 4 point sources is not affected by the
type of capture technology used but decided by the characteristics of the emissions sources
(power plant < hot stove < coke oven < lime plant). Therefore, when deploying carbon capture
for all point sources is not possible, a decision can be made according to the rank of CO.
avoidance cost.

5.4.3 Comparison with published results

Some results from other studies regarding the techno-economic evaluation of post-combustion
carbon capture have been review in Chapter 2. The results obtained in this chapter of this work
are compared with some of the published results (see Table 5.10). Based on the same criteria
used in the last chapter, the economic results are re-evaluated on the basis of 2016 €.
Specifically, the studies of Ho et al. [58] and IEAGHG [116] are selected for comparison due to
the similar research conditions and scopes. Despite this, differences concerning the capture
scenario as well as the steam & electricity supply strategy are still existent. As mentioned in
Chapter 2, as of now, no publications have yet been found on a holistic techno-economic study
for CO; capture in the iron and steel industry using membrane-based technology. The two
selected studies, for instance, have only investigated the MEA-based chemical absorption
process due to the maturity of this technology.

As displayed in Table 5.10, the estimated CO, avoidance costs gained by Ho et al. [58] are
similar to the estimate attained in this work for the MEA system, with the estimates of Ho et al.
being a bit lower. Also, the cascaded membrane system exhibits a higher CO» avoidance cost
than the results of Ho et al. [58] but only with marginal differences. It is particularly interesting to
compare the results between the present study and the IEAGHG report since the investigated
iron & steel plants are the same. It can be seen that all the CO- avoidance costs for the capture
systems obtained in this work are lower than the cost values from the report of IEAGHG [116].
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Table 5.10 Comparison of the present study with literature

Literat
reraiure The present study Ho et al. [58] IEAGHG [116]
source
Cascaded . Case 1- EOP- EOP-
Case membrane MEA Hybrid D2 | Case 1 extended Case 2 L1 L2
Capture | mbrane  MEA  MeMPrane | e MEA MEA | MEA  MEA
technology +MEA
Steam
plant,
Al Izz‘t”iro t Steam  hot
Emission Power plant, hot stove, coke direct P stO\’/e Blast plant, stove.
source oven, lime plant emission ’ Furnace hot Coke
coke oven,
sources . stove, oven,
sinter plant )
lime
plant
Y f cost
ear ot cos 2016(€) 2010(AU$) 2010(US$)
data
Region Germany Australia Western Europe
CO2
avoidance 60.4 39 47.3 85 80 32 50.2 60.3
rate [%]
Discount
rate [%] 8 8 8 7 7 7 10 10
Newl il
Steam Newly built steam plant CHP plant fitted with CCS ewly built
supply steam plant
Electricity Purchased from grid CHP plant fitted with CCS Captive power
supply plant
Re-evaluation (2016 €)
HRC cost
w/o CCS 509.7 509.7 509.7 / / / 509.7 509.7
[EM]
HRC cost w/
ces [€f] 581 558.3 563.1 / / / 578.1 600.2
Cost of CO2
avoided [€/t] 56.1 59.5 53.9 56.1 52.8 50.2 65.3 71.9
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Various causes can lead to differences between studies. They can be attributed to the different
regional pricings, assumed discount rates, etc. More importantly, it can be noticed that the CO»
avoidance rates are not kept the same in the compared cases. Two major facts are found to
result in the varied CO; avoidance rates: 1) different CO, capture strategies (distinct point
sources are targeted); 2) different options for electricity & steam supply, which are clearly
displayed in Table 5.10.

With all the differences mentioned above combined, it is almost impossible to compare the
results of this work to that of other studies. Therefore, the comparison should be focused on the
comparison inside this thesis, especially when it comes to the comparison between different
carbon capture systems.

5.4.4 Breakeven CO; allowance price

In this section, the CO. allowance scheme is assumed to be imposed on the steel industry and
its influence is examined. The CO; allowance price was varied from 0 to 100 €/tco2 to see how
the HRC costs would change, respectively, when different capture systems are implemented
(see Figure 5.13).

As a result, the cost of HRC without carbon capture is lower than that with carbon capture when
no CO; allowance price is charged. As the CO- allowance price rises, the iron and steel plant
with carbon capture gradually becomes more cost-effective. Different breakeven CO. allowance
prices for the three capture systems are attained and displayed in Table 5.11. What should be
noted is that the price of the purchased electricity will also change if the same CO. tax is
imposed on the power sector at the same time. Nevertheless, to simplify the analysis, this
situation is not considered for the present work.

720 / =¢==Reference case (w/o CCS)
670 == Cascaded membrane
“% 620 MEA
174
3
g 570 =>e=Hybrid D2
= /
520 g
470 T T : - -
0 20 40 60 80 100

CO, allowance price [€/tcq,]
Figure 5.13 HRC cost as a function of the CO2 allowance price
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Table 5.11 Breakeven HRC cost and CO: allowance price

Cascaded membrane MEA Hybrid D2
Breakeven HRC [€/thrc] 628.4 634.2 622.4
Breakeven CO,
allowance price 56.1 59.5 53.9

[€/tcoz]

As displayed in Figure 5.13, the MEA system in the iron & steel plant will not be economically
feasible unless the CO; allowance price has reached 59.5 €/tcoz, which is the highest of all. The
breakeven CO; allowance prices for the cascaded membrane and Hybrid D2 systems are 56.1
and 53.9 €/tcoz, respectively. Nevertheless, there is no telling which system has higher
breakeven allowance price considering the expected uncertainty of cost estimates.

5.4.5 Sensitivity of the CO2 avoidance cost to the source of the steam

As discussed above, the current scenario of steam supply considered for this study, i.e. building
a new steam generation plant, significantly reduces the CO, avoidance rate since the CO
emitted from this unit is not captured in the current capture scenario. Therefore, another
approach for the steam supply is examined in this section. It is assumed that the steam usage
for the carbon capture systems is also imported. Specifically, the steam (at 131 °C, saturated) is
assumed to be purchased from a nearby coal CHP power plant. The price and the CO;
emission factor are interpolated based on the cost and climate impact of steam provided in the
CEMCAP framework [160]. As a result, a steam price of 11.6 €/ MWhy and a CO2 emission
factor of 173 kgco2/MWhy, are used in the new scenario

As a result of importing both electricity and steam from external sources for carbon capture, the
CO; generated from the imported resources have varied for the MEA and Hybrid D2 systems as
compared to the previous scenario. The corresponding CO, avoidance rates are tabulated in
Table 5.12.

Table 5.12 Additional CO2 emission and COz avoidance rates with imported electricity and steam

Cascaded

Unit MEA Hybrid D2
membrane
Total additional
Mt/ 09 1.2 1.0
COz2 emission y
CO2 avoidance % 60.4 55.8 58.3

rate

Comparing Table 5.12 with Table 5.6, we can find that the additional CO, emissions generated
for providing energy for the MEA and Hybrid D2 systems become less when the steam is
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imported instead of being produced from an onsite steam generation plant. Consequently, the
CO: avoidance rates for the MEA and Hybrid D2 system have increased from 39 % to 55.8 %
and 47.3 % to 58.3 %, respectively.

The CO- avoidance costs under the two scenarios of steam supply are displayed in Figure 5.14.
The CO- avoidance cost for the cascaded membrane system is not influenced since it does not
require steam supply. For the MEA and Hybrid D2 systems, the CO, avoidance costs are
reduced from 59.5 to 42.5 €/tco, and 53.9 to 44 €/tcoz, respectively, when the steam supply
option is changed from steam generation plant to imported steam. Besides, the MEA system
benefits most from this change of steam supply as this system has the highest demand for
steam. Its CO. avoidance cost has decreased by 29 %. In comparison, the CO. avoidance cost
for the Hybrid D2 system has dropped by approximately 18 %. Under the scenario of importing
steam, the MEA system becomes the most cost-effective option of the three capture systems.

B Steam generation

60 7 plant

50 - B Imported steam
40 -
30

20 +

CO, avoidance cost [€/t]

10 +

Cascaded MEA Hybrid D2
membrane

Figure 5.14 Comparison of CO2 avoidance costs with two steam supply methods

5.5 Discussion

5.5.1 Impacts of steam supply strategies on carbon capture in the iron &
steel plant

As displayed above, the MEA system exhibits the lowest ratio of CO, avoidance when the
steam supplied to the carbon capture systems is from an onsite steam generation plant (natural
gas-based). Only 39 % of the total CO, emission from the iron & steel plant is avoided (see
Table 5.7). The MEA system also exhibits the highest CO, avoidance cost (59.5 €/tco2) as
compared to the other analyzed capture systems (see Table 5.9). The CO; avoidance cost for
the cascaded membrane system is 56.1 €/tco. Meanwhile, the Hybrid D2 system results in the
lowest CO2 avoidance cost (53.9 €/tcoz2). As discussed in Section 5.4.2, there are in fact no
significant differences in the CO. avoidance costs between the capture systems considering the
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uncertainty of the costing method. The differences get more noticeable only when the steam
supply method has been changed.

According to the sensitivity analysis conducted in Section 5.4.5, different steam supply options
have significant impacts on economic evaluation. When the steam is imported from a coal CHP
power plant instead of being generated from a newly-built onsite steam generation plant, the
MEA system has turned from the system with the highest CO2 avoidance cost to the system
with the lowest CO, avoidance cost of the three analyzed systems (see Figure 5.14). In
comparison to the scenario of onsite steam plant, the CO, avoidance costs for the MEA and
Hybrid D2 systems have dropped by 29 and 18%, respectively, when the steam supply option is
altered. On this occasion, the MEA and Hybrid D2 systems are out of question superior to the
cascaded membrane system in terms of economics. Nevertheless, the difference of CO;
avoidance costs between the MEA and Hybrid D2 systems is small.

The sensitivity analysis shows that the steam supply strategy is a vital factor in determining the
economic feasibility of a certain carbon system. Therefore, the evaluation of a carbon capture
system for a steelmaking plant should take the availability of steam into account.

Conclusion 1: Selection of a proper carbon capture system for a specific iron & steel plant is in
part subject to steam supply strategy.

It should be noted that the additional costs for the transport and storage of imported steam are
not estimated in the present study. The additional costs in this regard may vary depending on
how far the source of imported steam (a nearby coal CHP plant is assumed in the present work)
is from the iron & steel plant. According to Anantharaman et al. [160], an onsite natural gas-
based boiler is generally more expensive than imported steam. This statement is in accordance
with the result of the sensitivity analysis performed in Section 5.4.5. On the other hand, however,
it is also stated by Anantharaman et al. [160] that an onsite gas boiler is more flexible in terms of
the capacity of the available steam even and, moreover, it is not always probable to import
steam from power plants.

In addition to the steam supply scenarios considered in this chapter, the IEAGHG report also
proposes to replace the low-pressure steam boiler with a natural gas CHP plant [116]. It is
stated that a reduction of 12-14 % of the CO, avoidance cost for the MEA system can be
achieved when a new CHP plant is built as compared to a newly built onsite steam generation
plant [116, p. D28]. However, the reduction is still smaller than that brought by importing steam.

Apparently, distinct steam supply strategies lead to different technical and cost estimates.
Although not all scenarios have been examined, a general finding can be concluded:
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Conclusion 2: An onsite source of the steam supply in an iron & steel plant is more expensive
than importing steam from external sources but able to provide required steam more flexibly and
stably.

5.5.2 CO; avoidance cost & breakeven CO; allowance price

Note that, in Figure 5.13, there are also intersections between the curves of the three capture
systems, which is not seen for the capture systems deployed in the power plant (see Figure
4.52). The cause for this phenomenon is that the studied capture systems have the same CO-
avoidance rates in the power plant but different ones in the iron & steel plant.

It can be seen from Figure 5.13 that the MEA system, which leads to the lowest HRC cost and
lowest CO. avoidance ratio, overtakes the cascaded membrane and Hybrid D2 systems with
respect to the HRC cost as the CO: allowance price increases. The cascaded membrane
system, which has the largest CO. avoidance rate, leads to the highest HRC cost at zero CO;
allowance price but becomes the most economical option when the CO; allowance price is
above 70.9 €/tco.. Meanwhile, the MEA system, which still avoids the lowest ratio of CO;
emission, has resulted in the highest HRC cost. Apparently, capture systems with higher CO;
avoidance ratios benefit more from the increase of the CO, allowance price.

Conclusion 3: The carbon capture system capable of avoiding a higher ratio of CO2 will gain
more economic advantages as the CO: allowance price increases.

In both the reference power plant and iron & steel plant, the CO, avoidance costs and
breakeven CO; allowance prices for the studied capture systems have been calculated. It is
found that, for each capture system, its CO, avoidance cost is identical to its breakeven CO-
allowance price. Maas et al. [140] mentioned that the CO, avoidance cost correlates with the
breakeven allowance price but did not clearly clarify the correlation.

There exists a clear explanation for this finding. The breakeven CO; allowance price for a
carbon capture system is reached when the extra expenditure, which a plant without carbon
capture spends to buy CO, emission allowance, is identical to the investment cost for the plant
to deploy the carbon capture system. Naturally, only when the CO; allowance price equals the
CO, avoidance cost of a certain carbon capture system can the capture system become
economically feasible.

Conclusion 4: The CO: avoidance cost is equivalent to the breakeven CO- allowance price
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5.5.3 Carbon capture in the reference power plant vs iron & steel plant

Three CO: capture systems, i.e. the cascaded membrane, MEA, and Hybrid D2 systems, have
been deployed in both a reference power plant (see Chapter 4) and a reference iron & steel
plant (see Chapter 5). It would be of great interest to make a comparison between the
performances of the capture systems in the power plant and iron & steel plant.

In the power plant, the Hybrid D2 system has a lower CO; avoidance cost (48.8 €/tcoz) than that
of the cascaded membrane system (65.1 €/tcoz). However, the Hybrid D2 system does not show
obvious advantage over the standalone MEA system (49.1 €/tco2) with regard to economics. It
has been concluded in Section 4.8.2 that the economic competitiveness of the Hybrid D2
system is dependent on the membrane price. With respect to the iron & steel plant, insignificant
differences in the CO: avoidance costs are seen between the three capture systems (MEA
system: 59.5 €/tco, cascaded membrane system: 57.4 €/tcoz, Hybrid D2 systems: 53.9 €/tcoz).

The cost results themselves denote that the Hybrid D2 system has potential for being more
economically feasible than the standalone capture technologies in both plants. Nevertheless,
grounds for such statement disappear when the uncertainty of the cost model is taken into
account. In spite of this, the economic results still demonstrate that the Hybrid D2 system can
be a competitive option as compared to the standalone MEA and membrane technologies. A
more accurate cost model is therefore in need to conduct higher classes of cost estimation.

Conclusion 4: Hybrid D2 system is potentially a more economically feasible system than the
standalone carbon capture technologies (membrane and MEA) in both the reference power
plant and iron & steel plant. However, cost estimation with higher accuracy is needed to
examine it.

Having compared the overall CO; avoidance costs of different capture systems deployed in the
iron & steel plant, it is also necessary to take a closer look at the CO, avoidance cost for each
point source of CO, emission. Interestingly, it is found in Table 5.9 that although the Hybrid D2
system shows the lowest overall CO, avoidance cost, this system does not result in the lowest
avoidance cost for every single source of emission. The lowest CO. avoidance cost for
capturing CO- from the lime plant is achieved by implementing the MEA system at this site (see
Table 5.9). Moreover, the CO. avoidance cost of the MEA system for the coke oven is also
smaller than that of the cascaded membrane system in spite of the fact that the cascaded
membrane system exhibits a lower overall CO, avoidance cost. This suggests that the multiple
sources of CO; emissions in an iron & steel plant can be dealt with by different carbon capture
technologies in order to lower the overall CO; avoidance cost.

Conclusion 5: In an iron & steel plant, it is not necessary to use only one type of carbon
capture technology to deal with all sources of CO, emission. From an economic point of view,
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the selection of carbon capture technology should be conducted for each source of CO:
emission.

5.6 Summary

In this chapter, the applications of post-combustion carbon capture systems are extended to a
reference iron & steel plant. Three capture systems (cascaded membrane, MEA, and Hybrid D2
systems) are analyzed. Especially, comprehensive techno-economic analyses have for the
first time been performed for the cascaded membrane and Hybrid D2 system in an iron &
steel plant.

In Section 5.1, the basic information of the reference iron & steel plant is introduced and some
assumptions for carbon capture research are made. In addition, the characteristics of the
multiple point sources of CO2 emission in the iron & steel plant are demonstrated. It has been
found that raw material treatment processes are the main sources of CO, emission.

Section 5.2 discusses the strategy for deploying the carbon capture systems. It is decided to
deploy one capture system to deal with each point source of emission individually. Concerning
the energy supply for the capture systems, a new steam generation plant is assumed to be built
to provide steam while the electricity is imported from the grid in the base scenario.

The technical and economic evaluations are then carried out for the capture systems and the
results are presented in Section 5.3 and 5.4, respectively. It suggests that the CO, avoidance
costs for the Discussions concerning the results are made in Section 5.5 and some key
conclusions are drawn as follows:

e The selection of the carbon capture system for a specific iron & steel plants is partly subject
to steam supply strategy.

e An onsite source of the steam supply in an iron & steel plant is more expensive than
importing steam from outside sources but able to provide required steam flexibly and stably.

e The Hybrid D2 system exhibits potential economic advantages over the standalone capture
technologies (membrane & MEA) in both the reference power plant and iron & steel plant.
However, it should be further examined using cost models with higher accuracy.

e The carbon capture system capable of avoiding a higher ratio of CO, will gain more
economic advantages as the CO- allowance price increases in the iron & steel plant.

e The CO, avoidance cost equals the breakeven CO, allowance price

e In an iron & steel plant, it is not necessary to use only one type of carbon capture
technology to deal with all sources of CO2 emission. From an economic point of view, the
selection of carbon capture technology should be conducted for each source of CO;
emission.
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6 Summary

This chapter restates the scope and objectives of this thesis, illustrates the approach of the
study, summarizes the simulation results, and, finally, highlights the key conclusions of this work.

6.1 Scope and objectives

Post-combustion carbon capture technologies are found to be indispensable for reducing global
CO; emissions from large emissions sources (e.g. coal-fired power plants and steelmaking
industry). However, the benchmark post-combustion carbon capture technology, i.e. the MEA-
based chemical absorption technology, has shown to be rather energy-intensive. Meanwhile,
the performance of the gas permeation membrane-based separation technology, which is one
of the emerging carbon capture technologies, has also been found to be restricted by the
membrane properties, especially when it is designed to be applied in industrial-scale plants.

Under this background, the present study is focused, on the one hand, on developing hybrid
membrane/MEA capture systems instead of trying to seek breakthroughs in standalone
carbon capture technologies. In doing so, this study endeavors to push forward the applicability
of post-combustion carbon capture technologies. On the other hand, the study of post-
combustion carbon capture in the steelmaking industry has been found to be insufficient as
compared to the power sector. Therefore, another target of the present study is to fill the
research gap for the techno-economic assessment of the post-combustion carbon capture in
the steelmaking industry and, in particular, for the membrane-based and hybrid membrane/MEA
carbon capture systems.

6.2 Approach

Model development

Two types of hybrid membrane/MEA capture systems (Hybrid D1 and D2) were developed
using a commercial simulation tool, Aspen Plus®. In addition, two standalone carbon capture
technologies, i.e. the cascaded membrane and MEA systems, were modeled as reference
capture systems. The Polyactive® membrane was selected as the investigated membrane
material for the membrane-based CO. separation systems. A costing model based on the
discounted cash flow approach was built for estimating the costs for deploying carbon capture
systems.

Deployment of carbon capture in a coal-fired power plant

First, the carbon capture systems were deployed in a reference coal-fired power plant. To better
understand the interactions between the power plant and carbon capture systems, a power
plant model consisting of a water-steam cycle and a fuel/flue gas route was built up in
EBSILON® Professional. The power plant model was designed to run under Design mode at full
load and under Off-Design mode at part load or with carbon capture equipped.
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Given the boundary condition set by the power plant, parametric studies were first performed for
the MEA and membrane-based carbon capture systems in an attempt to, on the one hand,
understand the characteristics of the two standalone technologies and, on the other hand,
optimize the system specifications. The specifications for the two hybrid systems were also
optimized under the assumption that the optimal specifications for the standalone carbon
capture technologies (membrane & MEA) can be directly applied to the corresponding section of
them in the hybrid systems.

With the optimized specifications configured, the following points are addressed for technical
analysis:

e Determination of the steam extraction location for the MEA technology;

o Efficiency penalties caused by the analyzed carbon capture systems;

o Performances of the carbon capture systems at part load operation of the power plant;
e Waste heat integration using pinch analysis.

Finally, economic analysis was conducted for the deployment of carbon capture in the reference
power plant. Sensitivity analyses were carried out to examine the effects of some parameters on
the economic performances of the capture systems. Crucial cost metrics including LCOE and
CO; avoidance cost are used to compare the capture systems to each other.

Deployment of carbon capture in a reference iron & steel plant

Then, the applications of the carbon capture systems were extended to a reference iron & steel
plant. Given the basic information of the iron & steel, the existing point sources of CO, emission,
as well as their characteristics, were analyzed. Based on the characteristics of the emission
sources and capture systems, some point sources of CO, emission suitable for post-combustion
carbon capture were selected. Also, the energy network inside the iron & steel plant was
investigated so as to decide the energy supply (electricity & steam) strategy for the capture &
compression units. After the specific CO, capture and energy supply strategies have been
decided, techno-economic analysis was carried out to test the performances of the studied post-
combustion carbon capture systems. Additionally, the steam supply strategy was varied to
investigate its impacts on the CO- avoidance costs of the analyzed capture systems.

6.3 Results of carbon capture deployment

Some key results are obtained when the 4 carbon capture systems modeled in the present
study were deployed in a reference coal-fired power plant and a reference iron & steel plant,
respectively.

6.3.1 Deployment in a coal-fired power plant

Through parametric studies, the characteristics of the MEA and membrane-based have been
better comprehended:
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MEA system:

e There exists an optimal CO; lean loading that can lead to the least specific reboiler duty

e The reduction of the specific reboiler duty of the MEA system is insignificant when the
CO: fraction in the flue gas is higher than 40 mol%.

e The crossover pipe between the intermediate and low-pressure turbines is found to the
optimal option for steam extraction for the present study.

e A pressure control scenario that allows for a floating backpressure of the IP turbine is
more energy-efficient than the fixed pressure scenario. However, this approach will lead
to a power shift between the IP and LP turbines.

Membrane-based separation system:

e For the single-stage membrane system, the CO- fraction in the permeate gas is always
higher than 40 mol% when the capture rate is varied between 10 and 95 %.

e The cascaded membrane system gives a better performance at a lower temperature in
terms of energy consumption

e Higher content of H,O in the flue gas is beneficial to CO; transport through the
membrane. However, the enhanced CO; transport comes at the cost of lower CO2 purity
in the permeate gas and higher energy consumption.

The technical analysis for the 4 capture systems shows that the Hybrid D1 system results in the
highest efficiency penalty (15.6 %-pts) while the Hybrid D2 system leads to the lowest (9.7 %-
pts) when a CO; capture rate of 90 % was specified. In addition, under the same circumstances,
the cascaded membrane system has also been found to cause a higher efficiency penalty than
the MEA system. Additionally, it has been observed that higher efficiency penalties are caused
when the capture systems are operated at part loads,

Another important finding associated with the cascaded membrane system is that the steam
demand for the inter-heating in between the turbo-expanders cannot be neglected as in some
other studies. According to the simulation result, an additional efficiency penalty of 0.8 %-pts will
be entailed if the steam is also extracted from the steam turbines. Nonetheless, the study of
waste heat integration reveals that the exhaust heat inside the cascaded membrane system is
actually sufficient to provide the thermal energy required by the inter-heating process.

Furthermore, according to the pinch analysis, the exhaust heat from all of the 4 capture systems
has turned out to be able to be utilized for preheating the feedwater in the water-steam cycle.
With the waste heat integration, the net output of the power plant increases by 5.8, 5.4, 7.0, and
6.4 MW, when the power plant is equipped with the cascaded membrane, MEA, Hybrid D1, and
Hybrid D2 systems, respectively. Nevertheless, it should be noted that the reduction of the
efficiency penalty by utilizing the waste cost comes at the cost of increased number of heat
exchangers and more sophisticated HEN.
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The economic results show that the Hybrid D2 system leads to the smallest increase of LCOE
when the power plant is equipped with the capture system (5.36 to 8.57 cent/kWh). The MEA
system appears to result in a similar LCOE (8.59 cent/kWh), which is only marginally higher
than that of the Hybrid D2 system. The cascaded membrane system leads to the second
highest LCOE (9.59 cent/kWh) after the highest LCOE (15.1 cent/kWh) caused by the Hybrid
D1 system. Moreover, sensitivity analyses indicate that simply decreasing the price or extending
the lifetime of the Polyactive® membrane is unable to make the cascaded membrane system
more cost-competitive than the MEA or Hybrid D2 system.

Finally, the CO; allowance scheme was assumed to be imposed on the power plant. According
to the calculation, the CO, allowance price must reach 65, 49, and 48.6 €/tco, to render the
cascaded membrane, MEA, and Hybrid D2 systems, respectively, economically viable as
compared to the power plant without carbon capture.

6.3.2 Deployment in an iron & steel plant

The existing point sources of CO. emissions and energy network of the plant were first
screened and examined. Some major facts were unveiled:

¢ Not all point sources of CO, emissions in the steel plant are appropriate for deploying
post-combustion capture systems considering the CO- fractions in the flue gases.
e The reference iron & steel plant has a highly integrated energy use network.

Based on the two findings, 4 out of 6 major point sources of CO, emissions were chosen to be
equipped with carbon capture systems. The steam was assumed to be generated in a newly
built onsite steam generation plant whereas the electricity to be imported from the grid. Hence, a
natural gas boiler was simulated in EBSILON® Professional.

With respect to the capture strategy, it was decided to treat each single point source individually,
i.e. deploying a single capture system at each point source. This strategy is serving the purpose
of better understanding the character of each CO; emission source for deploying carbon capture.
Two CO2 compression trains were implemented to deal with the CO; streams from the 4
emission sources, with each compression train handling CO, streams. The cascaded
membrane, MEA, and Hybrid D2 systems were deployed in the iron & steel plant, respectively.
The Hybrid D1 was excluded for deployment in the iron & steel plant because its flawed design
has been unveiled in the power plant.

The technical analysis shows that the cascaded membrane system exhibits the highest total
electricity demand, which is 217 MW,, while the demands for the MEA and Hybrid D2 systems
are 76.3 and 105 MW, respectively. With respect to the steam demand, the cascaded
membrane system with internal waste heat integration does not need any supply of steam. The
largest amount of steam demand was seen on the MEA system, which requires 703 MWj,. In
comparison, the Hybrid D2 system has a thermal energy demand of 461 MW.
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6 Summary

Due to the fact that the onsite steam generation plant also generates CO», which was not
designed to be captured in this work because of the low CO. concentration, the three analyzed
capture systems led to different CO, avoidance rates. The cascaded membrane, MEA, and
Hybrid D2 systems are able to avoid CO2 emission from the reference iron & steel plant by 60.4,
39, and 47.3 %, respectively. Then, it was postulated that renewable energy is used to produce
electricity or steam for the capture systems. As a result, the respective CO2 avoidance rates of
the cascaded membrane, MEA, and Hybrid D2 systems increase to 71, 42.8, and 52.6 %,
respectively, when the imported electricity is produced using zero-emission fuels. When the
steam was assumed to be produced from zero-emission fuels, the CO. avoidance rate of the
cascaded membrane system stays unchanged while the avoidance rates of the MEA and Hybrid
D2 systems increase to 67.4 and 66 %, respectively.

Economic analysis indicates that the MEA system exhibits the highest CO. avoidance cost
(59.5 €/tco). The second highest CO, avoidance cost is seen on the cascaded membrane
system (56.1 €/tcoz). The Hybrid D2 system, which shows the lowest CO; avoidance cost in the
power plant, also exhibits the lowest avoidance cost (53.9 €/tco2) when it is deployed in the steel
plant. The differences between the avoidance costs of different capture systems are
insignificant considering the uncertainty of the cost model. A comparison was also made
between the 4 point sources of emission. It is discovered that, in general, the point source with a
higher CO2 weight ratio generally results in a lower CO; avoidance cost although higher CAPEX
& OPEX and, consequently, a higher HRC cost are inevitable when carbon capture is
implemented at the point source. The CO, tax was assumed to be charged for the iron & steel
plant, too. It is found that the breakeven CO, allowance price for a certain carbon capture
system is actually equivalent to the CO; avoidance cost for the system.

Lastly, the steam supply strategy was varied from building an onsite steam generation plant to
importing steam from a nearby coal CHP plant in order to investigate its impacts. It turns out
that the alternative strategy leads to higher CO; avoidance rates for the MEA and Hybrid D2
system. Moreover, the CO, avoidance costs for the two systems decrease from 59.5 to
42.5 €/tco and 53.9 to 44 €/tcoz, respectively.

6.4 Conclusions and contributions
With the key results summarized above, some conclusions can be drawn:

¢ Given the current property of the Polyactive® membrane, the main principle of designing
a hybrid membrane/MEA system should be utilizing the MEA technology to complement
the gas permeation technology (Hybrid D2) rather than using the membrane to boost the
performance of the MEA technology (Hybrid D1).

e The thermal energy demand of the cascaded membrane system has a pronounced
effect on the efficiency penalty. Nevertheless, it can be provided by internal heat
integration at the cost of increased investment in heat exchanger.
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6.4 Conclusions and contributions

The large capital cost and energy consumption of the cascaded membrane system
(Polyactive®) make it impossible to replace the MEA system for CO, capture from power
plants in the current commercial market.

In an iron & steel plant, the selection of a carbon capture system is partly subject to the
steam supply strategy.

An onsite source of steam supply for carbon capture in an iron & steel plant is more
expensive than importing steam from outside sources but able to provide required steam
flexibly and stably.

The capture system capable of avoiding a higher ratio of CO; will gain more economic
advantages as the CO- allowance price increases.

In an iron & steel plant, it is not necessary to use only one type of carbon capture
technology to deal with all sources of CO2 emission. From an economic point of view,
the selection of carbon capture technology should be conducted for each source of CO»
emission.

The Hybrid D2 system has potential for resulting in a lower CO; avoidance cost than the
standalone carbon capture technologies (membrane and MEA) for application in both
the power sector and steelmaking industry. Nevertheless, cost estimation with higher
accuracy is in need to examine it.

Based on the findings enumerated above, hybrid membrane/MEA systems are proven capable
of being more cost-effective than the standalone MEA and membrane-based technologies if
designed in a proper manner. Moreover, the in-depth techno-economic analysis for the
cascaded membrane and Hybrid D2 systems have revealed the impacts of post-combustion
carbon capture systems on an iron & steel plant.

This thesis is the first study that has concluded a basic principle for the design of hybrid
membrane/MEA carbon capture systems, which can be regarded as a reference for other
researchers. In addition, a holistic techno-economic analysis was for the first time carried out for
evaluating the feasibility of the cascaded membrane system and a new hybrid membrane/MEA
system in the steelmaking industry.
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Appendix A Definition

Appendix A Definition
A.1 Definition of CO2 loading

The CO; loading in the MEA-based chemical absorption system is defined as the ratio of the

CO2 mole fraction to the MEA mole fraction:

_ Xcoz
XMEA
A.2 Definition of CO2 capture rate
CCR [%] = M x 100%
[COZ]feed

A.3 Definition of m value for amine solution

Fr+ F + F _) x 1000
m [mol MEA / kg H,0] = (Fr RH* RC00-)

1 1 3
(Fyzo + 5 Fucos- + 5 Fry+ + jFH30+) x 18
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Appendix B MEA model in Aspen Plus®

Appendix B MEA model in Aspen Plus®
B.1 MEA scrubbing model
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Figure B. 1 Flowsheet diagram of the MEA-based scrubbing system in Aspen Plus
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Appendix B MEA model in Aspen Plus®

B.2 Other initial specifications of the MEA model
Table B. 1 Other initial specifications of the MEA model

MEA solution
MEA [Wt%] 30
CO2 loading [mol CO2/mol MEA] 0.28
Pressure [bar] 1.05
Auxiliary

AT in RLHX [°C] 10

Discharge pressure of the lean loading pump [bar] 4

Discharge pressure of the rich loading pump [bar] 5
Reboiler temperature [°C] 120

Discharge temperature of OHC [°C] 40
Discharge temperature of washing section [°C] 40

B.3 Detailed information on the MEA model

Table B. 2 Blocks in the MEA model and economic consideration

Block Type Economic Analysis
BLOWER Fan Yes
PRECOOL

Scrubber Yes, as one equipment
PRESCRUB
ABSORBER Absorber Yes
COOLER1

Scrubber Yes, as one equipment
FLASH1
RICHPUMP Pump Yes
RLHX Heat Exchanger Yes
STRIPPER Stripper Yes
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Appendix B MEA model in Aspen Plus®

Table B.2 continued

COOLER2
Condenser Yes, as one equipment

FLASH2
LEANPUMP Pump Yes
HEATER2 Cooler Yes
MIXER1 Mixer No
SPLIT Separator No
WATPUMP Pump Yes
B.4 Convergence sequence
Table B. 3 Redefined convergence sequence for the MEA model
Loop-return Block type Block

Unit operation BLOWER

Unit operation PRECOOL

Unit operation PRESCRUB
Begin Convergence CV-1

Unit operation LASTHEAT
Begin Convergence CV-2

Unit operation ABSORBER

Unit operation COOLER1

Unit operation FLASH1
Return to Convergence CV-2

Unit operation RICHPUMP
Begin Convergence CV-3

Unit operation RLHX
Begin Convergence Cv-4
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Appendix B MEA model in Aspen Plus®

Table B.3 continued

Unit operation STRIPPER

Unit operation COOLER2

Unit operation FLASH2
Return to Convergence Cv-4

Unit operation LEANPUMP
Return to Convergence CV-3

Unit operation HEATER2

Unit operation MIXER1
Return to Convergence CV-1

B.5 Calculation of MEA regeneration thermal energy
Heat of CO; absorption (Ahgj; c,,)
Gibbs-Helmholtz equation is used to represent the heat of CO, absorption [193]

d(Pcoy) _ Ahgps,co,
2= —
aE) R

(B.1)

Partial pressure of CO; [66]

|an02=Cp002,0 + Cp002,1/T + Cpco2,2Q + CpcoZ,SG/T + Cp002,402 + Cp002,5a2/T + CpcoZ,ch3 + Cpco2,7a3/T +
Cpcoz,g(14 (B.2)

B.1 and B.2 combined:
Ahabs,COZ =-R (Cpco2,1 + Cpco2,30 + CpcoZ,Saz + Cp<:02,7(13 ) (BS)
Heat capacity of CO; loaded solution (Cy,.) [193]

CpL= Ccpo + Copit + Copot? + Copsl + Copa@® + Ccps Mypat Ccps TTLIZ\,,EA"' Ccp,7td + Ccpst Mypq +
CCp,Qa mMEA + CijUtG ﬁMEA (B4)

Heat of the vaporization of H.O
Ahvap,HZO = 40 kJ/mol [66]
The coefficients used for Equation B.3 and B.4 are summarized in Table B. 4 and Table B. 5.
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Appendix B MEA model in Aspen Plus®

B.6 CO: solubility
Table B. 4 Coefficients to determine CO2 solubility

Applicable range
T [°C] 25-120

o [mol MEA/kg H20]  0.03-0.58

Cpco2,0 22,53
Cpco2,1 -7904
Cpco2,2 105
Cpeo2,3 -16810
Cpeo2,4 -286,4
Cpco2,5 26480
Cpco2,6 381,7
Cpeo2,7 8295
Cpco2,8 -257,4
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Appendix B MEA model in Aspen Plus®

B.7 CO: heat capacity
Table B. 5 Coefficients to determine CO: heat capacity [193, 194]

Applicable range

mmea [mol MEA/kg H20] 1.8-1.9

T[°C] 40-120
a [mol CO2/mol MEA] 0-0.583

Ccp,0 4.294e+03
Cep,1 -1.859
Ccp,2 2.575e-03
Ccp,3 -7.819e+02
Ccpa 6.536e+02
Ccps -1.124e+02
Ccp6 4.746
Ccp7 8,181e-01
Ccp8 -5.364e+01
Ccp9 -1.909e-01
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Appendix C Cascaded membrane system

Appendix C Cascaded membrane system

C.1 Model of the cascaded membrane system in Aspen Plus®
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Figure C. 1 Flowsheet of the cascaded membrane system in Aspen Plus®
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Appendix C Cascaded membrane system

C.2 Detailed information on the cascaded membrane model

Table C. 1 Blocks in the cascaded membrane model and economic consideration

Block Type Economic Analysis
Prescrub Scrubber Yes
DEW Separator No
COMO1 Compressor Yes
COMO02 Compressor Yes
VAC1 Vacuum pump Yes
VAC2 Vacuum pump Yes
COM1 Compressor Yes
COM2 Compressor Yes
EXP1 Turbo-expander Yes
EXP2 Turbo-expander Yes
Mixer Mixer No
HX1-8 Heat exchanger Yes
Flash 01,02,1-4 Knockout drum Yes
Membrane material
MEM 1,2 Yes

Membrane container
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Appendix D Hybrid model design
D.1 Hybrid model D1

[ SRR o 1 -y, NI
i
= weeveeees [ TARKEMIER J -+ I
s !
—————— TO200T
A ———— MIKERL I
) COOLERZ =
-I LEANIN
FLASH2
EM ‘—‘o—————————— TOFLASHA |~
—————— PERMIGAS ||
e
| COOLERL = ! [REFLUXZ
|
|
P
| COOLER3
e GASOUT
TOCOOLER
TOHEATZ
BLOWER ABSORBER
‘ | RLHX “
COOLGAS
777777777777 TOSTRIP
STRIPPER

1
; 1
P | RICHPUMP :
=== LEANOUT ~
i o7

| LEANPUMP I

OUTREE

I
I
I } ' - Y TOHEAT |
PRECOOL =
| [[FeEeoeas ! = [RicHOUT
|
L

Figure D. 1 Flowsheet of the hybrid capture model design 1 in Aspen Plus®
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D.2 Hybrid model D2
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Figure D. 2 Flowsheet of the hybrid capture model design 2 in Aspen Plus®
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Appendix E Power plant

Appendix E Power plant

E.1 Information of hard coal

Table E. 1 Elemental analysis of Klein Kopje

Element Fraction [%]
C 65.5
H 3.5
9] 7.4
N 1.5
S 0.6
Ash 14.2
Moisture 7.3
NCV [MJ/kg] 25
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Appendix E Power plant

E.2 Characteristics of the steam generator
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Figure E. 1 Characteristics of the steam generator

176



Appendix E Power plant

E.3 Characteristics of the combustion chamber
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Figure E. 2 Characteristics of the combustion chamber
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Appendix E Power plant

E.4 Characteristics of the steam turbine
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Figure E. 3 Characteristics of the steam turbine
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Appendix E Power plant

E.5 Integration of the MEA system into the power plant in EBSILON®

Figure E. 4 Implementation of the integration of MEA system in EBSILON®
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Appendix F Reference iron & steel plant

Appendix F Reference iron & steel plant

F.1 Raw materials and products

Table F. 1 Raw Materials, products, by-products, intermediate products, waste Materials, off-gases and
utilities of the reference plant [116]

Salable Intermediate Industrial
Raw materials Product and roducts Waste material  gases and off- Utilities
by-products P gases
. . Blast Furnace
Iron Ore Fines  Hot Rolled Coil Coke BF Sludge Gas (BFG) Steam
Iron Ore Basic Oxygen
Pellets Crude Tar Sinter de-S Slag Furnace Gas Electricity
(BOFG)
. Coke Oven
Lump Iron Ore Benzole Lime BOS Slag Gas (COG) Water
Coking Coal Sulphur Hot Metal LM Slag Oxygen -
PCI Coal Gra”‘é'gtgd BF Liquid Steel ; Nitrogen ;
Fluxes BOS Slag Slab - Argon -
External Scrap Argon - - - -

Ferro Alloys &
Aluminium

Natural Gas
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Appendix F Reference iron & steel plant

F.2 Characteristic of the available natural gas
Table F. 2 Characteristic of the natural gas [116]

Composition Unit (dry basis) Value
CHa vol.% 83.9
CaHs vol.% 9.2
CsHs vol.% 33
CaH1o vol.% 1.2
CsH12 vol.% 0.2
CO2 vol.% 1.8

N2 vol.% 0.4
LHV MJ/Nm?3 40.64
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Appendix G HEN optimization for carbon capture in the power plant

Appendix G HEN optimization for carbon capture in the
power plant

G.1 Pinch analysis for MEA-CO2 compression-LP preheaters

Table G. 1 Process streams for pinch analysis

Stream Type Inlet T Outlet T Heat flow
[°C] [°C] [GJ/h]
MEA system
Prescrub cooling Hot 57 40 210.5
Cooler3 cooling Hot 60.5 40 451.6
Cooler1 cooling Hot 64.9 40 525.1
Cooler2 cooling Hot 102.3 40 518.7
COz2 compression unit
Stage1 cooling Hot 131.3 30 49.6
Stage?2 cooling Hot 119.9 30 34.5
Stage3 cooling Hot 122.1 30 38.2
Stage4 cooling Hot 126.6 30 100.1
Feed water
PH1 heating Cold 375 58.8 93.3
PH2 heating Cold 58.8 99.4 178.7
PH3 heating Cold 99.4 134.2 154.9
AC1 heating Cold 31.3 343 121
AC2 heating Cold 343 37.5 14.3
AC4 heating Cold 134.5 134.9 21
PH1 condensate Hot 60.2 36.3 121
PH2 condensate Hot 61.8 59.3 14.3
PH4 condensate Hot 153.9 139.6 2.1
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Appendix G HEN optimization for carbon capture in the power plant

G.2 Pinch analysis for membrane-CO. compression-LP preheaters

Table G. 2 Process streams for pinch analysis

Stream Type Inlet T Outlet T Heat flow
[°C] [°C] [GJ/n]
Cascaded membrane system
Prescrub cooling Hot 50 25 314.8
HX1 cooling Hot 97.4 25 139.8
HX2 cooling Hot 97.4 25 145.3
HX3 cooling Hot 139.4 25 63.8
HX4 cooling Hot 139.5 25 65.22
HX5 cooling Hot 88.4 25 441
HX6 cooling Hot 88.5 25 39.3
HX7 heating Cold 25 80 86.4
HX8 heating Cold 27.6 80 82.1
COz2 compression unit
Stage1 cooling Hot 127.9 30 35.1
Stage2 cooling Hot 135.0 30 41.8
Stage3 cooling Hot 137.9 30 44 .4
Stage4 cooling Hot 143.5 30 103.0
Feed water
PH1 heating Cold 375 58.8 93.3
PH2 heating Cold 58.8 99.4 178.7
PH3 heating Cold 99.4 134.2 154.9
AC1 heating Cold 31.3 343 121
AC2 heating Cold 343 375 14.3
AC4 heating Cold 134.5 134.9 21
PH1 condensate Hot 60.2 36.3 121

184



Appendix G HEN optimization for carbon capture in the power plant

Table G.2 continued

PH2 condensate Hot 61.8 59.3 14.3

PH4 condensate Hot 153.9 139.6 2.1

G.3 Pinch analysis for Hybrid D1-CO2 compression-LP preheaters

Table G. 3 Process streams for pinch analysis

Stream Type Inlet T Outlet T Heat flow
[°C] [°C] [GJ/h]
Hybrid D1
Presrub cooling Hot 50 25 314.7
HX1 cooling Hot 152.8 25 91.4
HX2 cooling Hot 152.8 25 91.5
HX3 cooling Hot 85 25 10.6
Flash1/Cooler1cooling Hot 67.8 40 159.1
Cooler2 cooling Hot 101.6 40 490.9
Cooler3 cooling Hot 75.8 40 760.4
CO2 compression train
Stage1 cooling Hot 123.8 30 48.0
Stage2 cooling Hot 120.6 30 34.7
Stage3 cooling Hot 123.7 30 39.3
Stage4 cooling Hot 128.0 30 98.4
Feed water
PH1 heating Cold 28.3 44.2 29.8
PH2 heating Cold 44.2 78.8 64.8
PH3 heating Cold 78.8 108.1 55.4
PH4 heating Cold 108.9 130.9 46
AC1 heating Cold 243 26.0 3.0
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Appendix G HEN optimization for carbon capture in the power plant

Table G.3 continued

AC2 heating
AC4 heating
PH1 condensate
PH2 condensate

PH4 condensate

Cold

Cold

Hot

Hot

Hot

26.0

108.2

45.0

45.0

132.8

28.3

108.9

26.1

42.0

119.8

4.4

1.5

2.9

1.5

1.5

G.4 Pinch analysis for Hybrid D2-CO. compression-LP preheaters

Table G. 4 Process streams for pinch analysis

Stream Type Inlet T Outlet T Heat flow
[°C] [°C] [GJ/n]
Hybrid D2
Presrub cooling Hot 50 25 314.7
HX1 cooling Hot 139.9 25 17.0
HX2 cooling Hot 140 25 244
HX3 cooling Hot 85 25 10.6
HX4 cooling Hot 85 25 9.5
HX5 heating Cold 25 80 1.7
HX6 heating Cold 30.7 80 1.5
Flash1/Cooler1cooling Hot 58.2 40 302.2
Cooler2 cooling Hot 106 40 560.2
Cooler3 cooling Hot 55.5 40 306.3
CO2 compression unit
Stage1 cooling Hot 141.3 30 53.1
Stage?2 cooling Hot 120 30 371
Stage3 cooling Hot 122 30 41
Stage4 cooling Hot 126.5 30 56.6
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Table G.4 continued

Feed water
PH1 heating Cold 30.9 49.3 47.3
PH2 heating Cold 49.3 86.2 94.8
PH3 heating Cold 86.2 116.6 78.9
PH4 heating Cold 117.1 131.3 40.1
AC1 heating Cold 26 28.2 5.2
AC2 heating Cold 28.2 30.9 7.1
AC4 heating Cold 116.8 117.1 0.96
PH1 condensate Hot 48.1 28.7 8.6
PH2 condensate Hot 50.7 46.8 71
PH4 condensate Hot 132.8 119.8 0.96
G.5 Steam extraction for LP preheaters
Table G. 5 Steam extraction for LP preheaters
ngc’S“t ﬁ:f::r‘:ii MEA Hybrid D1 Hybrid D2
PH1 1.7 11.7 35 37 6
Mass flow of PH2 21.8 21.8 7.5 7.9 11.7
steam
[kg/s] PH3 18.4 18.4 6.2 6.5 9.5
PH4 9.3 9.3 5.6 55 4.8
PH1 93.3 93.3 28.0 29.7 47.3
PH2 178.7 178.7 61.9 64.8 94.8
H?g;;ﬁfd PH3 154.9 154.9 53.0 55.4 78.9
PH4 78.8 78.8 46.3 46.0 40.1
Total 505.7 505.7 189.2 196.0 261.1

187



Appendix G HEN optimization for carbon capture in the power plant

G.6 Optimized HEN for the standalone cascaded membrane system
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Figure G. 1 Optimized HEN for the standalone cascaded membrane system
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G.7 HEN for cascaded membrane-CO, compression-feed water
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Figure G. 2 HEN design for heat integration of the cascaded membrane system, CO2 compression train and LP preheaters
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G.8 HEN for MEA-CO. compression-feed water
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Figure G. 3 HEN design for heat integration of the MEA system, CO2 compression train and LP preheaters
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G.9 HEN for Hybrid D1 — CO2 compression — feed water

1528C TSI, 8000 Boc
e O L 2
1528C stacim s0c
HX1 L 4
1328C 158 1198C
PHA condensate
1280C 85600 15 21060 tse 7198 300c
Stage 4 hd
1238C 1146Jn 018 OGN 2006
Stage 1 ®
1mrc 540N ozd 44sm Jwac 240 00¢
Stage 3 L 2
1205C 48an 1ch B4 w520 21560 00C
Stage 2 hd A4
1016C B485IN g gf985IN | g4 200M 6476 1460n 400C
Cooler2 h A A4
758C Te4Gin 00C
Cooler3 hd
678C 153164 w000
Cooler 1 e
500C 3176 2500
Prescrubber hd
£50C 29I %1¢
PH1 condensate hd
450C 448 1200
PHZ condensate hd
1309¢ Zguqu/h 1144C 089
- Feedwater PH4
1200 1015864 11936 7805Gun 11874
e o Redoller
1089C 153l 02
1081C 10524402 T A 916 1856 B3C = Feedwater AC4755
783C - Feedwaler PHy 5 ¢
420 - Feedwater PHyg 3 ¢
v Fesdwater PH1
283C 446ih 2600
™ Feedwater AC2
%0C 300m 243C
e Feedwater ACH

Figure G. 4 HEN design for integration of the Hybrid D1 system, CO2 compression train and LP preheaters
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Appendix G HEN optimization for carbon capture in the power plant

G.10 HEN for Hybrid D2 — CO. compression — feed water
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Figure G. 5 HEN design for integration of the Hybrid D2 system, CO2 compression train and LP preheaters
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Appendix H Costing method

Appendix H Costing method

H.1 Sizing of separation vessels

Towler and Sinnott have provided a series of formulas to estimate the sizes of gas-liquid
separators [177, pp. 769-770]. The diameter of a vessel D; is calculated according to:

4V;
Di = ’m (H.1)

, where V;, is the vapor flowrate and u; the settling velocity for vapor droplets. The settling
velocity for knockout drums ug 4 is estimated as

Ug g = 0.07 "lpl (H.2)

, while the settling velocity for scrubber (u; ) is estimated based on the following equation:
_ 2 P1—Pv
Uge = (=0.1711F +0.271, — 0.047) |~ (H.3)
v

, Where p; and p,, are the liquid and vapor flow density, respectively. And [, is the tray sizing for
which 0.5 m is used.

The vessel height H; is determined as
3
H; = EDi +0.4m + h; (H4)

, wherein the liquid depth h; can be estimated as

4Vithold
h, = ——Lhold H.5
l T Diz ( )

, Where V; is the liquid flowrate, t;,;4 the hold-up time in the vessel. The value of ty,;4 is
assumed to be 5 mins for all vessels.
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H.2 Difference between CO: captured and avoided

Reference
Plant

Plant
with CCS

194

CO» avoided

COb

1
captured

O Emitted
HE Captured

CO, produced (kg/kVWh)
Figure H. 1 Difference between the amounts of CO2 captured and avoided [1, p. 4]




Appendix H Costing method

H.3 Classification of cost estimate
Table H. 1 Classification of cost estimate [177, p. 311, 186]

Estimate class of

Type AACE Basis Purpose Accuracy
Based on similar
f it t
Order o .magnl ude Class 5 procgsses, nc.J Conce.p +30 50 %
estimate design information screening
required
Based on limited
Prelimi t
e |.m|nary Class 4 cost data and S uc.iy.(.)r +30 %
estimate ) . feasibility
design details
Piping &
instrumentation Budaet
Definitive estimate Class 3 diagram and .g ) +10-15%
) ) authorization
approximate sizes
of equipment
Detailed information
Detailed estimate Class 2 of completed Control or bid +5-10%
designs
Based on a
completed design
Check estimate Class 1 and concluded Check or bid +5-10%

negotiations on
procurement

195



Appendix H Costing method

196



Appendix | Economic analysis for carbon capture in the reference power plant

Appendix | Economic analysis for carbon capture in the
reference power plant

1.1 Breakdown of CAPEX & OPEX
Table I. 1 Breakdown of the CAPEX of the MEA system

Percentage of PEC Used Cost
[%] [M€]
Direct Cost
Purchased Equipment 100 43
Installation 53 22.7
Instrumentation and Control 20 8.6
Piping 40 17.2
Electrical 11 4.7
Building and Services 10 4.3
Yard Improvements 10 4.3
Service Facilities 20 8.6
Land 5 21
Indirect cost
Engineering 10 4.3
Construction Expenses 10 4.3
Contractor’s Fee 0.5 0.2
Project & Process Contingency 17 7.3
Fixed Capital Investment (FCI) 131.6

Percentage of FCI used
[%]

Working Investment 15 19.7
Start-up + MEA 10 13.2
Total capital investment 164.5
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Appendix | Economic analysis for carbon capture in the reference power plant

Table |. 2 Breakdown of the OPEX for the MEA system

Percentage or cost

parameter used Cost (Me/yr)
Variable Cost
Cooling Water 0.15 €/m3 1.95
MEA Makeup 1kgltcoz 6.7
Fixed Cost
Local Taxes 2% 2.6
Insurance 1% 1.3
Maintenance (M) 4% 5.3
Operating Labor (OL) 2 shifts, 45 €/h/shift 0.7
Supervision and Support Labor (S) 30 % 0.2
Operating Supplies 15 % 0.8
Laboratory Charges 10 % 0.07
Plant Overhead Cost 60 % 3.7
General Expenses
Administrative Cost 15 % 0.1
Distribution and Marketing 0.5% 0.12
R & D Cost 5% 1.24
Total operating cost 24.8
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Appendix | Economic analysis for carbon capture in the reference power plant

Table I. 3 Breakdown of the CAPEX for the cascaded membrane separation system

Percentage of Cost Percentage of Cost
PEC used [%] [M€] PEC used [%] [M€]
w/o membrane membrane
Direct Cost
Purchased Equipment 100 53.5 100 22.4
Installation 53 28.2 25 5.6
Instrunée;r:‘ttasglon and 20 10.7 8 18
Piping 40 21.4 / /
Electrical 11 5.9 / /
Building and Services 10 5.3 / /
Yard Improvements 10 5.3 / /
Service Facilities 20 10.7 / /
Land 5 27 / /
Indirect Cost
Engineering 10 5.3 10 2.2
Construction Expenses 10 5.3 / /
Contractor’'s Fee 0.5 0.3 0.5 0.1
Pr‘giztti‘gzrr?:;ss 17 9.1 17 3.8
Fixed Cap;tFa(I:II)nvestment 163.8 36
Percentage of Percentage of FCI
FCl used [%)] used [%]
Working Investment 25 41 25 9
Start-up + MEA 5 8.2 / /

Total capital investment

212.9

45
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Table I. 4 Breakdown of the OPEX for the cascaded membrane separation system

Percentage or cost

parameter used Cost (Me/yr)
Variable Cost
Cooling Water 0.15 €/m3 0.57
Fixed Cost
Local Taxes 2% 3.8
Insurance 1% 1.9
Maintenance (M) 4% 6.1
Operating Labor (OL) 2 shifts, 45 €/h/shift 0.7
Supervision and Support Labor (S) 30 % 0.21
Operating Supplies 15 % 0.92
Laboratory Charges 10 % 0.07
Plant Overhead Cost 60 % 4.4
General Expenses
Administrative Cost 15 % 0.11
Distribution and Marketing 0.5% 0.1
R & D Cost 5% 1.01
Total operating cost 20.2
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Table I. 5 Breakdown of the CAPEX for the Hybrid D1 system

Percentage of Cost Percentage of Cost
PEC used [%] [M€] PEC used [%] [M€]
w/o membrane membrane
Direct Cost
Purchased Equipment 100 89.3 100 2111
Installation 53 471 25 52.8
'”Strurgir:ﬁzf” and 20 17.9 8 16.9
Piping 40 35.7 / /
Electrical 11 9.8 / /
Building and Services 10 8.9 / /
Yard Improvements 10 8.9 / /
Service Facilities 20 17.9 / /
Land 5 4.5 / /
Indirect Cost
Engineering 10 8.9 10 211
Construction Expenses 10 8.9 / /
Contractor’s Fee 0.5 0.4 0.5 1.1
Prcgzztﬁigzr:ssss 17 15.2 17 35.9
Fixed Cap:tFaéll)nvestment 273.4 338.9
Percentage of Percentage of FCI
FCl used [%)] used [%]
Working Investment 25 68.4 25 33.9
Start-up + MEA 5 13.7 / /
Total capital investment 394.9 414.2
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Table I. 6 Breakdown of the OPEX for the Hybrid D1 system

Percentage or cost

parameter used Cost (M&/yr)
Variable Cost
Cooling Water 0.15 €/m3 1.6
MEA make-up 1 kg/tcoz 6.7
Fixed Cost
Local Taxes 2% 12.3
Insurance 1% 6.1
Maintenance (M) 4% 14.2
Operating Labor (OL) 2 shifts, 45 €/h/shift 0.7
Supervision and Support Labor (S) 30 % 0.21
Operating Supplies 15 % 1.64
Laboratory Charges 10 % 0.07
Plant Overhead Cost 60 % 9.1
General Expenses
Administrative Cost 15 % 0.11
Distribution and Marketing 0.5% 0.28
R & D Cost 5% 2.8
Total operating cost 55.9
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Table I. 7 Breakdown of the CAPEX for the Hybrid D2 system

Percentage of Cost Percentage of Cost
PEC used [%] [M€] PEC used [%] [M€]
w/o membrane membrane
Direct Cost
Purchased Equipment 100 51.5 100 171
Installation 53 27.2 25 4.3
Instrunéir;ttarg:)n and 20 103 8 14
Piping 40 20.6 / /
Electrical 11 5.7 / /
Building and Services 10 5.1 / /
Yard Improvements 10 5.1 / /
Service Facilities 20 10.3 / /
Land 5 26 / /
Indirect Cost
Engineering 10 5.1 10 1.7
Construction Expenses 10 5.1 / /
Contractor’s Fee 0.5 0.3 0.5 0.1
Prcgzztﬁigzr:ssss 17 8.8 17 2.9
Fixed Cap(ilt:aCI;II;vestment 157.7 275
Percentage of Percentage of FCI
FCl used [%)] used [%]
Working Investment 25 38.1 25 2.8
Start-up + MEA 5 7.6 / /
Total capital investment 205 30.3
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Table I. 8 Breakdown of the OPEX for the Hybrid D2 system

Percentage or cost

parameter used Cost (M&/yr)
Variable Cost
Cooling Water 0.15 €/m3 1.1
MEA make-up 1 kg/tcoz 4.6
Fixed Cost
Local Taxes 2% 3.7
Insurance 1% 1.9
Maintenance (M) 4% 6.3
Operating Labor (OL) 2 shifts, 45 €/h/shift 0.7
Supervision and Support Labor (S) 30 % 0.21
Operating Supplies 15 % 0.95
Laboratory Charges 10 % 0.07
Plant Overhead Cost 60 % 4.5
General Expenses
Administrative Cost 15 % 0.11
Distribution and Marketing 0.5% 0.13
R & D Cost 5% 1.3
Total operating cost 25.8
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I.2 Material, pressure and temperature factors

Table I. 9 Material, pressure and temperature factors for the MEA system

Equipment Material fu fr fr
BLOWER Stainless Steel (high grade) 3.4 1 1
PRESCRUB Stainless Steel (low grade) 2.1 1 1
ABSORBER Stainless Steel (high grade) 3.2 1 1
FLASH1 Stainless Steel (low grade) 2.1 1 1
RICHPUMP Stainless Steel (high grade) 3.4 1 1
LEANPUMP Stainless Steel (low grade) 2.1 1 1
RLHX Stainless Steel (low grade) 29 1 1
STRIPPER Stainless Steel (high grade) 3.2 1 1
STRIPPER REBOILER Stainless Steel (low grade) 2.9 1 1
FLASH2 Stainless Steel (low grade) 29 1 1
Water pump Stainless Steel (low grade) 2.1 1 1
COOLER3 Stainless Steel (low grade) 29 1 1
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Table I. 10 Material, pressure and temperature factors for the cascaded membrane system

Equipment Material fu fr
Water pump Stainless Steel (low grade) 24 1
VAC 1 Carbon Steel 1 1
VAC 2 Carbon Steel 1 1
COM1 Stainless Steel (low grade) 24 1
COM2 Stainless Steel (low grade) 24 1
EXP1 Carbon Steel 1 1
EXP2 Carbon Steel 1 1
COMO1 Stainless Steel (low grade) 24 1
COMO02 Stainless Steel (low grade) 24 1
HX1 Carbon Steel 1 1
HX2 Carbon Steel 1 1
HX3 Carbon Steel 1 1
HX4 Carbon Steel 1 1
HX5 Carbon Steel 1 1
HX6 Carbon Steel 1 1
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Appendix J Economic analysis for carbon capture in the
reference iron & steel plant

J.1 Geometric results of the capture systems

Table J. 1 Geometric results of important components of capture systems

Emission Unit Cascaded MEA Hybrid D2
sources membrane
Power plant / 13 12
Hot stove / 12 8
Absorber Coke
) m
diameter production / 7 8
Lime
production / 6 6
Power plant / 12 9.6
Hot stove / 7.5 6.3
Stripper Coke
. m
diameter production / 54 4.4
Lime / 3.4 26
production '
Power plant 0.24 / 0.17
Hot stove 0.1 / 0.06
Coke
Membrane production Mil. m? 0.09 / 0.07
area Lime
production 0.02 / 0.02
Total 0.45 / 0.32

J.2 Overview of the equipment costs

Table J. 2 Equipment costs for cascaded membrane system (million €)

Equipment Emission source
Power plant Hot Stove Coke Plant Lime Plant
Cooling Water Pump 0.67 0.4 0.34 0.18
VAC 1 0.34 0.23 0.19 0.12
VAC 2 0.34 0.23 0.19 0.12
COM1 1.46 0.97 0.80 0.47
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Table J.2 continued

com2 1.45 0.97 0.79 0.47
EXPA1 0.52 0.49 0.48 0.34

EXP2 0.52 0.49 0.48 0.34

COMO1 2.48 1.65 1.50 0.83
COMO2 2.48 1.65 1.50 0.83

HXA1 2.23 119 1.05 0.44

HX2 1.78 0.95 0.85 0.35

HX3 2.37 1.31 0.95 0.44

HX4 1.54 0.85 0.64 0.29

HX5 117 0.65 0.46 0.22

HX6 0.9 0.49 0.36 0.17

HXT7 0.9 0.5 0.47 0.2

HX8 1.27 0.7 0.67 0.4
Add(':_'IOE”:'O’:t’;: ;’:;‘ir;i')‘ger 1.35 1.12 0.94 0.3
Prescrub (SCRUBBER) 49 2.33 2.26 0.77
Flash 1 5.34 0.00 0.26 0.00

Flash 2 3.59 3.86 0.6 0.11

Flash 3 1.09 0.55 0.16 0.04

Flash 4 0.63 0.19 0.1 0.03
MEM18&2 12 4.86 4.32 1.11

MEM Frame1&2 8.65 459 4.01 1.58
Total PEC 60 31 23.3 10
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Table J. 3 Equipment costs for the MEA system (million €)

Equipment Emission source
Power plant Hot Stove Coke Plant Lime Plant
Blower 1.66 0 1.06 0.29
Rich Pump 0.97 0.68 0.47 0.22
Lean Pump 0.35 0.21 0.15 0.08
Overhead condenser 0.41 0.23 0.14 0.07
Cooler3 0.75 0.40 0.26 0.12
RLHX 2.62 1.47 0.97 0.47
Pre-Scrubber 3.89 1.62 1.62 0.62
Flash 1 8.23 1.91 1.71 0.25
Stripper 6.7 2.96 1.36 0.63
Absorber 10.57 8.81 2.73 1.98
Cooling Water Pump 1.52 0.91 0.72 0.37
Total PEC 37.7 19.2 11.2 5.1
Table J. 4 Equipment costs for the Hybrid D2 system (million €)
Equipment Emission source
Power plant Hot Stove Coke Plant Lime Plant
Blower 1.23 0.67 0.52 0.22
Rich Pump 0.68 0.42 0.29 0.18
Lean Pump 0.27 0.17 0.12 0.06
Overhead condenser 0.33 0.18 0.11 0.05
Cooler3 0.59 0.31 0.05 0.03
RLHX 2.39 1.25 0.87 0.41
Flash1 3.28 1.5 1.43 0.5
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Table J.4 continued

Stripper 4.65 3.15 1.63 0.53
Absorber 8.81 3.62 3.62 1.98
Cooling Water Pump 1.28 0.58 0.38 1.05
VAC 1 0.20 0.14 0.11 0.07
VAC 2 0.20 0.14 0.11 0.07
COM1 0.83 0.56 0.42 0.26
COM2 0.82 0.55 0.42 0.25
EXP1 0.01 0.004 0.01 0.002
EXP2 0.01 0.004 0.01 0.002
PROCOMP 0.20 0.05 0.03 0.02
HX1 1.12 0.6 0.39 0.19
HX2 0.72 0.39 0.24 0.12
HX3 0.53 0.29 0.18 0.09
HX4 0.42 0.22 0.14 0.07
HX5 0.04 0.01 0.03 0.01
HX6 0.06 0.02 0.04 0.01
Prescrub (SCRUBBER) 4.47 2 1.71 0.64
Flash 1 0 0 0 0.00
Flash 2 0.2 0.06 0.03 0.01
Flash 3 0.13 0.04 0.02 0.01
Flash 4 0.08 0.03 0.02 0.01
MEM1&2 8.29 297 3.26 0.78
MEM Frame18&2 6.29 3.14 3.14 1.2
Total PEC 48 23 19.3 8.8
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Table J. 5 Equipment costs for the CO2 compression trains (million €)

rﬁ:rs:;‘;‘:‘: MEA Hybrid D2

Train 1 Train 2 Train 1 Train 2 Train 1 Train 2

Cooling Water Pump 0.59 0.43 0.57 0.42 0.53 0.43
Compressor 1 1.83 1.42 1.69 1.31 1.74 1.36
Compressor 2 1.91 1.48 1.80 1.40 1.80 1.41
Compressor 3 2.36 1.82 219 1.70 2.18 1.71
Compressor 4 3.37 2.60 2.99 2.32 2.99 2.34
Cooler 1 1.88 1.29 1.73 0.88 1.78 1.23
Cooler 2 1.40 0.95 1.31 0.91 1.29 0.90
Cooler 3 1.28 0.88 1.22 0.95 1.20 0.84
Cooler 4 2.53 1.75 3.28 1.94 2.21 1.54
Flash 1 0.00 0.00 0.56 0.25 0.26 0.13
Flash 2 0.17 0.09 0.26 4.63 0.13 0.07
Flash 3 0.00 0.00 0.06 0.03 0.00 0.00
Total 16.7 12.3 171 16.3 15.6 11.5

J.3 CAPEX
Table J. 6 Cost parameters for CAPEX estimation

Percentage of PEC used [%]

Cascaded membrane MEA Hybrid D2 Comt;i::sion
excl. only excl. only
membrane |membrane membranemembrane
Direct Cost
Purchased Equipment 100 100 100 100 100 100
Installation 53 25 53 53 25 40
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Table J.6 continued

Instrumentation and

Control 20 8 20 20 8 20
Piping 40 0 40 40 0 40
Electrical 11 0 11 11 0 11
Building and Services 10 0 10 10 0 10
Yard Improvements 10 0 10 10 0 10
Service Facilities 20 0 20 20 0 20
Land 5 0 5 5 0 4
Indirect Cost
Engineering 10 10 10 10 10 10
Construction Expenses 10 0 10 10 0 10
Contractor’s Fee 0.5 0.5 0.5 0.5 0.5 0.5
Project & Process 17 17 17 17 17 17

Contingency

Fixed Capital Investment (FCI)

Percentage of FCl used [%)]

FCI 100 100 100 100 100 100
Working Investment 15 10 15 15 10 12
Start-up + MEA 10 0 10 10 0 8
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Table J. 7 CAPEX data for the cascaded membrane system (million €)

Total Total Fixed Capital Working Start-up Total Capital
Direct Indirect Investment Invest- cost + MEA Investment
Cost Costs (FCI) ment cost (CAPEX)
excl.
membr- 126 17.6 143.6 35.9 7.2 186.7
Powe ane
-r
plant only
membra 16 3.3 19.3 1.9 0 21.2
-ne
excl.
membra  69.1 9.6 78.7 19.7 3.9 102.3
Hot -ne
stove only
membra 6.5 1.3 7.8 0.8 0.00 8.6
ne
excl.
membra 52.4 7.3 59.7 14.9 3.0 77.6
Coke ne
plant only
membra 5.7 1.2 6.9 0.7 0 7.6
ne
excl.
membra 23.5 3.3 26.8 6.7 1.3 34.8
Lime ne
Plant only
membra 1.5 0.30 1.8 0.2 0 2.0
ne
Compression 57.2 7.4 64.5 7.7 5.2 86.1
train 1
Compression 39.5 5.4 44.9 5.4 3.6 53.9
train 2
Total 581
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Table J. 8 CAPEX for the MEA system (million €)

Total Total Fixed Capital Working Total Capital
. ) Start-up cost
Direct Indirect Investment Invest- + MEA cost Investment
Cost Costs (FCI) ment (CAPEX)
Power plant 103 14.4 117.3 17.6 11.7 146.7
Hot Stove 52.9 7.4 60.3 9 6 75.3
Coke Plant 30.9 4.3 35.2 5.3 3.5 44
Lime Plant 14.1 2 16 2.4 1.6 20.1
Compression 5 6.4 50 6 4 60
train 1
Compression 4 6.1 47.7 57 38 57.3
train 2
Steam
generation 153.6
plant
Total 557
Table J. 9 CAPEX for the Hybrid D2 system (million €)
Total Total Fixed Capital Working Start-up Total Capital
Direct Indirect Investment Investme  cost + MEA Investment
Cost Costs (FCI) nt cost (CAPEX)
excl.
membr 106.8 14.9 121.7 304 6.1 211.3
Powe- ane
r plant only
membr 11 2.3 13.3 1.3 0 14.6
ane
excl.
membr 54 7.5 61.5 15.4 3.1 80
Hot ane
stove only
membr 4 0.8 4.8 0.5 0.00 5.2
ane
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Table J.9 continued

excl.
membr 43.2 6 49.2 12.3 2.5 64

Coke ane

Oven only

membr 4.3 0.9 5.2 0.5 0 5.8
ane

excl.
membr 21.6 3 24.6 6.1 1.2 32

Lime ane

Plant only

membr 1 0.2 1.3 0.1 0 1.4
ane

Compression

. 394 5.8 45.2 5.4 3.6 54.2
unit 1
Compression 3 9 5.8 29.7 5.4 3.6 46.4
unit 2
Stgam 109
generation plant
Total 624

J.4 OPEX
Table J. 10 Cost parameters for the OPEX estimation

Percentage or cost parameter used

nfzsmct?:;i MEA Hybrid D2  Compression gene?atﬁzrr:]plant
Variable Cost
Cooling Water 0.15 €/m3
MEA Makeup 1kg/t CO2
Electricity 0.088 €/kWh
Natural gas 4.18 €/GJ
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Table 10 continued

Fixed Cost
Local Taxes 2% 1 % CAPEX
Insurance 1% 1 % CAPEX
Maintenance (M) 4% 2.5 % CAPEX
. 2 shifts, 2 shifts,
Operating Labor (OL) 45 €/h/shift 45 €/h/shift
Supervision and
309 309
Support Labor (S) % L
Operating Supplies 15 % 15 %
Laboratory Charges 10 % 10 %
Plant Overhead Cost 60 % 60 %
General Expenses
Administrative Cost 15 % 15 %
Distribution and
0.59 0.59
Marketing L %
R & D Cost 5% 5%
Table J. 11 OPEX data for the capture systems (million €/yr)
Producti
roduction Cascaded membrane MEA Hybrid D2
Cost
pY ) - 3 e} - 3 e} —
T C T L T C
g |2 |2 |3 |2 |g |¢ |3 |2 |z |g |3
e » o ® e » @ ® e » @ o
° 51 3 2 ° 51 3 2 ° g el Y
3 |8 |2 |2 |3 |& |2 |2 |8 |8 |2 |3
Variable
cost
i
Cx:t;”rg 055 021 025 006|333 135 083 025|255 092 094 008
MEA make-
ur:ae 0 0 0 o | 80 34 16 06|59 23 11 04

216



Appendix J Economic analysis for carbon capture in the reference iron & steel plant

Table J.11 continued

Electricity 545 227 154 47 8.5 2.0 2.6 04 (185 6.2 3.2 1.1

Fixed cost

Local taxes 3.3 1.7 1.7 0.6 24 1.2 0.7 0.5 2.7 1.3 1.1 0.5
Insurance 1.6 0.9 0.8 0.3 1.2 0.6 0.4 0.2 1.4 0.7 0.5 0.3

Ma'”:‘:ﬂ”)ance 59 32 32 11 |47 24 14 06|50 2 26 13
Operating

labor (OL) 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0.7

Supervision
and support 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2
labor (S)

Operating

. 0.9 0.5 0.5 0.2 0.7 0.4 0.2 0.1 0.7 0.4 0.4 0.2
supplies

Laboratory

0.07 0.07 0.07 0.07 [ 0.07 0.07 0.07 0.07 | 0.07 0.07 0.07 0.07
charges

Plant
Overhead 4.1 2.5 2.5 1.2 3.4 2.0 14 1.0 3.6 2.1 2.2 1.3
Cost

General Expenses

Administrativ

01 011 011 0.11 ] 011 011 011 011 ] 0.1 0.11 0.11 0.1
e Costs

Distribution
and 0.38 0.17 0.13 0.05( 018 0.08 0.05 0.02 | 021 0.09 0.07 0.03
marketing

R&D cost 3.8 1.7 1.4 0.5 0.8 0.8 0.6 0.2 2.1 0.9 0.7 0.3

Total
operating 76.7 350 25 98 | 352 153 108 4.8 | 437 184 138 6.7
cost (OPEX)
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Appendix J Economic analysis for carbon capture in the reference iron & steel plant

Table J. 12 OPEX data for the CO2 compression trains and steam generation plant (million.€/yr)

Cascaded
MEA Hybrid D2
membrane
«Q
0 0 0 <) 0 o |8
o] o] o] o o] o] 2
=3 g3 g3 53 w 3 |3 |3«
®» S T T T .3 T8 |7 =
= 8 = 8 = 8 -} 8 Q ] g =} 8 g oY)
~ o PO PO NS 3 ka |da |53
o o o o o o o
=} ) > =} ) 5 5
Variable cost
Cooling water 0.3 0.2 0.3 0.2 0 0.3 0.2 0
Electricity 37 21 30 17.3 0 30 17.8 0
Natural gas 0 0 0 0 0.2 0 0 0.12
Fixed cost
Local taxes 1.3 0.9 1.0 1.0 15 0.9 0.6 1.1
Insurance 0.7 0.5 0.5 0.5 15 0.5 0.3 1.1
Maintenance (M) 2.6 1.8 2.0 1.9 3.8 2.2 1.6 2.7
Operating labor (OL) 0.7 0.7 0.7 0.7 0.7 0.7 0.7 0.7
Supervision and support labor (S) 0.2 0.2 0.2 0.2 0.2 0.2 0.2 0.2
Operating supplies 0.4 0.3 0.3 0.3 0.6 0.3 0.2 0.4
Laboratory charges 0.07 0.07 | 0.07 0.07 0.07 | 0.07 0.07 0.07
Plant Overhead Cost 2.1 1.6 1.8 1.7 29 1.9 15 2.2
General Expenses
Administrative Costs (1) 0.11 011 | 011 011 0.11 | 0.11 0.11 0.11
Distribution and marketing (1) 024 0.15 0.2 0.13 0.06 0.2 0.12 0.04
R&D cost (1) 2.4 1.5 2.0 1.3 0.6 2.0 1.2 0.43
Total operating cost (OPEX) 48 29 39 253 123 39 24.6 9.3
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